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SYNOPSIS 


Hydrocracking and hydrotreating are some of the major 
refinery processes carried out for upgrading of petroleum crude 
and its fractions. With increasing demand for light and middle 
distillates and continued depletion of petroleum resources, the 
need to crack heavy oils and residues is increasing. Hydrocracking 
is practised in most of the modern refineries for production of 
lighter fuels. It is a very versatile process and can be used to 
crack a wide variety of feedstocks ranging from naphtha to heavy 
residues. The most commonly used catalyst is CoMo/A^Og. To date, 
only a few models for hydrocracking reactors have been reported 
and these reveal very few details. Cracking consists of several 
parallel and consecutive reactions. Product distribution during 
hydrocracking of n-paraffins has been reported by several authors 
but no experimental results are available for cracking of 
petroleum fractions. 

In the present work, a model for a two-stage vacuum gas 
oil hydrocracker unit has been developed. The first stage consists 
of four beds and the second stage consists of three beds of 
catalyst with intermediate quenching. The products from the first 
stage are fractionated and only those boiling above 643 K are 
recycled to the second stage. The effluent from the second stage 
is also' fractionated and the heavier fractions recycled to the 
second stage. For the modeling, the feed was lumped into 23 
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pseudo-components with a specified boiling range interval of 25K 
The product distribution was obtained using empirical correlation 
assuming that only those fractions having boiling point above 400! 
undergo cracking. The model assumes that the lightest produc 
formed has boiling point of 275. 5K (ie. an average boiling poin 
for butanes and lighter fractions) and the heaviest product formei 
has a boiling point 50K lower than that of the fraction from whic! 
it is formed. The molecular weight and the critical properties o 
the pseudo-components were estimated using the Lee-Kesler' 
correlation and the enthalpies predicted based on Peng-Robinson ' 
equation of state. As suggested by several authors, a first orde 
rate constant was assumed for each component. To simplify th 
model, power law, rather than Langmuir- Hinshelwood, type of rat 
expression was used. Carbon-to-hydrogen ratio data available fro 
the published literature were used to calculate the heats o 
reaction. Altogether 17 parallel reactions were considered. 

The differential mass and energy balance equation 
forming the mathematical model were solved using the fourth orde 
Runge-Kutta-Gill method. The yields of various products such a 
the butanes and lower fractions, naphtha, aviation turbine fue 
and high speed diesel as predicted by the model were in goo 
agreement with the available data. The reactor temperature at th 
exit of each bed could not be compared as only the maximu 
temperature at the outlet was available. 

Hydrodesulfurisation is also an important process whe 
crudes or petroleum fractions containing high percentage of sulfi 
are to be processed. Sulfur compounds not only poison the catalys 
but also have a deleterious effect on refining equipment ar 
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impart undesirable characteristics to the refined products. Along 
with sulfur compounds, small amounts of nitrogen and oxygen 
compounds present in the crude or petroleum fractions may also be 
removed and the aromatics saturated. Such a process is termed as 
hydrotreating. Sulfur is removed in the form of hydrogen sulfide 
and nitrogen as ammonia. CoMo/A^O^ is the ■ most commonly used 
catalyst. The chemistry and kinetics for hydrodesulfurisation are 
generally available for pure sulfur compounds with thiophene, 
benzothiophene being the most common model compounds. Several 
commercial and patented processes are available. The process is 
generally carried out in a single stage fixed bed reactor with or 
without intermediate quenching. 

In the present work, models for three 
hydrodesulfurisation units processing three different 
feedstocks are developed: (i) vacuum distillate (ii) kerosene 
(iii) diesel. The petroleum feed in the case of vacuum distillate 
was in the liquid phase, vapour phase in the case of kerosene and 
was partially vapourised in the case of diesel feed. As in the 
case of hydrocracking model, the feed was divided into pseudo- 
components for estimating the enthalpies, but due to lack of 
kinetic data the total sulfur present in the feed was represented 
by a single model compound. 

For the vacuum distillate hydrotreating model, the 
representative sulfur compound chosen was substituted 
d ibenzothiophene . The products formed are substituted cyclohexyl 
benzene and substituted biphenyl along with hydrogen sulfide. 
Although for pure sulfur compounds first-order kinetics have been 
reported the hydrodesulfurisation of petroleum fractions is 
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generally represented by second order kinetics. All calculations 
were done on a mass , rather than mole basis. The liquid and mass 
flow rates were assumed to be constant. 

For kerosene desulfurisation , the model sulfur compound 
chosen was tr i-subtituted thiophene. Although the aromatic content 
of the kerosene was high (22 vol. %), plant data revealed 
that the aromatic saturation was negligible, presumably due to 
milder reaction conditions. A second order power law expression 
was assumed. Since the entire feed was in the vapour phase, the 
concentrations were expressed in terms of partial pressures and 
the calculations performed on a molar basis. 

The diesel feed was in a partially vapourised state; 
hence vapour-liquid equilibrium data were used to predict the 
concentrations of the vapour and liquid phases. Ideal K values 
were used for the petroleum fractions and a suitable K value was 
assumed for hydrogen as no reliable vapour-liquid equilibrium 
correlations are available for petroleum fractions containing 
hydrogen. The vapour pressures were predicted using the 
Lee-Kesler's modification of Pitzer equation. Benzothiophene was 
chosen as the model compound and a second order rate constant was 
assumed. All calculations were done on molar basis. 

The differential mass and, energy balance equations for 
hydrotreating processes were solved using the Runge-Kutta-Gill 
method. The models were used to predict the sulfur concentration 
at the exit of the reactor, the hydrogen consumption and the 
reactor exit temperature. The actual temperature at the exit of 
the reactor was not available except for the design data. Hence 
the only data which could be compared in the case of operating 
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data set was the exit sulfur concentration. The sensitivity of 
temperature and the sulfur concentration in feed on the reactor 
performance was studied. The exit reactor temperature was not 
affected significantly by a change in the reactor inlet 
temperature. In general the exit sulfur concentration decreased 
with an increase in the reactor inlet temperature. An increase in 
the sulfur concentration resulted in an increase in the reactor 
outlet temperature. 

The hydrocracking and hydrotreating models developed in 
this study can be used for rating of similar other units as well 
as for optimization of plant operating conditions. These models 
after suitable modifications, can also be used for design of new 
plants . 



CHAPTER - 1 


INTRODUCTION 


Hydrocracking and hydrotreating processes find extensive 
application in petroleum refineries. The hydrocracking process was 
developed commercially by I.G. Farben industries in 1927 for 
converting lignite into gasoline (Gary and Handwerk, 1975). This 
process did not find widespread application because of the high 

f 

cost of manufacturing hydrogen. With the introduction of catalytic 
reforming in the early fifties, hydrogen became available at a 
nominal cost, and hydrocracking became an attractive alternative 
for upgrading of heavy petroleum fractions. Since the introduction 
of modern hydrocracking to the industry in 1959, the worldwide 
hydrocracking capacity has increased steadily. In 1983 there were 
around 126 commercial installations including those under 
construction with a capacity of 2.5 x 10 m oil per day (Yan, 
1983). Since the platinum catalysts used for catalytic reforming 
are very sensitive to sulfur poisoning, it became necessary to 
desulfurise the naphtha feedstocks to these units. Thus 
hydrodesulfur isation became an important refining process in the 
1950's, and has been gaining importance ever since. The first 
commercial desulfur isers were used to clean naphthas but by 
1960's, desulfur isation of other feedstocks such as kerosene, 
diesel and vacuum gas oils became important and in the 1970 's 
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desulfur isation of residual oil was also introduced. This led to 
the development of widely used hydrotreating processes. 

Both, hydrocracking and hydrotreating processes are 
carried out in fixed bed catalytic reactors in the presence of 
hydrogen under pressure. There are a large number of commercial 
processes and patents available. Various types of catalysts such 
as cobalt-molybdenum or nickel-tungsten supported on 
silica-alumina or zeolites are used in these processes. Several 
kinetic studies are also available although these are either for 
hydrodesulfurisation (HDS) of pure sulfur compounds or 
hydrocracking of pure n-par«f f ins . However, very limited research 
has been done on the modeling of these reactors. The available 
models reveal very little details and do not provide any insight 
into the process. 

In the present study reactor models for these two 
processes have been developed. For hydrocracking, the feedstock 
was vacuum gas oil which was subdivided into a number of 
pseudo-components and the mass and energy balance equations 
written for each pseudo-component. The model parameters were taken 
from published information or estimated from plant data. Models 
have been developed for hydrotreating of various feedstocks such 
as vacuum distillate, kerosene and diesel. In view of the 
non-availability of detailed distribution of sulfur compounds in 
the feedstocks, the entire sulfur was represented by a model 
compound. These models were validated against available plant 
data. The major use of such models is in the optimization of 
existing units and in the design of new reactors. For instance, 
the models can be used for predicting the reactor performance 
under different conditions so as to arrive at optimum conditions. 
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The model can also be used to simulate conditions which are too 
dangerous to attempt on a real plant. With the general trend in 
modern industries to solve problems analytically, such models may 
find industrial applications in petroleum refineries. 

The thesis is presented in five chapters. The available 
information on the technology, kinetics, chemistry and reactor 
modeling of these processes is summarised in Chapter 2. The 
development of the model for hydrocracking together with its 
application and validation against plant data is presented in 
Chapter 3. The models for hydrotreating units are given in 
Chapter 4. In the same chapter, sensitivity of the process 
paramaters is also discussed. The conclusions and suggestions for 
further work are summarised in Chapter 5. 
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CHAPTER - 2 


LITERATURE REVIEW 


2.1 HYDROCRACKING 

Hydrocracking is practised in modern petroleum 
refineries for converting various higher boiling range 
hydrocarbons into more valuable products such as gasoline, diesel 
and jet fuel (Yan, 1980). Even though product projections show 
decreasing demand for gasoline and increasing demand for middle 
distillates, gasoline remains the most important product in the 
U.S. . Hydrocracking is a highly flexible petroleum refining 
process which can take feedstocks ranging from light naphthas to 
deasphalted vacuum residue (Sikonia et al., 1981). Other 
applications of this process includes upgrading of petrochemical 
feedstocks (Mavity et al., 1978), improvement of gasoline octane 
number (Chen et al., 1968) and production of high quality 
lubricants. In addition, very heavy hydrocarbon deposits such as 
tar sands, shale oil etc. can be upgraded by hydrocracking (Friz 
et al. 1983). The process upgrades the original stock by 

V 

increasing its overall hydrogen to carbon ratio and decreasing the 
average relative molecular mass. 

Depending upon the end product required, the operating 
conditions and catalysts for hydrocracking may vary. The progress 
of hydrocracking process has largely depended on the development 
of catalysts with improved activity and selectivity. Earlier, 
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unsupported tungsten sulfide was used as a presaturation catalyst 
but with subsequent development, it was replaced by supported 
catalysts such as nickle-tungsten sulfide on alumina and cobalt 
molybdate on alumina. These changes contributed to the production 
of aromatic gasoline of higher octane number (Voorhies and Smith., 
1964). All hydrocracking catalysts are dual functional (Steijns et 
al., 1981; Vansina et al., 1983). The catalyst consists of 
hydrogenation metal(s) on an acidic cracking base. Commonly used 
hydrogenation components include cobalt, molybdenum, tungsten, 
nickel, platinum and palladium. The cracking component is an 
acidic carrier which may be amorphous silica-alumina of various 
compositions, or crystalline carriers such as cation exchanged 
faujasites X and Y 0*ard et al., 1973). In a hydrocracking 
process, the liquid yield is about 10-15 mass percent higher than 
that for delayed coking process, which is desirable. 

Recently, a new technology known as mild hydrocracking 
has been introduced. The advantage of this technology is that it 
can use existing hydrotreaters for hydrocracking by increasing the 
severity of operation. The product is mainly middle distillate 
which is an excellent quality diesel oil blendstock. The process 
is steadily gaining importance with 76% of the units in Japan and 
42% in Western Europe practising this technique at present 
(Sonnemans et al., 1984). Recent developments made in the 

I 

hydrocracking processes have been reviewed by Chowdhary and Saraf, 
1975; Maxwell, 1983 and Fritz et al. 1983. 

t 

2.1.1 Processes 

A wide variety of feedstocks ranging from light naphthas 
to residual oil can be hydrocracked to obtain lighter products. 



One, two or more stages may be required depending on the nature of 
the feedstock used and the end products desired. A typical 
two-stage hydrocracker is shown in Figure 2.1. The first stage 
acts as a hydrotreater which removes poisonous nitrogen compounds 
and improves the quality of the feed entering the hydrocracker. 
The product from the first stage reactor is passed through a high 
pressure separator before it is fed to the second stage reactor. 
In the second stage, the hydrotreated feed is hydrocracked to 
gasoline and/or kerosene, and lighter products. The products pass, 
through a high pressure separator and then to a distillation tower 
where the unconverted feed is separated and recycled along with 
fresh pretreated feed into the second stage for further cracking 
(Yan, 1983). This mode of operation is known as extinction recycle 
hydrocracking. There is no purge stream to remove the refractory 
compounds present in the feed and hence the severity of the 
processs has to be increased to enforce the conversion. A 
hydrocracker reactor generally operates at a temperature range 530 
to 700 K and pressure 6.5 to 13.5 MPa. Except for the H-oil and 
Hy-C processes, which were codeveloped by Cities Service Research 
and Development Company and Hydrocarbon Research, Incorporated, 
others use fixed-bed reactors with liquid downflow (Gary and 
Handwerk, 1975; Yan, 1983). The details of the reaction conditions 
and product yields for the major commercial hydrocracking 
processes are available in Refining Process Handbook, 1986. 

In addition to these processes, several other 
investigations on hydrocracking have been reported. Sikonia et al. 
(1981) developed a process which can hydrocrack any fraction from 
naphtha to demetallised oil (DMO) to yield desired products. 
During hydrocracking, most of the sulfur, nitrogen and oxygen were 



H 2 recycle 



Fig. 2-1— A schematic diagram of a hydrocracking process. 
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removed and the olefins saturated so that the product obtained was 
a mixture of pure paraffins, naphthenes and aromatics. The 
catalysts were so chosen that these were selective to producing 
distillate products. The process can be carried out in a single 
stage, two stage or series flow to meet various objectives of 
hydrocracking. A higher octane gasoline was obtained by first 
reforming a 335-453 K gasoline followed by hydrocracking. For 
358-453 K straight run gasoline, hydrocracking was not required as 
the octane number was 99.5 by reforming alone (Shipikin et al., 
1983). 

Nasution (1983) obtained optimum yields of middle 
distillates by subjecting Kuwait vacuum distillates to 
hydrocracking at 0.88 h * space velocity, 683 K temperature, 
hydrogen to feed volume ratio of 1000:1 and at a pressure of 10 
MPa. The catalyst used was Co-Mo/A^O^. Radchenko et al. (1983) 
used a two-stage process for hydrocracking of vacuum distillate. 
In the first stage a desulfurising catalyst, Ni-Mo/A^O^ was used 
and in the second stage Mg silicate catalyst was employed. The 
products were winter diesel and jet fuel when the operating 
pressures were 10 and 15 MPa, respectively. When a vacuum 
distillate was subjected to hydrocracking at 605-645 K and 11 MPa 
pressure over a zeolite catalyst containing Co-Ni, the main 
products were C^Hg and C^H.^ (Kotowski and Benbenek, 1981). 

Hydrocracking of residual oils obtained from vacuum or 
atmospheric distillation of various crudes was carried out by 
Sakabe and Yagi (1979) and Ukegawa et al. (1980) by using spent 
catalyst from a desulfurisation unit. Kotowski (1982) investigated 
the hydrocracking of a deasphalted and demetalated atmospheric 
residue of Ramashkino crude in a 3-phase dynamic reactor at 
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temperature 685-705 K and catalyst concentration 7-9 wt.%. The 

yield of fuel oil decreased with increasing flow rate. 

A review on hydrocracking of light Arabian vacuum gas 
oil over a zeolite catalyst for maximum conversion to middle 
distillates is given by Light et al. (1981). Sasaki et al . (1983b) 
hydrocracked a high metal content heavy oil over an aqueous 
vanadyl oxalate catalyst at 715 K, 10 MPa hydrogen pressure, oil 

3 

feed rate 0.001 m /h and stirring rate 950 rpm . A two-stage 

hydrocracking process carried out by Kotowski (1983) consisted of 

first thermal treating a mixture of coal and heavy oil so as tSo 

aromatise the fuel oil and depolymerise the coal and then 

catalytically hydrocracking in two stages to give C^-C^ 'gfrs.es > 

naphtha, diesel oil and fuel oil. A sour crude was first diluted 

with recycle oil and then hydrocracked over a fixed bed of 

Ni-Mo/A^Og catalyst at 725 K, 3 MPa and 2 h~* space velocity by 

Katsobashvili and Teplyakova (1984) and the products obtained were 

gasoline, diesel fuel and fuel oil. Schuetze and Hofmann (1984) 

os 

described several other processes such Aurabon, ABC, Residue HC, 

A 

M-coke and VEBA which have been tested at pilot-plant scale; 

Mild hydrocracking process which is gaining importance 
in recent years has been discussed by a number of authors 
(Gembicki et al., 1983; Jaeckh et al . , 1984; Sonnemans et al., 

1984). These workers used existing vacuum gas oil desulfuriser for 
conversion of vacuum gas oil to middle distillates. In th© studjy 
of Sonneman's et al. the conversion was about 36 percent at 
operating pressures below 7 MPa. Middle distillate farmed was 
about 26 vol . percent of feed, heavy naphtha, 2.3 vol. percent and 
lighter products, 2 wt. percent. 
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2.1.2 Chemistry 

Although there are a number of reactions taking place 
simultaneously during hydrocracking, the mechanism of 

hydrocracking is similar to that of catalytic cracking with 
hydrogenation superimposed. The catalyst activity is maintained at 
a high level because of lower coke deposition. With a siilf idled 
nickel supported on a silica-alumina C&l'bUjSt, excessive splitting 
produces large amounts of low-molecular weight paraffins with a 
high iso/normal ratio. Platinum on silica-alumina, which has a 
much higher hydrogenation activity, gives more of intermediate 
than low molecular weight paraffins thus minimising the ratio of 
gas to liquid products. With a more active hydrogenation catalyst 
such as metallic nickel and platinum, the ratio of iso/normal 
light paraffin may be low. The product distribution for some 
n-paraffins over zeolite catalyst is given by Steijns et al. 
(1981) and Vansina et al. (1983). Olefins are more readily 
hydrocracked than paraffins (Voorhies and Smith, 1964). It is seen 
that cracking reaction is endothermic whereas hydrogenation 

reaction is exothermic. Since the heat required for cracking is 
less than the heat released during exothermic reaction, the 

temperature is maintained by injecting cold hydrogen into the 

reactor. Generally hydrocracking reactions take place at 
temperatures between 560-690 K and pressures between 8 to 13.6 MPa 
(Gary and Handwerk, 1975). Before cracking, both intermolacular 
and intramolecular rearrangements take place which do not permit 
prediction of final product spectrum obtainable from a given feed. 
With nonacidic or weakly acidic catalysts, the reactions are 

generally less complex and take place on the hydrogenating 
component. Very little isomerisation or structural i e arrangements 
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take place and the reaction products are generally simple 
fragments of the original reactant. By using a catalyst which is 
intermediate between acidic and nonacidic, cracking occurs both on 
the acidic component and hydrogenation component and the products 
are also intermediate in character (Voorhies and Smith, 1964,j. : 
Langlois and Sullivan (1970) reviewed the chemistry of catalytic 
hydrocracking of hydrocarbons in detail. The available information 
indicates that hydrocracking of normal paraffins involves soission 
of the carbon- carbon bond at different sites. For instance, the 
products from the hydrocracking of n-decane can be represented as 
follows: 



the amounts of and lighter paraffins is generally negligible. 
The normal paraffins formed during the cracking step can also be 
converted to isoparaffins by hydroisomerisation. The proportion of 
the normal to iso-paraffins depends on various factors such as the 
acidity of the catalyst, conversion level, temperature etc. When 
normal paraffins are hydrocracked over a strongly acidic catalyst, 
the products consist mainly of iso-paraffins and small amounts of 
n-paraffins are isomerized without cracking (Langlois and 
Sullivan, 1970). Other studies on the reactions of hydrocracking 
of paraffins have been carried out by Archibald et al . (I960), 
Flinn et al. (1960), Coondart and Garwood (1964), El-Kady et 



al. (1983a), Rabinovch et al. (1983), Panchenkov et al. (1983) and 
Goldfarb et al. (1981). Reactions of cycloparaffins over strongly 
acidic catalysts were studied by Egan et al. (1962). On 
hydrocracking alkyl aromatics with side chains on a strongly 
acidic catalyst, paraffins and benzene were produced (Sullivan et 
al., 1964). They also studied complex reactions of polycyclic 
aromatics over acidic hydrocracking catalysts. Schneider et al. 
(1.981) studied the hydrocracking reactions of petroleum vacuum 
distillate. From spectroscopic analysis, chromatographic 
separation and structure analysis of products, they concluded that 
the aromatic ring hydrogenation and cleavage are the main 
reactions involved. 

2.1.3 Catalysts 

Type of catalyst varies with the feedstock being 
processed. CoO-MoO g-A^Og has been widely used for hydrocracking 
of heavy feedstocks such as residual raffinate, solvent 
deasphalted residual oil and vacuum residue (Kondo et al., 1982; 
Nasution, 1983; Chesnokov et al.,1985). The catalyst activity 
decreases and selectivity changes with age and more gas than 
naphtha is produced as the catalyst temperature is raised to 
maintain conversion. Regeneration is necessary when the catalyst 
poisoning due to deposition of coke and other materials reaches a 
certain level. This is usually accomplished by burning off the 
catalyst deposits. Kelly and Ternan (1979) studied the activity of 
CoO-MoO g-A^Og catalyst promoted with sodium, potassium or 
lithium. Lithium showed the best result as regards conversion and 
pitch, oxygen, sulfur and nitogen removal. 

Ni-Mo, Ni-W and Ni-Co have also been used as 



hydrocracking catalysts. El-Kady, 1979; Jaeckh et al., 1984; 
Nasution, 1985 employed Mo-Ni/SiOg-AlgOg catalyst for 
hydrocracking of vacuum distillates. Katsobashvili and Teplyakova 
(1984) used the same metals on alumina for hydrocracking of a sour 
crude. Impregnating V and one of the metals from Zn, Fe, Co, Ni, 
Cu, Ag, Sn or Pb on an AlgOg or TiOg support has been found 
suitable for hydrocracking of petroleum atmospheric and vacuum 
residues (Togari et al., 1983). Ghosal (1985) hydrocracked 
straight run vacuum gas oil on a Ni-Mo on zeolite Y catalyst 
containing rare earth elements. Yan (1983) developed a new dual 
catalyst, NiW/REX-Ni/SiOg-AlgOg for extinction hydrocracking. The 
Ni-W impregnated on rare earth exchanged X-type catalyst was found 
to be more nitrogen resistant, more selective to desirable naphtha 
product and was more stable in structure whereas Ni/SiOgAlgOg 
helped in the extent of conversion of heavy, polynuclear compounds 
in the feed. The catalyst can be used for hydrocracking heavy 
feeds of wide boiling range. LaX and NiX catalysts were used for 
the hydrocracking of Assam crude by Choudhary and Saraf (1978). 
They reported that NiX had a lower activity than LaX. Kotowski 
(1981) used Co-Ni catalyst on zeolite Y carrier for hydrocracking 

i 

of vacuum distillates. Swift and Black (1974) studied the activity 
of synthetic mica-montmor illonite with Ni or Co incorporated into 
the lattice structure. The activity was found to be greater than 
that obtained from Pd-rare earth-Y zeolites or Pd-H-modernite . 

Tests carried out by Kondo et ai . (1984) on 
hydrocracking of heavy oil from different sources showed that 
Ni-V/AlgOg catalyst was more active than either Co-Mo or Ni-Mo, 
and spent catalyst from a desulfurisation unit can be used for 
hydrocracking. Aqueous vanadyl oxalate prepared from ^2^5 anc * 
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(C0 2 H) 2 (1:4 mole ratio) was found to be very effective for 
hydrocracking heavy oils with high metal content (Sasaki et al. , 
1983b). Sasaki et al (1983a) prepared a catalyst from heavy oil 
known as Ash Catalyst and used it for hydrocacking of heavy oils-. 
It was green-yellow in colour with a high vanadium content. Though 
the activity of this catalyst was lower than that of Co-Mo/AlgO^, 
it produced the same level of liquid products as the latter. Coke 
formation decreased whereas metal removal increased with an 
increase in the amount of Ash Catalyst. Katowski (1983) used coal 
as a catalyst for hydrocracking of fuel oil. 

Morita et al. (1980) investigated the effect of zinc 
chloride catalysts supported on silica, silica-alumina and alumina 
on hydrocracking of anthracene. Zinc chloride supported on 
silica-alumina was the most active. By pretreating the catalyst, 
the yield of gaseous product was lowered. Franck and Page (1980) 
prepared a number of catalysts containing Ni ( or Co) and Mo (or 
W) on silica-alumina carriers and studied their effect on various 
types of feedstocks . Aboul-Gheit (1987) studied the hydrocraoking 
of VGO on NiMo/Al 2 0 3 -Si0 2 -zeolite HY catalysts. 


2.1.4 Kinetics 

Hydrocracking of petroleum feed stocks proceed through a 
network of complex reactions involving a large number of 
components which makes the kinetic study of these reactions 
extremely difficult. For simplification, the reaction steps and 
products are lumped into groups. Some of the kinetic models 
developed have been reviewed by Sue and Sugiyama (1982). Steinberg 
et al . (1985) have given an overview of the research and 
development work carried out at the Leuna, East Germany 



15 


petrochemical complex on hydrocracking of n-alkanes to branched 
alkenes over zeolite catalysts. 

For hydrocracking of light hydrocarbons Bernardo and 
Trinun (1977) postulated a Langmuir-Hinshelwood type of kinetic 
model which accounted for the effect of carbon formation on a 
nickel catalyst. Raseev and El Kharashi (1978) studied the 
kinetics of naphtha hydrocracking and calculated the heat of 
adsorption and activation energy of the surface reactions. Arayici 
and Deymer (1979) studied the kinetics of hydrocracking of naphtha 
over Pt/SiOg-AlgOg with chloroform added during the process. A 
kinetic model for hydrocracking of middle distillate was developed 
by Grendele (1980). Miklena et al . (1980) studied the kinetics of 
hydrocracking of n-alkanes. Hydrocracking of n-decanes, 
n-undecanes and n-dodecanes over Pt/AlgOg and Ni Mo/AlgOg was 
investigated by Goldfarb et al.(1981). For their kinetic study, 
the products obtained from n-decane hydrocracking were lumped into 
methylnonanes , dimethyloctanes and cracked products. 

Steijns and Froment (1981) developed kinetic models for 
hydroisomerisation and hydrocracking of n-decane, n-dodecane over 
zeolite catalysts. They assumed that the pores were completely 
filled which leads to a pseudo-zeroth order behavior and the 
concentration of the reacting molecules at the active sites was 
determined by the physical adsorption processs. The model was 
found to be superior to those which did not account for physical 
adsorption. Marin and Froment (1982) considered the possible 
intervention of hydrogen through a Rideal mechanism for the 
hydrocracking of Cg hydrocarbons. 

The kinetics of n-octane hydroisomerisation and 
hydrocracking over zeolite catalyst was modelled by Baltanas et 
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al . (1983) using the assumptions made by Steijns and Froment( 1981) 
that the concentration of the reacting molecules at the active 
site is determined by the physical adsorption process. The rate of 
hydroisomerisation followed the same trend as that fox n-deoane 
and n-dodecane. They assumed a Langmuir-Hinshelwood mechanism for 
chemisorption and Langmuir isotherm for expressing the hydrocarbon 
concentration. Several models were developed and the 
discrimination between rival models was done statistically* 

Kinetics of hydrocracking of n-heptane over Pt/AlgOg 
catalyst containing various additives was studied by Sokolov and 
Zaidman (1983). El-Kady et al . (1983b) carried out 
hydroisomerisation of n-heptane over Pt/SiO g-AlgO ^ catalyst and 
reported that at low and/or moderate temperatures (600-675 K) the 
balance of cracking- hydrogenation was shifted towards more 
hydrogenation and at severe conditions the shift was towards more 
cracking. Rabinovich et al. (1983) and Panchenkov et al . (1983) 
studied the kinet'ics of hydrocracking of heptane over a 
polymetallic-platinum-containing reforming catalyst. The kinetics 
of gas oil and vacuum distillate have been studied by Qader and 
Hill (1969) and El-Kady (1979), respectively. These authors found 
the rate of hydrocracking to be first order with respect to feed 
concentration. Nasution (1985) made a kinetic study of 
hydrocracking of vacuum distillate over a Hi-Mo/AlgOg-SiOg 
catalyst for production of middle distillate. The apparent 
activation energy for hydrocracking was determined to be 108 
MJ/kmol . 

2.1.5 Reactor Modeling 

Several models have been suggested for hydrocracking 



reactors which are summarised below. 

Jaffe (1976) developed a model which accounts for the 
hot spots that are generated due to the rapid reaction in the 
regions of low flow and the temperature drop due to mixing of 
cooler fluid from the surrounding region. The reactions were 
modeled by identifying lumped species and a kinetic model was 
developed accounting for the conversion of reactant lumped species 
to product lumped species. 

Gerdes et al. (1977) developed a model for a fixed bed 
hydrocracker taking into consideration four classes of reactions:- 
hydrocracking, saturation, desulfur isat ion and denitrogenation . 
The catalyst bed was divided into horizontal tanks of specified 
thickness. The stirred tank consisted of three regions, a solid 
region consisting of catalyst matrix, the pore volume and the 
external void space. The model assumes that as the liquid flows 
down, it fills the pore volume. Excess liquid flows down to the 
tank below by undergoing reaction and subsequent vapourisation. 
The external void is also filled with liquid, leaving space for 
vapour flow and is represented by external hold-up. The excess 
liquid is cascaded to the tank below. Simple phase equilibrium 
calculations were made and it was assumed that if the equilibrium 
liquid was not enough to fill the pores, these were filled by 

I 

condensation of heavy hydrocarbon components. A simple kinetio 
model was assumed with reaction rate being proportional to the 
density of the reacting species and to the hydrogen partial 
pressure. Since under normal hydrocracking conditions, diffusional 
resistance is not limiting, this model has neglected it. 

Yan (1977,1980) developed a model to study the dynamic 
behavior of an adiabatic trickle-bed reactor without and with gas 
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or liquid quenching. He assumed that the fluid pattern was plug 
flow, temperature and concentration were uniform across the cross 
section, heat capacities and heat of reaction of the liquid and 
gas were constant, reaction took place at the surface, vapour 
behaved as an ideal gas and liquid and vapour were in equilibrium. 
This model gave the location, starting time and amount of 
quenching required to prevent excess heating of the bed. 

Panchenkov et al. (1977) modeled an industrial reactor 
which produced low pour point diesel fuel from gas oil by 
hydrocracking and isomerisation over a zeolite catalyst. A model 
for CANMET process based on a kinetic scheme was developed by 
Patmore and Pruden (1980). The experimental data closely agreed 
with the simulated result in the range 570-670 K and 10.44 - 17.34 
MPa. Panaitescu and Dumitrescu (1982, 1983) suggested a model for 
hydrocracking of petroleum fractions. Using this model they 
obtained optimal conditions for steady state operating of a 
hydrocracking reactor. Due to the change in catalyst activity, the 
model constants have to re-evaluated from time to time. A model 
for hydrocracking of vacuum gas oil was developed by Laux (1983) 
which was based on product distribution vs boiling point index and 
structure index determined by the type of hydrocarbon product. The 
rate of hydrocracking could be determined from the change in these 
indices and the product distribution. Model developed by Mikshina 
et al. (1984) for hydrocracking of gasoline in a fixed catalyst 
bed consists of 33 equations including heat and material balances. 
The model was tested against pilot plant results. 

2.2 HYDROTREATIHG 

Crude petroleum, as well as petroleum fractions, contain 
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sulfur in the form of sulfides, disulfides, mercaptans and 
thiophenes which are undesirable since they are potential poisons 
for various catalysts used in further processing of petroleum 
fractions ( Satterf ield , 1980 ) . For example, reforming catalysts are 
very sensitive to sulfur and hence the sulfur content of the feed 
to the reformer should be made as low as possible. In case of very 
sensitive catalysts it may be necessary to lower the sulfur 
content to 1 ppm or less. Other problems associated with sulfur 
containing compounds present in petroleum fractions are the 
corrosion of process equipment and pollution of environment. 
Although sulfur is the major impurity, there are nitrogen 
compounds, oxygen compounds, hydrocarbon complexes containing 
metals and gum forming compounds which are usually undesirable and 
need to be removed. 

The sulfur content of any crude largely depends on its 
origin (Gary and Handwerk, 1975; Satterfield, 1980) and may vary 
from 0.2 to 4.0 wt% . North African and Indonesian crudes are low 
in sulfur content (~ 0.2 wt% ) whereas Venezuelan and Kuwait 
crudes have high sulfur content (' 4 wt. % ). Feedstocks used for 
hydrodesulfur isation (HDS) range from light naphthas (b.p. : 

350 K) to fuel oils (b.p.> 620 K) . During HDS, hydrogen reacts 
with the sulfur bearing compounds, in the presence of a oatalyst, 
to form hydrogen sulfide. This hydrogen sulfide can then be 
converted into elemental sulfur in a Claus type of process. 
Generally, hydrodenitrogenation (HDN), hydrodemetallation (HDM) 
and hydrodeoxygenation (HDO) take place simultaneously with HDS 
(Hohnholt amd Fausto, 1985). Based on the tonnage of treated 
products, HDS is even a more important process than catalytic 
cracking. About 25 to 30% of total liquid hydrocarbons extracted 



annually are hydrodesulfurised (Delmon, 1981). 

HDS process was initially stimulated by the availability 
of hydrogen from catalytic reformers. Later, when the demand for 
hydrogen increased, it was generated specifically for these 
purposes. The side reactions like HDN and hydrogenation of 
diolefins which take place simultaneously with HDS, improve the 
stability of the products, reduce gum formation besides reducing 
the rate of coke formation. Some of the multi-ring aromatics are 
broken down to single ring aromatics which are desired products 
for gasoline. By careful control of temperature and pressure, one 
can reduce hydrogenation of mono-olefins. 

Since hydrogen is expensive to manufacture, it is 
necessary to operate all hydrotreating processes under optimum 
conditions which may depend upon the particular type of feedstock. 
Several review articles have appeared on HDS (Motegi, 1978; 
Laughout et al., 1980b; Asoaka and Nakamura, 1982; De la Cal and 
Asua, 1984) but most of these are restricted to specific aspects 
of the process. 

2.2.1 Processes: 

Hydrotreating is generally carried out by contacting 
hydrogen and petroleum fraction in gaseous or liquid phase with a 
solid catalyst in fixed or fluidised bed reactors. The basic 
equipment for hydrotreating is essentially the same regardless of 
the feed being processed. With proper conditions, any crude can be 
hydrotreated. A simple flow diagram for a hydrotreating process is 
given in Figure 2.2. It consists of a furnace where the 
hydrocarbon feed together with the make-up hydrogen is heated to 
the reaction temperature and sent to the multi-bed reactor. The 
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effluent from the reactor is sent to a high pressure separator 
after which the gas is scrubbed and recycled. The liquid product 
is sent to a stripper where dissolved gases and unstabilised light 
distillates are separated from the desulfurised product. The oil 
flows in a single pass at a space velocity of 0.5 to 25 x 10 - ^ s~^ 
(volume per second of liquid oil at standard conditions per volume 
of packed bed reactor) depending on the temperature, pressure and 
degree of desulfur isation required. Reactor pressure is generally 
in the range from 2x10^ N/m^ to 1.5x10^ N/m^. Operating 
temperature range is 575 - 700 K. Coke, which reduces the activity 
of the catalyst can be burnt off and the catalyst reused for many 
years (Schuit and Gates, 1973). In some processes, part of the 
hydrogen is used to provide cold shot cooling. Some other 
processes, particularly the ones using heavy fractions as feed, 
utilise two reactors in series with different catalysts and 
operating conditions to achieve desired removal of impurities. 
Additionally, a guard reactor is generally included when feeds are 
processed to remove metal impurities which might otherwise plug 
the reactor. Reviews on hydrotreating processes are given by 

i 

Laughout et al. (1980a, 1980b) and McCulloch (1983). A number of 
processes have been licensed and further details are available in 
Petroleum Refinery Handbook (1986 ). 

In addition to the commercial processes, several other 
studies have been carried out in the field of hydrotreating. HDS 
of straight run gasoline has been carried out by Mirzaev et al. 
(1976) over Ni-Mo catalyst at 640 -650 K, 1 to 4 MPa and liquid 
space velocity 3.0 - 7.0 h Sanchez (1978) has described a 
method in which hydrogen present in Mexican petroleum is used for 
removal of sulfur compounds from naphtha. The process is carried 
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out over a Co-Mo/r-AlgOg catalyst at 2.8 - 10.0 MPa and 570-690 K. 

In the Tokoshi MDS direct HDS process for residual oils, 
the fresh catalyst is fed from the top of the reactors and the 
spent catalyst removed from the bottom. At the bottom, the spent 
catalyst comes in contact with the incoming oil and removes 
catalyst poisons before these reach the active catalyst (Suzuki et 
al., 1977). Another process of desulfur isation is to treat 
atmospheric residual oil with a CO-F^O mixture. Takemura et al. 
(1981) have treated an atmospheric residual oil by this process 
over Co-Mo/AlgOg catalyst using a batch autoclave at 623-673 K. 
Water-gas shift and desulfur isation reactions take place 
concurrently but the excess 1^0 and CC^ produced by the water-gas 
shift reaction inhibit the desulfurisation reaction. 

Vail et al. (1980) carried out HDS of petroleum residue 

which was previously demetallised in a three phase fluidised bed 

reactor. The products obtained were C^-C 4 , gasoline, diesel oil, 

fraction for catalytic cracking and residue for coking. Gimaev et 

al . (1981) have carried out HDS of heavy gas oils with light 

aromatic in stationary bed of a Co-Mo/AlgOg catalyst. The product 

contained less than 0.5% sulfur when the process was carried out 

_ 1 

at 673 K, 5 MPa and 1.0 h space velocity. 

Hydrodemetallation of heavy residual oil was conducted 
by van Dongen et al.(1980) in a trickle-flow reactor with liquid 
recycle at a laboratory-scale level. For heavy oil containing 
asphaltenes, a new process has been developed known as the 
Asphaltenic Bottom Cracking which uses a proprietary catalyst. 

2.2.2 Chemistry 

HDS, HDO , HDN , HDM as well as olefin, diolefin and 
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aromatics saturation are the major reactions taking place during 
hydrotreating . 

Sulfur is generally present in the form of thiols 
(mercaptans) , sulfides, disulfides, thiophene and thiophene 
derivatives. The sulfur compounds react with hydrogen to form 
hydrogen sulfide and hydrocarbons (Satterfield, 1980; McAfee, 
1960). The various representative reactions are given below : 


i) RSH + H 2 ► RH + H 2 S 

(mercaptan ) 


ii) RSSR ' + H 9 ► RH + R'H + H 0 S 

(disulfide) * z 


iii ) RSR' + 2H 9 ► RH + R'H + H 9 S 

(sulfide) z z 


iv) 



+ 3H 2 


h 2 s 


C 4 H 8 


(thiophene) 

where R and R' are various hydrocarbon groups. Small amounts of 
butadiene formed during thiophene hydrogenation are hydrogenated 

i 

to butene immediately. Thioph&ne is formed in small amounts in the 
absence of nitrogen and is completely absent in the presence of 
nitrogen. Reactivities of various sulfur compounds decrease in the 
following order : 

RSH > RSSR' > RSR' > thiophenes 

Reactivity depends on the molecular size and also upon 
whether R is an aliphatic or aromatic group. The reactivity of 
thiophene derivatives decreases as follows : 
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Thiophene > Benzothiophene > Methyl-substituted benzothiophene 
In case of benzothiophene, the thiophene ring is hydrogenated to 
the thiophene derivatives before the sulfur is removed, as 
follows : 



(benzothiophene ) 

Dibenzothiophene reacts to form mainly biphenyl and small amounts 
of phenyl cyclohexane. 



(dibenzothiophene) (biphenyl) (phenyl cyclo- 

hexane ) 

Biphenyl may be further hydrogenated to phenyl cyclohexane. ' 

Almost all HDS reactions are irreversible. Thiophene has 
been used as the model reactant in research works since it is the 
most easily obtained compound. Amberg and coworkers (Owens and 
Amberg, 1961; Desikan and Amberg, 1963) have shown that hydrogen 
sulfide inhibits the reaction of thiophene and hydrogenation of 
butenes. In contrast to benzothiophenes , hydrogenated sulfur 
compounds are not intermediates in HDS of the more reactive 
thiophene (Givens and Venito, 1970; Schuits and Gates, 1973). 
Kilanowski etal. (1978) carried out HDS reactions of pure sulfur 
containing compounds at atmospheric pressure over sulfided 
CoO-Mo0 3 /r-Al 2 0 3 catalyst in a pulse microreactor and concluded 
that aromatic compounds react with hydrogen by simple sulfur 
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extrusion. Dibenzothiophene gave H 2 S and biphenyl in the absence 
of side products. The reactivities of thiophenes, 
dibenzothiophenes and benzothiophenes were almost the same. Other 
studies on the reaction mechanism during HDS of thiophenic 
compounds include those by Houalla et al . (1978), Kwart et al . 
(1980) and Houlla et al . (1980). 

Other reactions generally taking place during 
hydrotreating are deoxygenation, denitrogenation and saturation of 
olefins and aromatics. Oxygen containing compounds such as phenol 
and naphthenic acids are easily hydrogenated to form hydrocarbons 
and water. Nitrogen compounds present as impurities are in the 
form of pyridines, quinolines, isoquinolines, pyrroles, indoles 
and carbazoles. Ammonia is liberated during the hydrogenation of 
these compounds. These reactions take place less readily than 
those for oxygen and sulfur compounds. At normal hydrotreating 
pressures and temperatures, olefin hydrogenation is favoured. 
Above 570 K and in the presence of metallic catalysts, olefins may 
also undergo secondary cracking reactions. Aliphatic olefins and 
unsaturated ring compounds are more easily hydrogenated than 
aromatics. The chemistry of these oxygen, nitrogen, olefins and 
aromatic compounds are given by Horne and McAffe (1960) and Gary 
and Handwerk (1975). 

2.2.4 Catalysts 

The most commonly used catalyst for HDS is a mixture of 
Co and Mo oxides on a ^-alumina support (Beuther et al., 1959; 
Ashley and Mitchell, 1969; Furimsky, 1979) which is sulfided 
before use (Schuit and Gates, 1973). Topsoe et al. (1986) have 
reviewed the recent research carried out on HDS catalyst. Methods 
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of sulfiding are given by Patterson et al . (1976), Okamoto et al . 

(1979), Zingg et al. (1980), Schrader and Cheng (1983,1984) and 

McCarty and Schrader (1984). The effect of sulfidation on HDS and 

HDM has been studied by Gajardo et al. (1982) under industrial 

process conditions. Sulfidation enhances both HDS and HDM 

activity. The initial deactivation of sulfided catalyst is due to 

adjustment of degree of sulfiding of the catalyst surface rather 

than catalyst poisoning. The structure of sulfided catalyst is 

different from that of oxide precursors. These form a layered 

structure in which layer of sulfur atoms alternate with layers of 

metal atoms. The active sites are formed at the edges by the 

intercalation of Ni (or Co) into the MoSg-WSg structure (Topsoe 

and Clausen, 1984). The effect of the pore size on the catalyst 

activity was studied by Plumail et al. (1983). For HDS, average 

o o 

pore diameter of 100 A was found best and for HDM, 150-200 A. 

Sambi et al.(1982) have been able to remove 92% S and 72% N using 

a catalyst containing 3% CoO and 15% MoO^ on an alumina support 

(Harshaw Co.) for hydrotreatment of a heavy gas oil. It has been 

reported that cobalt-molybdenum-alumina catalyst is very effective 

for the HDN of pyridine (Gupta et al., 1978). Ramirez De Agudelo 

(1984) have examined the effect of metal sulfides on 

hydrotreatment using silica and alumina supports. Both metal 

content and support affected the catalyst activity. 


Ni-Mo/Al 2 0 3 


catalysts 

are used 

where 

hydrodenitrogenation 

and 

hydrogenation 

reactions 

are 

also 

important (Sambi 

et 

al., 1984). 

A recent 

review 

on 

hydrodenitrogenation 

has 

been given by Ho 

(1988). The 

effect 

of 

phosphorus on the activity and selectivity 

of Ni-Mo/ 

A1 2°3 

has 

been studied by Fitz 

and 

Rase (1983). They 

found that the optimum 



catalyst composition for HDS alone was a low-metals formulation 
with a medium phosphorus content whereas for nitrogen containing 
feeds high metals/high phosphorus catalyst was more suitable. 
Other studies on catalysts used for thiophene HDS has been 
reported by La Vopa and Satterfield (1988) and Yulin et al. 
(1988). Galiasso et al. (1985) used Ni-Mo/AlgOg, Co-Mo/AlgOg and 
W-Ni/A^Og for their study on hydrotreatment of cracked gas oil. 
At low pressures, all catalysts showed the same activity but at 
high pressures, Ni-Mo catalyst improved colour, stability and 
octane number of hi^h aromatic content feed. Iannibello et al. 
(1985) used Mo (VI) and W (VI) on bauxite catalysts for HDS of 
reduced crude from Adriatic Sea origin. Co and Ni were added as 
promoters. Caceres et al . (1986) studied the effect of promoters 
on HDS catalyst activity. 

The nature of the support also has an Effect on the 
activity of the catalyst. Iannibello et al. (1979) and Vecchi et 
al. (1982) have used bauxite supports instead of AlgOg without 
significant reduction in the activity of the catalyst. De Beer et 
al. (1984) compared the activity of Co-Mo, Fe, and Mo catalysts 
prepared on AlgOg or carbon supports for thiophene HDS. It was 
seen that HDS activity of Co-Mo and Fe catalysts increased in the 
order y-AlgOg < C-black composite < active carbon. 

Zeolites have also been used in catalytic HDS process. X 
and Y zeolites were modified by ion-exchange or impregnation with 
Mo and Ni and compared with commercial Co-Mo catalysts in the HDS 
of vacuum distillates. The X zeolites had better HDS activity than 
Y zeolites and the activity was comparable with that of commercial 
catalysts (Mazur et al., 1980). 

A catalyst with high resistance to coke deposition was 
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developed by Kiezel and Rutkowski (1980) by first coating the 
support with finely distributed carbon, then activating with steam 
and finally depositing the metals. Such a catalyst can be used for 
HDS of high molecular weight fractions. Bebar and Weisser (1983) 
have shown that a liquid film formed on the catalyst surface 
during HDS of heavy petroleum fractions in trickle bed reactors 
has an inhibiting effect on the reaction. 

Nomura et al. (1980) studied the factors affecting the 
catalyst life. They used CoO-MoO 3 -SiC> 2 -Al 2 0g catalyst for HDS of 
residual petroleum oils in a fixed bed microreactor. The catalyst 
life depended on the physical properties of the catalyst as well 
as the feed oil and the operating conditions. Catalyst poisoning 
takes place due to deposition of metals and coke which plug the 
pores. Nomura et al. (1981) studied various causes of catalyst 
poisoning of atmospheric residual oil in microreactors. They found 
that vanadium was precipitated at the inlet and coke at the outlet 
of the catalyst bed and nickel was precipitated throughout the 
bed. When Ni was used as a promoter in a Ni-Mo catalyst, the 
extent of deactivation of fresh catalyst was reduced when exposed 
to a mixture of hydrogen and thiophene at atmospheric pressure. A 
series of experiments were carried out by Laine et al. (1985) on 
alumina supported catalysts of various Ni and Mo concentrations 
and it was found that Ni is involved in the initial transformation 
of molybdate catalysts. The role of Co and Ni in modified 
Co(Ni)Mo- A^Og catalyst for the HDS reaction was studied by 
Morales and Ramierz de Agudelo (1986). 

A recent survey (Aalund, 1984) gives a comprehensive 
list of catalysts, which are manufactured by various companies. 
The given details include the nature of the active ingredient. 



support and recommended applications. 


2.2.4 Kinetics 

Not much information is available on the kinetics of HDS 
of petroleum fractions. Most of the published studies have 
concentrated on thiophene or its derivative as a model compound 
(Kilanowski and Gates, 1980; Broderick and Gates, 1981; van Parijs 
and Froment, 1986; van Parijs et al., 1986>.Vrinat (1983) and Ho 
(1988) have reviewed the kinetics of HDS and HDN processes 
respectively. Frye and Mosby (1967) reported that lower molecular 
weight compounds are more readily desulfurised as compared to high 
molecular weight compounds during the HDS of light catalytic cycle 
oil. These reactions were found to be first order in the 
concentration of the sulfur compounds for hydrogen pressure less 
than 2.8 MPa. These workers also reported that H£S and aromatic 
hydrocarbons inhibit the rate of HDS. Satterfield and Roberts 
(1968) determined the kinetics of thiophene HDS in the absence of 
mass transfer influence on a commercial cobalt molybdate catalyst 
at a reaction temperature between 508 and 538 K and pressure in 
slight excess of the atmospheric. The data for rate of thiophene 
disappearance ( hydrogenolysis ) and that of butane formation 
(butene hydrogenation) were correlated with Langmuir-Hinshelwood 
rate equation. 

Schuit and Gates (1973) found hydrogenolysis of each 
sulfur compound to be first order with respect to the partial 
pressure of that compound. The rate increased as the square root 
of the total pressure. The empirical relation given by them 
considering intraparticle mass transfer influence at pressures 
higher than atmospheric. 
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In addition to H 2 S, nitrogen compounds can also inhibit 
HDS. Gutberlet and Bertolacini (1983) found that for conditions 
where hydrodenitrogenation was negligible, inhibition of HDS 
depended on the type and structure of the nitrogen compound 
involved. The inhibition effect could be accounted for by 
including an adsorption term for the nitrogen compound in the 

Langmuir-Hinshelwood model. 

! 

Ozaki et al. (1975) carried out HDS of residual oil in a 
commercial reactor. During five years of its operation, the order 
of reaction decreased from greater than 2 to 1.5 with a rise in 
reaction temperature. They developed expressions for evaluating 
catalyst life based on these kinetic studies and temperature 
gradient in the reactor. Yitzhaki and Aharoni (1977) studied the 
kinetics of HDS of fractions with boiling ranges of 20 K and 
mid-boiling points between 520-620 K. The reactions were 
considered to be first order. It was seen that rate constants for 
individual sulfur compounds of high molecular weight primarily 
depended on the molecular weight and not on the structure. Based 
on this, the fractions were lumped into- homogeneous groups 
according to the boiling point. The feeds were gas oil and a 
mixture of gas oil and gasoline with different sizes of catalyst 
particles. The intrinsic kinetics of hydrogenolysis of thiophene 
on a NiO-MoOg-A^Og catalyst was studied by Chakraborty and Kar 
(1978) in a differential reactor at a total pressure of 1 atm and 
temperature in the range of 510-563 K. Retardation of the reaction 
by H 2 S was significant. 

Nomura et al. (1979) used microreactors packed with 
C 0 O-M 0 O- Si0 2 -Al 2 0 3 catalyst for the HDS of petroleum residual 
oils. About 90% sulfur was removed and a second order reaction 
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observed with apparent activation energy of 105-125 MJ/kmol for 
atmospheric residues. The reaction rate constant increased 
linearly with increasing reaction pressure in the range 5-20 MPa. 
The reaction rate was negligibly affected by the hydrogen-oil 
volume ratio and the feed oil velocity. The rate of HDS was 
inversely proportional to the asphaltene content in the feed oil. 
Botnikov et al . (I960) carried out HDS of petroleum residues over 
stationary bed of Co-Mo-AlgOg catalyst and found the reaction to 
be second order. Scamangas et al. (1981) reported that the rate 
of catalytic hydrodesulfurisation of an atmospheric distillation 
residue in a trickle-bed reactor was second order with respect to 
total sulfur and first order with respect to hydrogen pressure. 
The activation energy was computed to be 123 MJ/kmol. The validity 
of the formal power-law kinetic models for description of HDS 
reactions with experimental data obtained from laboratory and 
pilot plant reactors were tested by Schoengut et al. (1982). 
Optimal conditions for production of low sulfur fuel oil were 
evaluated. 

Kinetics of HDS, HDN and hydrogenation of polynuclear 
aromatics were studied over five types of catalysts, 
Co0/Mo0 3 /Al 2 0 3 /Si0 2 , Ni0/Co0/Mo0 3 /Al 2 0 3 , N i0/Mo0 3 /Al 2 0 3 , NiO/WOg/ 
Al 2 0 3 /Si0 2 /Ti0 2 and Mo 0 3 /A1 2 0 3 by Chu and Wang (1982). The 
heterocyclic molecules and hydrogen molecules were assumed to be 
adsorbed on different types of catalyst sites. Considering the 
rate determining step as the surface reaction between adsorbed 
heterocyclic molecules with adsorbed hydrogen molecules, the rate 
equation was derived. The kinetics of hydrogenation of biphenyl on 
a sulfided CoO-MoOg/ r-Al 2 0 3 was studied by Sapre and Gates (1982) 
in the temperature range 573-648 K and pressure from 7 to 20 MPa 
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and several Langmuir-Hinshelwood type of kinetic models were 
proposed. i 

Pazos et al . (1983) studied the effect of catalyst 
properties and operating conditions on hydrotreatment of heavy 
oils having high metal content. They developed vanadium profiles 
along the reactor length under certain conditions based on which 
they developed a kinetic model which considered demetallization to 
be a complex reaction that occurs through a series of consecutive 
and parallel reactions. 

Workers at Japan Petroleum Institute (1984) have carried 
out HDS of vacuum residual oils to determine the relationship 
between reaction rate and properties of the feed. The reaction 
rate was found to be well correlated with the Conradson carbon 
residue. Papayannakos and Marangozis (1984) studied the kinetics 
of catalytic HDS of an atmospheric distillation residue in a 
batch-recycle trickle-bed reactor with a commercial catalyst. 
Catalyst effectiveness, effective pore diffusivity and the 
activation energy. were determined quantitatively. Later, 
Papayannakos (1986) studied the effect of asphaltene content on 
the kinetics of HDS of an atmospheric distillation residue. The 
intraparticle diffusional effect on HDS reactions of a residue has 
been studied by Philippopoulos and Papayannakos (1988). 

Sanford and Yui (1984) studied the kinetics of 
hydrotreating three synthetic distillate on pilot scale using 
Ni-Mo catalysts. Correlations were developed to predict the yield 
and some product properties. Mohammed (1984) subjected SAE-30 oil 
distillate (medium lubricating oil) to HDS on different types of 
Ni-Mo catalysts in the temperature range 553-636 K. The activation 
energy, enthalpy and entropy changes were calculated and it was 
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seen that the catalyst particle size significantly affected the 
rate of reaction. Stefan et al. (1985) studied the kinetics of HDS 
of gas oil over sulfided Co-Mo catalyst in the temperature range 
553-633 K and pressure 2 to 6 MPa. They were able to express the 
kinetics by power rate law, with overall reaction order being one 
in the presence of I^S and 3 when was removed by chemisorption 
on ZnO. 

Satterfield and Cocchetto (1981) studied the kinetics of 
vapour-phase catalytic HDN of quinoline in a continuous flow 
microreactor on a presulfided NiMo/A^Og catalyst. The reaction 
rate was described by Langmuir-Hinshe lwood type of expression. 
Under industrial conditions, the major product of HDN of quinoline 
was propylcyclohexane with propylcyclohexene as a significant 
intermediate. Presence of H 2 S slightly inhibited the 
hydrogenation-dehydrogenation reactions but accelerated the 
overall HDN of quinoline in both vapor and liquid phases 
(Satterfield and Gultekin, 1981; Yang and Satterfield, 1984). The 
presence of water increased the rate of HDN of quinoline 
(Satterfield et al., 1985). Kinetic study on hydrodemetallation of 
porphyrin was made by Hung and Wei (1980a, 1980b). 

2.2.5 Mass Transfer Effects 

The various mass transfer effects during HDS may include 
interparticle mass transfer, intrapellet pore diffusion and the 
effect of internal and external catalyst wetting on the activity. 
A number of authors ( Adlington and Thomson, 1965; Cecil et al., 

I 

1968) have conducted experiments on trickle bed reactors at 
constant space velocity and varying mass velocities. Mass transfer 
through the liquid film does not seem to offer significant 
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resistance under typical HDS conditions. Furthermore, the 
diffusion of hydrogen is much faster compared to the diffusion of 
the oil molecules. Based on a series of pilot experiments on heavy 
gas oil over a commercial Co/Mo/A^Og catalyst, van Deemter (1965) 
concluded that only catalyst particles with diameter well below 1 
mm would show no diffusional resistance and that the diffusion 
coefficient of the sulfur compound is slightly lower than that for 
free liquid diffusion at 5 MPa and 648 K. 

Fott and Schneider (1984) considered the effect of mass 
transport on the selectivity during thiophene HDS. They developed 
an isothermal model of a porous catalyst with a complex reaction 
and multicomponent diffusion in the transition region which was 
tested experimentally. The transport parameters and kinetic 
parameters needed for modeling were obtained experimentally. In 
case of HDS of a feedstock which contained small amounts of 
organo-sulfur compounds, the key reactant was a liquid phase 
component in low concentration. In such a case, the mass transfer 
from the film to the catalyst may become the rate-limiting step 
instead of transfer of dissolved gas through the film 
(Satterfield, 1975). 

Schuit and Gates (1973) reported that external phase 
mass transfer does not influence the rate of HDS in well designed 
pilot-scale reactors and the external phase resistance in case of 
commercial reactors can be neglected since the mass velocities are 
quite high. In addition, they suggested that the effectiveness 
factors in HDS could be generalised to be slightly less than one 
for most feeds and catalysts. The effectiveness factors can change 
during catalyst aging. 

The concept of liquid-solid contacting effectiveness has 
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been widely discussed in the literature (Satterfield, 1975; 
Grianetto et al., 1978). The main characteristic of a trickle-bed 
reactor is that the catalyst pellets are not completely wetted. 
Because of very poor liquid distribution and/or very rapid and 
highly exothermic reaction, the external surface of the catalyst 
may be partially wetted and a dry internal zone may develop. 
Limited research has been carried out on the effectiveness factor 
of a partially wetted pellet (Martinez et al., 1981). 

When the liquid reactant is volatile and reaction can 
take place in the dry zone, then the reaction in the dry zone 
dominates the overall reaction (Satterfield and Ozel, 1973; 
Sedricks and Kenney, 1973). Martinez et al . (1981) analysed the 
effect of both internal and external wetting when the limiting 
reactant is in the gas phase and reaction takes place in the dry 
zone. It was assumed that the liquid phase reactant is 
sufficiently volatile so that the rate of reaction can be 
considered to be pseudo-first order with respect to the gas phase 
reactant. Mills and Dudukovic (1979) formulated a model for the 
case where the reactant is in the liquid phase and accounted for 
the effect of both fractional pore filling and partial external 
wetting on the effectiveness factor of a catalyst slab. 
Application of this model to trickle-bed reactor was outlined. 

For hydrotreating of heavy residual oil, lannibello et 
al. (1985) proposed models which incorporated the influence of 
hydrodynamics on the catalyst utilisation. These models generally 
assume plug flow and first order kinetics. 

Baker (1978) also reported that a maximum catalyst 
utilisation was obtained when the catalyst were completely wetted, 
lannibello et al (1983) have concluded that total pore filling may 
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be considered even at low liquid flow rate when the temperature is 
high. Ramachandran and Smith (1979) developed expressions for the 
overall effectiveness factor when the limiting reactant is either 
in the liquid phase or in the gas phase. 

Sakornwimon and Sylvester (1982) developed an 
approximate explicit expression by using finite difference method 
for determination of effectiveness factor for spherical catalyst 
particles for three case; (i) liquid phase reaction with complete 
internal wetting (ii) vapour phase reaction with internal wetting 
and (iii) vapour phase reaction with incomplete internal wetting. 
The deviations from the corresponding numerical results and effect 
of various parameters on the performance of trickle-bed reactor 
for each case has been discussed. 

Satterfield and Ozel (1973), Sedricks and Kenney (1973) 
and Herskowitz et al. (1979) concluded that the wetting efficiency 
is less than unity at very high liquid rates. The global rate was 
affected quite significantly by the external and intraparticle 
mass transfer when the catalyst was liquid full. In liquid full 
operation, the global rate decreased with decreasing liquid rate. 
Herskowitz (1981a) developed expressions for calculating the 
effectiveness factor when the surface concentration was 
non-uniform as a function of wetting efficiency, Biot number and 
Thiele modulus. Herskowitz (1981b) developed a computationally 

simple model which includes wetting efficiency as a parameter of 

1 

the reactor performance for partially wetted catalysts and applied 
it to the analysis of oxidation of sulfur dioxide in water-filled 
porous and partially wetted activated carbon particles packed in a 
trickle-bed reactor. Dudukovic (1977) developed an expression for 
catalyst effectiveness factor for hydrodesulfurisers operating in 



38 


the regime free from external gas-liquid and liquid-solid mass 
transfer in terms of Thiele modulus, incomplete external wetting 
and fractional pore fill-up. 

2.2.6 Reactor Modeling 

To date, very few models have been reported in 
literature for hydrotreating reactors. Henry and Gilbert (1973) 
developed a model for a trickle-bed reactor which was tested 
against data obtained from a pilot plant HDS unit. The model 
showed that the catalyst utilisation increased with decreasing 
particle size as a result of increased hold-up. Eigenson and 
Maksinova (1976) presented a mathematical model for HDS of 
petroleum residues. Zhorov et al. (1977) modeled an adiabatic HDS 
reactor which can be used for the calculation of yield and sulfur 
content of the product. 

Kodama et al. (1980) presented a model which considered 
active-site poisoning and pore plugging due to the interaction of 
demetallization and coking reactions. The catalyst activity is 
affected by reduction in surface area and effective diffusivity. 
The results obtained using this model were in good agreement with 
the bench scale data. The model is useful for predicting the 
reactor performance of both moving-bed and fixed-bed reactors. 
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CHAPTER - 3 


MODELING OF A HYDROCRACKING REACTOR 

i 

3.1 INTRODUCTION 

The rapid increase in the demand for diesel-kerosene 
fractions has resulted in the development of many new processes 
which can convert the heavier petroleum fractions into more 
usable lighter products. Earlier, hydrogenation processes were not 
widely used because of unfavourable economic conditions, but with 
tremendous growth of catalytic reforming and resulting quantities 
of hydrogen as by-product, hydrogenation processes have become 
economically attractive. Hydrocracking was one of the earliest 
applications of hydrogenation and is of current interest because 
of its extreme versatility to process a variety of difficult 
feedstocks to a wide spectrum of desirable products. 

Mathematical modeling provides a tool to better 
understand the process in addition to its use for process 
optimization and control. For a model to predict the reactor 
outlet concentration and temperature accurately from the reactor 
inlet concentrations, flows and reactor dimensions, the set of 
equations constituting the model should represent the actual 
physical system as closely as possible. These models are useful in 
improving the existing plant operation and in scaling up of pilot 
plants. Some of the models for hydrocrackers published in the 
literature have been summarised in Section 2.1.5 
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Three-phase reactors (gas-solid-liquid ) of trickle-bed 
type are widely used for hydrocracking of vacuum gas oil (VGO). A 
two-stage hydrocracker with recycle is more common nowadays. The 
first stage primarily removes the sulfur and nitrogen compounds 
and in the second stage, hydrocracking takes place. Hydrocracking 
of VG-0 consists of several simultaneous and consecutive 
reactions. Since petroleum oil is a complex mixture of organic 
compounds, it is difficult to separately account for each 
component present in the mixture. Hence the published models 
consider only a few pseudo-components which best represent the 
feed. Numerous studies on product distribution during 
hydrocracking of n-alkanes have been reported but these provide 
little information on hydrocracking of petroleum fractions. 
Stangeland (1974) has, however, given some empirical correlations 
for predicting the yield from a hydrocracker for petroleum 
fractions. A more recent work on predicting the yield from a 
hydrocracker has been reported by Krishna and Saxena (1989). 

In this study a mathematical model for a two-stage VGO 
hydrocracking unit with intermediate gas quenching between the 
catalyst beds is presented. A simplified schematic process flow 

sheet for a VGO hydrocracker is shown in Figure 3.1. The feed was 

! 

a mixture of vacuum gas oils from different crudes. The TBP cut 
range of the feed to the first stage was 753 - 838 K. The effluent 
from the first stage was fractionated and the fractions having 
boiling point above 753 K were fed to the second stage. The 
effluent from the second stage was also fractionated and the 
fractions boiling above 753 K were again recycled to the second 
stage. The first stage reactor consisted of four catalyst beds 
with intermediate hydrogen quenching. The second stage reactor 
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consisted of three catalyst beds with intermediate quenching 
(Figure 3.1). Both the reactors used the same type of catalyst. 
The specifications of the feed to the first stage are given in 
Table 3.1. 

3 . 2 MODEL DEVELOPMENT 

The model for a trickle-bed reactor consists of a set of 
ordinary differential equations (ODE) and a set of procedures 
which incorporate the algebraic equations. The ODE include the 
mass and heat balance equations whereas the algebraic equations 
are the physical and thermodynamic properties correlations. 

The following assumptions have been made in the 
development of the present model: 

(i) hydrocracking is a first order pseudo-homogeneous reaction. 
Since hydrogen is present in excess, the change in the 

i 

hydrogen concentration is insignificant and the rate of 
hydrocracking can be taken to be independent of the 
hydrogen concentration. A first order rate expression has 
been reported by several authors (Qader and Hill, 1969; 
Stangeland, 1974; El Kady, 1979). 

(ii) plug flow pattern reactor. Satterfield (1975) has reported 

that the flow pattern in trickle-bed is close to that of 
plug flow. 

(iii) heat losses are negligible. It has been reported in the 
literature (Satterfield, 1975) that the commercial reactors 
are generally designed to operate under adiabatic 
conditions . 

(iv) no diffusional resistances. Similar assumption has also 

been reported by other investigators (Scot and Bridge, 
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TABLE 3.1 Plant Data for VGO Hydrocracking Unit 


TBP cut point, K 


643-838 

Gravity, °API 


27 

Specific gravity at 288 . 6K/288 . 6K 


0.8927 

Total Sulfur, wt % 


1.44 

Nitrogen, ppm 


500 

Conradson Carbon 


0.32 

Asphaltene content, ppm 


<100 

Charaterisation Factor 


12.2 

Anilin Point, K 


364 

D1160 Distillation, K 

IBP 


593 

5% 


643 

10 % 


658 

30% 


688 

50% 


716 

70% 


741 

90% 


781 

95% 


798 

100 % 


838 


1 st stage 

2 nd stage 

3 

Total feed rate, m /h 

227 

202 

Catalyst type 

ICR 106 

ICR 106 

3 

Total catalyst volume, m 

160 

150 

3 

Active catalyst volume, m 

149.5 

150 

2 

Reactor inlet pressure , kg/cm g 

178 

174 

Reactor inlet temperature, K 

672 

644 

Reactor outlet temperature, K 

714 

700 

(maximum) 

O 

Recycle gas rate, Nm /h 

270,000 

157,000 

Reactor feed gas rate. 

800 

800 

(Nm /m 3 feed ) 

^.ake.-up 

42350 

2U+00 


06 


1971; Gerdes et al., 1977). 

(v) steady state operation. 

(vi) recycle and make-up gases are pure hydrogen. 

(vii) the petroleum feed and the products are in the liquid phase 
in the reactor. 

(viii) the summation of the product of the total mass flow rate 
and its heat capacity is constant for each catalyst bed. 

The present study makes use of Stangeland's model (1974) 
for predicting the yield from a hydrocracker since it is the only 
available model in the published literature which deals with the 
product distribution of petroleum fractions during hydrocracking. 
The concept of pseudo-components has been incorporated to divide 
the wide boiling range VGO into groups of narrow boiling 
fractions. Each fraction or pseudo-component was characterised by 
its true mid-boiling point and in this study the boiling range 
interval, was taken to be 25 K. Similar to Stangeland's model 
(1974), it has been assumed that the products formed from cracking 
of any fraction range from butanes (having a boiling range from 
263 to 288 K) to a pseudo-component having a boiling point 50 K 
less than the fraction being cracked. The product distribution is 
predicted by empirical correlations. Since this model does not 
differentiate between the different hydrocarbon types boiling in 
the same temperature interval, it cannot predict the detailed 
composition of each pseudo-component. As the rate of cracking 
decreases with decrease in molecular weight, it has been assumed 
that the components having a boiling point less than 400 K do not 
crack. Polymerisation reactions, leading to products heavier than 
the component being cracked, were neglected. These reactions are 
generally insignificant. 
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Based on the above assumptions, the hydrocracking 
reaction can be represented by the following scheme: 


H. 




-► A t + A 2 + A 3 + - - 


+ A 


N-2 


H. 


N-l 


^ A^+ ^2 + Ag + — - — + _ 0 (3.1) 


H 2 

► A 1 + A 2 + A 3 + +A i _ 2 

H 2 

— ► A x + A 2 + A 3 + A 4 

where A^ is the component undergoing cracking. A^ Ag, . . . , A^_ 2 are 
the products formed from cracking of A^, of which products with i 
5: 6 undergo further hydrocracking to give still lighter products. 
In a similar manner all the pseudo-components having boiling 
points above 400 K (boiling point of Ag is 400.5 K) undergo 
cracking. The component numbers 1,2,...,N are in ascending order 
of boiling range and consequently, molecular weight; the heaviest 
pseudo-component being A^. It may be noted that all the 
pseudo-components undergoing hydrocracking need not be present in 
the feed. In the present case, the feed consisted of components 
from Agg to A^g, whereas the product contained pseudo-components 
ranging from Agg to A^ . 

The critical properties and the molecular weights of the 
pseudo-components were estimated using the Lee-Kesler's 
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correlations ( Lee and Kesler, 1975; Kesler and Lee, 1976) which 
are given as functions of specific gravity and boiling point. The 
thermodynamic properties were predicted using Peng-Robinson ' s 
equation of state (EOS) the details of which are given in Section 
3.2.4 . 

3.2.1 Material Balance Equations 

The component differential mass balance equations for 
the liquid phase in the trickle bed reactor can then be 
represented by 


M t dC i /dW 


k.C. + 

l l 


N 

I 

j = r 


E k o p i3 C d 


(3.2) 


for i = 1,2, N 

r = i+2 for i^ 5 

= 6 for i< 5 

where CL represents the concentration of ith pseudo-component. The 
first term on the right hand side of Eqn . (3.2) represents the 

rate of disappearance of the ith pseudo-component, whereas the 
second term represents the rate of formation of the same 

i 

pseudo-component from components heavier than itself. The liquid 
mass flow rate is assumed to be constant along the reactor, k^ is 
the first order rate constant having the units (kg reactant )/(kg 
catalyst)(h) . P. . is the probability of the ith pseudo-component 

<J 

being formed from the jth pseudo-component and is estimated using 
correlations similar to those of Stangeland (1974). Since the rate 
of hydrocracking has been assumed to be independent of hydrogen 
concentration, the component balance for hydrogen was not 
necessary. The overall hydrogen consumption was, however, 


was , 
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calculated using a procedure discussed in Section 3.3.1. 

3.2.2 Energy Balance Equation 

The energy balance across a differential catalyst mass 
element leads to the following ODE. 

dT/dW = E (-AHpXjkX^/E m i Cp i (3.3) 

i = 1, ,N+1 

j = P,~ - - ,N 

In the above equation, both the gas phase as well as the liquid 
phase components have been included. The (N+l)th component is the 
gas phase component (ie. hydrogen). ( AH D ) ■ is the heat of reaction 
for hydrocracking of component j , m^ is the mass flow rate of 
component i, Cp^ is the heat capacity of component i, T is the 
temperature and p is the lightest component undergoing cracking. 

3.2.3 Correlations for Predicting P^ and : 

The product distribution during hydrocracking of 
n-alkanes over different types of catalysts has been studied by 
several authors (Archibald et al.,1960; Flinn et al.,1960; 
Coonradt and Garwood , 1964 ; Goldfarb et al.,1981; Langlois and 
Sullivan, 1970; Steijn et al.,1981; Vansina et al.,1983) but these 
results are not directly applicable to petroleum fractions. 
However, Stangeland (1974) has developed some correlations which 
were used for predicting the product distribution during 
hydrocracking of Raw California Gas Oil in a two-stage reactor. In 
his study the product distribution was correlated as a function of 


two parameters. 
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During the hydrocracking of each pseudo-component, some 
butanes and lighter fractions are formed. An expression similar to 
that given by Stangeland (1974) was used for evaluating the mass 
fraction of butanes and lighter components in the product formed 
by hydrocracking of pseudo-component j (P.^) and i s : 


= C exp { -0 . 00693( 1 . 8tb j - 229.5)} (3.4) 

where tb. is the boiling point of pseudo-component j in °C and C 

J 

is a constant which depends on the type of feed and catalyst used. 
The yield of all other fractions having boiling points higher than 
that of the butanes were evaluated using one common expression. 
The entire product boiling point range, ie. starting from the 
boiling point of the fraction just heavier than the butanes to the 
boiling point of the heaviest product formed, was first 
normalised. The normalisation equation was 

(tb. - 2.5) 

y. . = - (3.5) 

13 [(tb. - 50 )-2 . 5] 

i = 2, . . . , j -2 
j = 6 , . . , N 

where y. . is the normalised temperature for the ith product formed 
from jth pseudo-component. The product distribution could then be 
calculated using the expression 



[y?. + B(y?. 
L 'l0 w l 3 




(3.6) 


where P. . is the cumulative yield till the ith pseudo-component 
from hydrocracking of the jth pseudo-component. The actual yield 
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of the pseudo-component i from component j was then obtained by 
subtracting P._ 1 . from P.., ie. 

3. i j J 1 J 


P = P - P 
ij ij i-l,j 


(3.7) 


The shape of the product distribution curve depends on the 
parameter B which generally varies from -2 to 1. When B = 0, the 
product distribution is linear. For B=-2, the probability of the 
molecule breaking into two equal halves is a maximum. The 
parameters, B and C depend on the paraffin content in the feed and 
the type of the catalyst. 

The rate constant , k^ , is highly dependent on the type 

t 

of hydrocarbons. For instance, the rate of cracking of n-paraffins 
is less than the rate of cracking of aromatics, cycloparaffins and 
isoparaffins of the same carbon number. Several kinetic studies on 
hydrocracking of n-paraffins and some petroleum oils have been 
published, but their application becomes limited because of the 
different reaction conditions and the catalyst used. The size, 
shape and past history of the catalyst are also likely to affect 
the reaction rate. In the absence of an appropriate rate equation, 
generally the simplest form of rate expression is assumed. In the 
present model, the individual rate constants for the 
pseudo-components were calculated by developing a relative rate 
function together with an estimated value of the absolute rate 
constant of a mixture with an average boiling point of 638 K. 
Qader and Hill (1969) have reported a first order rate expression 
for hydrocracking of a vacuum gas oil having an average boiling 
point of 638 K (boiling range: 573-703 K) as 
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k = 1.0 x 10 7 e' 21100 / RT (3.8) 

where k is the rate constant given in (vol. feed)/(vol. cat)(h), R 
is in kcal/( kmol ) (K) and T, the reactor temperature is in K. As a 
first estimate it was assumed that a fraction with an average 
boiling point of 638 K had the same rate constant as given by Eqn . 
(3.8). This was later adjusted to minimize the deviation between 
the calculated and measured yields. 

The relative rate function was developed based on the 
results of Rapaport (1962) who reported relative rates for 
hydrocracking of normal alkanes and found that the rate increased 
in the ratio 1/32/72/120 for c 5 / c 10 / c 15 / c 2 0- The following 
polynomial expression gave the best fit to the plant data: 

= 0.494 + 0.52 x 10~ 2 tb i - 2.185 x 10 _5 tb 2 + 0.312 x 10" 7 tb? 

(3.9) 

where tb^ is the boiling point of the ith pseudo-component in °C 
and K. is its relative rate constant. The rate constant for 

l 

component i, k. could then be calculated as 
1 ; 

k ± = k (3.10) 

3.2.4 Evaluation of Thermodynamic Properties 

The estimation of thermodynamic properties such as heat 
capacity, enthalpies etc. are necessary to account for the heat 
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effects and calculate equilibrium composition of the reaction 

mixture. Several group contribution methods for predicting these 

properties for pure hydrocarbons are available (Reid et al., 

1977), but since the detailed chemical composition of the 

petroleum oil was not known, none of these methods could be used. 

The empirical relations given by Lee and Kesler (1975) and Kesler 

and Lee (1976) for molecular weight (MW), critical pressure (P ), 

c 

critical temperature (T ), critical volume (V ), acentric factor 

O Q 

(t*>) and compressibility factor (Z ) for petroleum fractions as a 
function of normal boiling point (Tb) and specific gravity (SG) 
have been used in the present model and are given below: 

For a pure component i : 

MW i = -12272.6 + 9486 . 4SG i + (4.6523 - 3.3287SG)Tb i 

+ (1 - 0 . 77084SG i - 0 . 02058SG?)( 1.3437 - 720 . 79/Tb 10 7 /Tb i 

+ (1 - 0.80882SG i + 0 . 02226SG 2 ) ( 1 . 8828 - 181 . 98/Tb i )10 12 /Tb? 

(3.11) 

In p' .= 8.3634 - 0.0566SG.- (0.24244 + 2.2898/SG.+ 0.11857/SG?) 

0 1 X 1 1 

10' 3 Tb i + (1.4685 + 3.648/SG i + 0.47227/SG?) 

10" 7 Tb? - (0.42019 + 1.6977/SG?)10~ 10 Tb? 

X 1 1 

(3.12) 

T .= 341.7 + 811SG.+ (0.4244 + 0 . 1174SG . )Tb . 

Cl 1 11 

+ (0.4669 - 3.2623SG i )10 5 /Tb i 


(3.13) 
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-ln P 5.92714 + 6.09648/Tb .+ 1.28862 InTb .-0.169547Tb 6 . 
ci r i iri r l 


15.2518 - 15 . 6875/Tb .- 13.47211n Tb .+ 0.43577Tb 6 

r i r i r l 

(3.14) 

Z . = 0.2905 - 0.085 <o (3.15) 

Cl 1 


v . = 


ci 


Z .R T . 

ci ci 


P . 

Cl 


(3.16) 


where Tb . is the reduced normal boiling point of component i. 
r i 


For a mixture : 


V-_ = — (E E x,x.(V . 1/3 + v . 1/3 ) 3 


cm 


8 i= 1 j=l 


l 3 ci 


cj 


T = — — (T, r x x (V ^ //,3 + V ^' /3 ) 3 (T T )^^ 

cm 8V i=l j = l 1 d ci c;i U ci i cj ; 

cm 


(3.17) 

(3.18) 


where the subscript m refers to the mixture critical properties. 
The correlations available for predicting the heat capacities of 
the components ( Lee and Kesler, 1975 and Kesler and Lee ,1976) 
were not applicable to this system because of severe reaction 
conditions. The modified form of Lee-Kesler's equation ( Yu et 
al.,1982) was not used because it would have to be solved 
iteratively and since there are a large number of components it 
could have consumed a lot of computer time. Hence, Peng Robinson's 
cubic EOS (1976) was used to calculate the enthalpy of pure 
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components as well as those of mixtures (Walas, 1985) . 
Peng Robinson's EOS : 


For pure components 


Z 3 + (B-1)Z 2 + (A - 3B 2 - 2B)Z - (AB - B 2 - 3B) = 0 


where 


A = aaP t /R 2 T 2 


B = bP fc /RT 

a = 0 . 45724R 2 T 2 /P 
c c 


(3.19) 


b = 


0.0778RT /P 
c c 


a = ( 1 + (.37464 + 1.54226oo - 


26992w 2 )(1 - Tr 0,5 )) 2 


Z is the compressibility factor, P^ is the total pressure 

3 

in atm and R is in (m )(atm)/(kmol K). 


For a mixture 


N N 

aa = E E x. x. (a«). . 
i=l 0=1 , 0 


( “>ij = < 1 - k ij> 
N H 

4 A « 


N 

B =.E x.B, 


A id= (1 - k id> A i A 0 


where i and j refer 
to the component number 


where k. . s are the interaction parameters. Due to lack of data 

k. . s were assumed to be zero for all the components. 

U 
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The cubic EOS can be solved for Z analytically using the 
method given in Chemical Engineers' Handbook (Perry and Green, 
1984). The fugacity coefficient, defined as the ratio of the 
fugacity of a material to its pressure can readily be calculated 
from the PVT data. 

For a pure substance, the fugacity coefficient based on 
Peng Robinson's EOS is, 


A (Z + 2.414B) 

In 0 = (Z-l) - ln(Z-B) In 

4.828 (Z - . 414B ) 


(3.20) 


The partial fugacity coefficient, 0^ , or the fugacity coefficient 
of a component in solution is given by 


B. A B. 

In 0. = — (Z-l) - ln(Z-B) + ( — - 

1 B 4.828B B 


2 


act 


E 

3 


x^aoOi-) 


ln( 


Z + 2.414B 
Z - 0.414B 


(3.21) 


62 C 

The excess enthalpy, , for a pure component i is 
related to its fugacity co-efficient (0^) by the thermodynamic 
relation 





a In 0. 
i 

d t 


H 'ex 

H ex - i 

1 " (MW) i 


(3.22) 


(3.22a) 
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where FL is the enthalpy of the ith component in kJ/kmol at any 
temperature T, is the excess enthalpy of component i in kJ/kg 

and R has the units kJ/(kmol)(K) . The excess enthalpy for a 

• # 0 V 

mixture (H ) is related to the partial fugacity coefficient by 
the following relation 

h 1 6X = H - H_ ldl = -RT 2 E C( * In 0. )/d . T] (3.23) 

in in m 1 

H 

H® x = 5 (3.23a) 

(MW) 

Hi 

# / * j i 

where H is the enthalpy of the mixture, H 1 is the ideal gas 
m m 

oy 

enthalpy of the mixture having the units kJ/kmol and H is the 

m 

excess enthalpy for the mixture in kJ/kg. The ideal gas enthalpy, 

* i d lii , 

, is calculated using the correlation given by Weir and Eaton 
(1932) for enthalpy 1 of vapour above 273 R and low pressures. Gary 
and Rubin (1933) found that the correlation was satisfactory for 
practically all types of feedstocks. The equation is given below 
for a component i 


H^ dl = 2 . 32 [ ( 215 - STSG^ + (0.415 - 0.104SG i )t 
+ (0.00031 - 0.000078SG i )t 2 ] 


H* id 1 = (MW). H dd 1 

l ' / i l 


(3.24) 

(3.24a) 


H ldl = E C. H^ dl 
m ii 


(3.25) 




H 'idl 

m 


(3.25a) 
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where is the total heat above 273 K, kJ/kg 

is the total heat above 273 K, kJ/kmol 
SG^ is the specific gravity at 288.6 K 
t is the temperature in °F and 

is the mass fraction of component i. 
is the mole fraction of component i 

/ •IT 

H^ 1 is the total heat above 273 K for a mixture, kJ/kmol 

is the total heat above 273 K for a mixture, kJ/kg 
m 

Thus H. can be obtained from Eqns (3.22) and (3.24) and H from 
i m 

Eqns. (3.23) through (3.25). The heat capacity of the component i 
(Cp i ) and of a mixture (Cp^) can be obtained from Eqns. (3.26) 
and (3.27) respectively. 

Cp i = H i / (T “ 273 > (3.26) 



(3.26a) 



3 2.5 Heats of reaction 

The heats of reactions for this system could not be 
calculated using the standard heats of combustion because of the 
undefined composition of the reaction mixture. One of the methods 
for estimating the standard heats of reactions for petroleum 
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fractions is based on the use of available heats of combustion 
data. However, the available heats of combustion data are also not 
very reliable (API Technical Data Handbook, 1977). In the present 
model, the heat of reactions were calculated on the basis of 
hydrogen consumed in each reaction. During the saturation of an 
aromatic double bond approximately 58-67 MJ and during cracking of 
a paraffin or naphthene, 29-42 MJ of heat is released per kmol of 
hydrogen consumed (Jaffe, 1976). Assuming that the feed consists 
mainly of paraffins and naphthenes, the heat released during any 
reaction has been taken to be 42 MJ/ kmol of hydrogen consumed at 
standard conditions. This agrees well with the calculated value of 
42 MJ/ kmol of hydrogen consumed as standard heat of reaction for 
hydrocracking of normal hexadecane using the available heats of 
combustion data (Smith and Vanness, 1984). To estimate the 
hydrogen consumption, the carbon-to-hydrogen (C/H) ratio of each 
pseudo-component and the values of P.. s are required. Since the 
methods for estimation of C/H ratio (R') are not very reliable, 
two methods were used and the average value taken for calculating 
the hydrogen consumption. In one method, knowing the specific 
gravity and the average boiling point of the pseudo-component, the 
C/H ratio could be obtained from a nomograph (API Technical Data 
Handbook, 1977). In the second method, the tabulated data of 
Nelson (1958) were utilized, where C/H ratio was given as a 
function of UOP characterisation factor. Some extrapolation was 
necessary to cover the entire temperature range. 

For hydrocracking of each pseudo-component, the mass of 
hydrocarbon required for unit mass of product can be calculated by 
the following method. The mass of the product i formed from 
pseudo-component j is represented by P . - and the C/H ratio of 
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jomponent i, by R .. Therefore, the total carbon content in the 
>roducts formed from component j can be written as 


^- 2 R : 

(TWC). = E P,.: ^ (3.28) 

3 i=l 10 R ± + 1 

j = 6, ,N 

rhich is also the carbon content of pseudo-component j (W .). The 
lydrogen content in the products formed from the component j can 
5e written as 


5-2 1 

(TWH ) . = E P,, = 0 = 6 , . . . , N (3.29) 

3 i=l 1J R.+ 1 


and the hydrogen content of pseudo-component j is given by 


W 


c, 3 


H2 , j 


R J 


a = 6 N 


(3.30) 


Therefore, the total mass of the hydrocarbon (TR). 


< TR >0 = W c,d * W H2,0 


5 = 6, . . . N 


(3.31) 


Thus, the hydrogen consumption for each reaction per unit mass of 

products, ( H 9 C) . , is given by 
^ J 


(H 2 C). = [(TWH). - W H2j . ] 


j = 6, . . .N 


(3.32) 


Therefore the hydrogen consumption per unit mass of 


hydrocarbon 
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can be written as 

(H 2 CR) j = (H 2 CX. / <TR) d j = 6, . . . ,N (3.33) 

Hence the standard heat of reaction for the jth reaction, (AH?). 

K o 

is expressed as 

(AH?). = (H 0 CR). (-42) 10 3 / 2 kJ / kg hydrocarbon 

i\ 0 z j 

j = 6, . . .N (3.34) 


To account for the effect of temperature and pressure on 
the heat of reaction, the enthalpy of the reactants and the 
products at reaction temperature and pressure, H^, was estimated 
using the Peng-Robinson ' s EOS and at reference conditions, H?, 
using the correlation given in Eqn . (3.35) formulated by 
Zhvanestskii and Platnov (Walas,1985) for liquid hydrocarbon 
mixtures . 




4.18 ( 0.3897t + 0.0004638t* )(Q 3265 + 0 .4515 ( 


(MW). 


p 2/3 


p i 


Tb. 

l 

273.2 


+ 1 ) 1/3 ) 


(3.35) 


where H° is in kJ/kg, t is the temperature in °C, and is the 
density in gm/ml for component i. For butanes and lighter 
hydrocarbons, which are not in the liquid state at the reference 
conditions, the enthalpy was calculated from the heat capacity of 
butanes (Cp^) given by the following equation (Reid et al., 1977) 


Cp 1 = [2.266 + 7 . 913xl0 -2 T - 2 . 6475x10 -5 T 2 - 0 . 674xl0 _9 T 3 ]4 . 18 

(3.36) 
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Cp. 


Cp l = (MW) 


(3.36a) 


where T is in K and Cp 1 in kJ/(kmol )(K) and Cp^is in kJ/(kg)(K). 

The enthalpy of hydrogen at reaction conditions (H^) as well as 

at standard conditions (H^) were calculated from the available 

heat capacity data (Vargaftik, 1975). The heat of reaction at 

T 

reaction condition, (AH^)j , can be finally written as 


3-2 


(A^). = (AH“). + [.EH i P id - {(TBJj H. + (H 2 C).x H h2 })/ (TR^ 


- C i^ H ? p ij - f (TR) i H ° + (H 2 C >j 11 "Sr”' <“>J 

j =6 N 

(3.37) 

The set of equations from Eqn (3.1) to (3.37) form the 
mathematical model for the hydrocracking reactor. The total number 
of equations depends on the number of pseudo-components. 


3.3 APPLICATION OF THE MODEL 

The above developed model was used to calculate the 
yield of various products, hydrogen consumption and the reactor 
temperature profile for the VGO hydrocracker, the plant data for 
which are given in Table 3.1. The various parameters such as C and 
B in Eqns (3.4) and (3.6), respectively, and k in Eqn. (3.10) for 
the reference pseudo-component which had a boiling point of 638 K 
were varied to obtain the best fit with the plant yields. After 
several trials, it was found that for B=0.7 and C=0.37, the 
deviations between the calculated and plant yields were minimum. 
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Similarly optimum expression for k for the reference component was 
found to be 

k = 0.9906 x 10^ e 1^20/T j or first stage and 

(3.38) 

k = 0.7844 x 10^ e 1^620/T f Qr the second stage. 

(3.39) 

The pre-exponential term in the expression given by Qader and Hill 
(Eqn. 3.8) is 1.2, when the rate constant is expressed in units kg 
feed/(kg catalyst)(h) . The same values for the parameter B and C 
were used for both the reactors since these do not vary 
significantly with changes in the feed composition. The lower 
value of k in the second reactor reflects that the feed to the 
second stage is more difficult to crack. 

3.3.1 Model Solution 

A step-by-step procedure for the solution of the model 
given by Eqns. (3.1) to (3.37) is given below: 

1) Since the model equations are based on the true boiling points 
of the pseudo-components, the available ASTM (D1160) 
distillation data were converted into TBP curve following a 
procedure given in literature (Edmister, 1988; API Tech. Data 
Handbook, 1977). For the VGO feed used in this study, Table 3.2 
gives the conversion of ASTM D1160 to the corresponding TBP 
data . 

2) To obtain the feed composition in terms of pseudo-components, 
the TBP curve was divided into a number of sections at 
intervals of 25 K. This is shown in Figure 3.2. The feed to the 
first reactor consisted of eleven pseudo-components (boiling 
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TABLE 3.2 Conversion of D1160 to TBP 



ASTM 1160 

1 atm 

K °F 

ASTM 1160 
10mm Hg 

°F 

TBP 

10mm Hg 
°F 

TBP 

1 atm 

°F 

TBP 

1 atm 

K 

IBP 

593 

608 

350 

312 

562 

568 

10% 

658 

725 

446 

432 

708 

649 

30% 

688 

779 

495 

489 

773 

685 

50% 

716 

829.4 

525 

525 

829.4 

716 

70% 

741 

874.4 



874.4 

741 

100% 

838 

1049 



1049 

838 




Temperature 
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Fig. 3. 2 TBP curve for Vacuum Gas Oil. 





range 563-838 K) whereas for the second reactor, the 
corresponding number was eight (boiling range 643-838 X). The 

pseudo-components were characterised by their specific gravity 
and average boiling point which was taken as the mid point of 
the 25 X interval (Figure 3.2). Specific gravities of the 
pseudo-components were estimated from available data for crude 
oils (Aalund, 1976). It has been assumed that the specific 
gravities for the pseudo-components in the VGO as well as 
hydrocracker product are the same as those available for the 
crude oil fractions of the same boiling range. Table 3.3 gives 
the characterisation of pseudo-components and the feed. 

3) From the volumetric compositions, feed flow rate and specific 
gravity data (Tables 3.1 and 3.3), component mass flow rates 
and mass fractions were calculated. 

4) Using Eqns. (3.4) through (3.6) the P.. s were calculated. 

5) Using the P. . s and the carbon-to-hydrogen ratio (R. ) the 

1 J X 

stoichiometric hydrogen consumption as well as the heats of 
reaction were calculated by the procedure discussed in Section 
3.2.5. 

6) The specific rate constants were calculated by the method given 

in Section 3.2.3, using Eqns (3.9) and (3.10) and taking the 

1 

reaction rate constant as given in Eqns. (3.38) and (3.39). 
Figure 3.3 shows the relative rate constants of the 
pseudo-components given by Eqn . (3.9). 

7) Using Eqns (3.11) through (3.16), the molecular weight, T q , P c , 

V and to were calculated (Table 3.4) and then using Eqns (3.19) 
c 

through (3.27) the heat capacity of the liquid mixture as well 
as of individual pseudo-components were calculated. The sum of 
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TABLE 3.3 Characterisation of Pseudo-components and Feed 


Comp 
no . 

Boiling 

range 

K 

Average 
boiling pt. 

K 

°API 

Sp. gr. 
288/288 K 

Vol . % 

1 

263 - 288 

275.5 

110.8 

0.58 

- 

2 

288 - 313 

300.5 

99.7 

0.61 

- 

3 

313 - 338 

325.5 

81.8 

0.66 

- 

4 

338 - 363 

350.5 

68.4 

0.71 

- 

5 

363 - 388 

375.5 

60.1 

0.74 


6 

388 - 413 

400.5 

54.7 

0.76 


7 

413 - 438 

425.5 

49.1 

0.78 

- 

8 

438 - 463 

450.5 

46.6 

0.79 

- 

9 

463 - 488 

475.5 

44.7 

0.80 


10 

488 - 513 

500.5 

41.5 

0.82 

- 

11 

513 - 538 

525.5 

38.4 

0.83 

- 

12 

538 - 563 

1 550.5 

35.2 

0.85 

- 

13 

563 - 588 

575.5 

33.5 

0.86 

1.5 

14 

588 - 613 

600.5 

32.5 

0.86 

3.0 

15 

613 - 638 

625.5 

30.2 

0.88 

4.0 

16 

638 - 663 

650.5 

28.6 

0.88 

9.5 

17 

663 - 688 

675.5 

26.1 

0.90 

14.5 

18 

688 - 713 

700.5 

24.8 

0.91 

15.5 

19 

713 - 738 

725.5 

22.4 

0.92 

18.5 

20 

738 - 763 

750.5 

20.5 

0.93 

14.0 

21 

763 - 788 

775.5 

19.2 

0.94 

11.0 

22 

788 - 813 

800 . 5 

17.6 

0.95 

5.2 

23 

813 - 838 

825.5 

15.6 

0.96 

3.3 
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Fig. 3.3 Relat 
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TABLE 3.4 

Estimated 

Properties of the 

Pseudo- 

components 


Comp no . 

UOPK 

C/H 

Mol. wt . 

V K 

P , Atm. 
c 

00 

1 

13.6 

4.750 

62 

427.6 

33.0 

0.172 

2 

13.3 

4.800 

71 

457.6 

30.9 

0.215 

3 

12.6 

4.875 

81 

491.3 

31.7 

0.256 

4 

12.1 

5 . 000 

92 

524.4 

31.7 

0.290 

5 

11.9 

5.225 

105 

554.8 

30.4 

0.325 

6 

11.8 

5.500 

119 

582.8 

28.4 

0.365 

7 

11.7 

5i. 675 

133 

611.0 

26.9 

0.404 

8 

11.7 

5.850 

149 

635.4 

24.5 

0.454 

9 

11.8 

6.000 

166 

658.5 

22.2 

0.509 

10 

11.8 

6.100 

184 

683.0 

20.7 

0.559 

11 

11.8 

6.200 

203 

707.3 

19.2 

0.610 

12 

11.8 

6.275 

223 

731.6 

18.0 

0.661 

13 

11.8 

6.450 

246 

753.3 

16.5 

0.722 

14 

11.9 

6.500 

271 

773.6 

15.0 

0.788 

15 

11.9 

6.575 

296 

796.1 

13.9 

0.847 

16 

11.9 

6.650 

322 

816.9 

12.8 

0.912 

17 

11.9 

6.750 

348 

839.6 

12.0 

0.970 

18 

11.9 

6.900 

377 

859.8 

11.0 

1.039 

19 

11.9 

7.200 

404 

882.6 

10.4 

1.097 

20 

11.9 

7.340 

433 

904.1 

9.7 

1.160 

21 

11.9 

7.390 

464 

924.1 

9.0 

1.231 

22 

11.9 

7.600 

494 

944.8 

8.3 

1.298 

23 

11.9 

7.900 

522 

966.8 

7.9 

1.359 
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the product of the total liquid mass flow rate and heat 
capacity of the liquid mixture and the product of the mass flow 
rate of hydrogen and its heat capacity was used to calculate 
the term E m^Cp^ in Eqn (3.3). 

8) Eqns . (3.2) and (3.3) were integrated numerically along the 
length of the catalyst bed in the first stage reactor using the 
Runge-Kutta-Gill method (Gill, 1951; Ralston and Wilf, 1965). 
The term E m^Cp.^ was taken to be constant for each catalyst 
bed. The rate constants were evaluated at each integration step 
to account for the temperature effect. 

9) The reaction mixture exiting from each catalyst bed was 
quenched by the recycle hydrogen. The total hydrogen flow rate 
to the next catalyst bed was then the initial hydrogen flow 
rate plus the hydrogen used for quenching. The inlet 
temperature of the reactants to the next bed was calculated by 
enthalpy balance. 

10) Steps (8) and (9) were then repeated for all the beds in the 
first stage of the reactor . The total rate of hydrogen 
consumption in the first stage, HCON (kg/h), was calculated by 
subtracting the hydrogen content of the hydrocarbon products at 
the exit of the first reactor from the hydrogen content of the 
hydrocarbon feed at the inlet. 

23 23 

HCON = E [m V(R. + 1)] - E [m. /(R, +1)] (3.40) 

i=l 1 1 j=r J J 

r = 13 first stage 

In Eqn. (3.40), bk is the mass flow rate of pseudo-component i 
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at the exit of the reactor and ra. is the mass flow rate of 

J 

pseudo-component j 1 at the inlet of the reactor. 

11) The effluent from the first reactor was fractionated and the 
fraction boiling above 643 K was fed to the second reactor. 
Assuming hundred percent efficiency of the fractionator, the 
pseudo-components 16 through 23 were present in the feed to the 
second stage. Since the boiling range of component 16 is from 
638 to 663 K, only part of component 16 boiling above 643 K was 
included in the feed to the second stage. Assuming a linear 
distribution of the material boiling in this range, only 80% of 
component 16 was present in this stream. 

12) The feed to the second stage consisted of heavy hydrocarbons 
recovered from the first stage (step 11 ) and a recycle stream 
from the second stage boiling above 643 K. The recycle stream 
was obtained by fractionating the effluent from the second 
stage in the same separator . 

13) To start the calculations for the second stage, a knowledge of 
the flow rate and the composition of the recycle stream is 
necessary. Initially the composition and hence the specific 
gravity of the recycle stream was assumed to be the same as 
that of the heavy ends from the first stage. It was therefore 
possible to calculate the mass flow rate of the total feed to 
the second stage knowing the volumetric flow rate available 
from the plant. Since mass flow rate of stream from first stage 
was known, the recycle stream mass flow rate was obtained by 
difference . 

14) Using the mass flow rates, the composition and the inlet 
temperature for the second reactor, steps (4) through (10) were 



92 


repeated. To obtain total hydrogen consumption in the second 
stage, Eqn . (3.40) is used with value of r=16. 

15) The mass flow rate and composition of the recycle stream from 
the second stage were calculated as detailed in step (11) and 
compared with the assumed value (step 13). Successive 
substitution method was used to update the composition of the 
recycle stream until convergence was achieved within the 
pre-assigned tolerance limit. 

16) Since no attempt has been made in the present study to model 

the fractionator, the product consists of the hydrocarbons 
boiling below 643 K formed in the two reactors. To compare the 
calculated yields with the plant data which were available only 
in four fractions namely high speed diesel (523-643 K), 

aviation turbine fuel (413-523 K), naphtha (288-413 K) and 

butanes and lighter fractions (<288 K), it was necessary to 
group the pseudo-components into corresponding boiling ranges 
as shown in Table 3.5 

3.4 RESULTS AND DISCUSSION 

A general program for the above model was written in 
Fortran-IV (Appendix - A) and was executed on DEC 1090 system. The 
CPU time required was two minutes six seconds. 

The calculated yields, hydrogen consumption and exit 
temperatures are tabulated in Table 3.6 and have been compared 
with the plant data. Considering the uncertainties in evaluating 
the different model parameters, the calculated product yields are 
in good agreement with the plant data. It may be possible to tune 
the model parameters for a better match between the simulated 
results and plant data. However, due to the paucity of extensive 



TABLE 3.5 Fraction of, the Pseudo-component Present in the Products 


Pseudo- 

components 

HSD 

ATF 

Naphtha 

Butanes and 
lighter fractions 

1 

- 

- 

- 

1 

2 

- 

- 

1 


3 

- 

- 

1 

- 

4 

- 

- 

1 

- 

5 



1 

- 

6 

- 

- 

1 

- 

7 

- 

1 

- 

- 

8 

- 

1 

- 

- 

9 

- 

1 

- 

- 

10 

- 

1 

- 

- 

11 

3/5 

2/5 


- 

12 

1 

- 

- 

- 

13 

1 

- 


- 

14 

1 

- 

- 

- 

15 

1 

- 

- 

- 

16 

1/5 

- 

- 

- 


HSD : high speed diesel 
ATF : aviation turbine fuel 





94 


TABLE 3.6 Comparison of Calculated and Plant Data 



Calculated results 

Plant 

data 

% 

Error 

Total feed to 
second stage 
(kg/h*) 

183236 

183385 



-0.08 

Hydrogen 

consumption 

(kg/hv) 

1st 2816 

2nd 1196 

1st 

2nd 

3267 

1363 


-13.8 
-12.2 . 

Reactor outlet 
temperature 
<K> 

1st 693.3 

2nd 677.7 

1st 

2nd 

714 

700 

(max) 

(max) 

: 

High speed 
diesel (wt.%) 

48.79 


50.5 


-3.46 

Aviation turbine 
fuel (wt.%) 

30.53 


29.4 


+3.83 

Naphtha (wt.%) 

16.17 


15.8 


+2.51 


Butanes and 
lower fractions 


4.51 


4.5 


+ 0.22 
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experimental data, this was not attempted. The error in predicting 
the hydrogen consumption was significant, with the calculated 
values being lower than the plant values for both the stages. One 
possible reason for this discrepancy could be due to the fact that 
hydrodesulfurisation and hydrodenitrogenation reactions have not 
been included in this model. The sulfur content of the feed was 

Ol 

1.44 wt.%. If dibenzothiophene is taken as the representative 
sulfur compound in the feed, 4 moles of hydrogen would be required 
to hydrogenate one atom of sulfur. Thus, for desulfurisation, 730 

if 

kg of hydrogen would be required which amounts to approximately 
16% of the total hydrogen consumption. The sulfur concentration at 
the exit of each reactor was not known, hence the chemical 
hydrogen consumption for the desulfurisation reactions could not 
be calculated. Another reason for the calculated values of the 
hydrogen consumption being lower, can be attributed to the method 
of calculating the C/H ratio of the pseudo-components as the 
actual hydrocarbon types present in a particular boiling range are 
not explicitly accounted for. As can be seen from Table 3.6, the 
calculated feed to the second stage reactor matches almost exactly 
with the experimental values, thus further validating the model. 
The calculated temperatures at the outlet of the first stage and 
second reactors are also shown in Table 3.6. Since the actual exit 
values of the temperatures were not available, these could not be 
compared but are within the specified maximum design limits. 

For more extensive validation of the model, it is 
necessary to match the calculated temperature profiles along the 
reactors with the experimental profiles. Due to lack of plant 
data, this was not possible although the model does calculate the 
temperature profiles in each bed. Figure 3.4 shows the temperature 
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profile along the length of the first reactor. The steep gradients 
are due to highly exothermic nature of the hydrocracking 
reactions. Since the reactor has been assumed to be adiabatic, the 
profiles for each bed are approximately parallel, with the 
temperature dropping due to hydrogen quenching between the 
catalyst beds. The temperature rise in successive catalyst beds 
decreases because the rate of hydrocracking is lowered as the 
average molecular weight of the reactants is reduced due to 
reaction. 

The temperature profile in the second reactor (Figure 
3.5) is significantly different from that of the first reactor. 
Due to reduced amount of the recycle hydrogen for quenching, the 
temperature drop between the beds in the second reactor is much 
less than that in the first stage. This leads to the outlet 
temperature from each bed rising progressively. 

The variation of the concentration of some 
pseudo-components along reactor is shown in Figure 3.6 for both 
reactors. The pseudo-components chosen for depicting the 
concentration profiles are representative of the four products 
(viz. butanes, naphtha, ATF and HSD) and the feed. While the 
concentration of A ^ (feed) monotonically decreases, those of the 
product increase. The net rate of formation of A^ (HSD) decreases 
continuously and is approximately zero in the last bed of the 
first reactor. In contrast, the concentration of this component 
continues to increase at an approximately constant rate throughout 
the second reactor. This may be attributed to the temperature 
profile in the two reactors. In both the reactors, the 
concentrations of the lighter components, A^ (butanes and lighter 
fractions), A 4 (naphtha), and A g (ATF) continuously increase with 
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Fig. 3.5 Temperature profile for the second stage. 
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Bed number 

Fig. 3. 6 Concentration profiles of representative pseudo-components. 
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reactor length. 

The product distribution at the end of each reactor is 

shown in Figure 3.7. Due to the lower bed temperatures in the 

second reactor, the extent of hydrocracking is less resulting in 

high concentration of the heavy components (components - A 0 „) 

lb co 

at the exit of the second reactor. 

Sensitivity analysis was carried out to study the effect 
of various parameters on the reactor performance. In the present 
model, the parameters which affect the reactor performance are the 
parameters B and C and the operating conditions. 

Effect of Model Parameters: 

The parameter B is used for estimating the yield of 
pseudo-components 2 through 21 whereas the parameter C affects the 
yield of butanes and lighter fractions. With an increase in B, 
the yield of lighter fractions decreases whereas that of heavier 

I 

fractions increases. Thus it would be expected that the recycle 
would increase with an increase in B. In the present model, an 
increase in B from 0.7 to 0. 85 resulted in an increase of 7% in 
the recycle stream and 2.4% in high speed diesel at the exit of 
the first stage. However, there was a decrease of 7% in aviation 
turbine fuel, 17.4% in naphtha and 10.6% in butanes and lighter 
fractions for above change in B . An increase in the parameter C 
resulted in an increase in the yields of butanes and lighter 
fractions with negligible effect on the yield of other products. 
As C was increased from 0.37 to 0.47 the yield of butanes and 
lighter fractions increased from 3.5 to 4.5%. 




Fig, 3. 7 Product distribution at the exit 
of the first and second stage- 
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Effect of Operating Conditions: 

For any hydrocracker, temperature is the most important 
operating parameter. With an increase in the temperature, the 
rates of all the reactions would increase resulting in higher 
yields of lighter products. As the inlet temperature of the first 
reactor was increased from 672 K to 674 K the exit temperature 
increased from 693.3 K to 703.1 K. This indicates that the reactor 
is very sensitive to temperature variations which is in agreement 
with literature (Rapp and Van Driesen, 1969) where it is stated 
that very accurate control of temperature is required for a H-Oil 
hydrocracker. Possible reasons could include the highly exothermic 
nature of hydrocracking reactions coupled with the assumption of 
adiabatic operation. In addition to increasing the exit 
temperature by nearly 10 K, the two degree increase in the inlet 
temperature resulted in 11.6% decrease in recycle material, 7% 
increase in ATF, and 16% increase in naphtha. This temperature 
sensitivity requires that for steady state operation, the inlet 
temperature of the feed should be controlled accurately. 
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CHAPTER - 4 


MODELING OF HYDROTREATING REACTORS 


4.1 INTRODUCTION 

Hydrotreating of petroleum fractions is carried out to 
remove the sulfur, nitrogen, oxygen and heavy metal compounds as 
well as to stabilize the fractions by hydrogenation of the highly 
unsaturated compounds. Hydrogenation of sulfur compounds present 
in petroleum fractions commonly referred to as 
hydrodesulfurisation (HDS) has long been one of the major 
catalytic operations in the petroleum industry and forms an 
integral part of a modern oil refinery. Crudes containing high 
percentage of sulfur (eg. Middle East) have to be desulfurised to 
produce processible, stable, and environmentally acceptable liquid 
and lube base stocks . 

The type of; sulfur compound present in any fraction 
greatly depends on the boiling range of the fraction. The lower 
boiling fractions contain sulfur in the form of mercaptans and 
sulfides but as the boiling point range increases, more complex 
chemical form of sulfur compounds become predominant (Agarwal et 
al, 1973,1976). These complex sulfur compounds are generally in 
the form of thiophenes, benzothiophenes , dibenzothiophenes , 
naphthothiophenes , naphthobenzothiophenes , acenaphthenothiophenes 
etc. Low boiling fractions may also contain small amounts of 

ftjjdro <jen cm3 elemental vSul^ut also- DuTi-mcj HDS 
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ocracking and saturation of aromatics can also take place 
ltaneously. The hydrogen consumption increases rapidly as the 
of the sulfur compound increases due to saturation and 
cracking of large number of aromatic rings. 

In the present study, models have been developed for HDS 
reactors processing three different types of feedstocks: (i) 
vacuum distillate (ii) kerosene and (iii) diesel. While the 
reactor for vacuum distillate consisted of three catalyst beds, 
the diesel and kerosene hydrodesulfurisers had a single catalyst 
bed each (Figure 4.1). Some of the models published in literature 
have been reviewed in Section 2.2.6. 

4.2 CHEMISTRY 

In the present models, all the sulfur compounds present 
in the feed were represented by a single model sulfur compound. 
Depending on the boiling range of the feed a different 
representative model compound was chosen . The model compound 
chosen for vacuum distillate was dibenzothiophene/ substituted 
dibenzothiophene , for kerosene it was tr i-subst ituted thiophene 
(Paushkin, 1962) and for diesel, benzothiophene . The model sulfur 
compounds for vacuum distillate and kerosene were selected such 
that their boiling points were approximately at the middle of the 
boiling range of the respective feeds. As suggested by Jewell et 
al. (1976), benzothiophene was taken as the model compound for 
diesel feed. It should be noted here that its boiling point 
(494 K) is at the lower end of the boiling range of the feed 
(493-688 K). Sulfur is removed in the form of hydrogen sulfide in 
all the three cases. Dibenzothiophene requires 5 moles of hydrogen 
per atom of sulfur if cyclohexylbenzene is formed and 2 moles of 
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Fig. 4.1 Schematic diagram of the 
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hydrogen if biphenyl is formed. Houlla et al. (1980) have shown 
that the substituted dibenzothiophenes also undergo similar 
reaction. Hoog (1950) reported that 35% of biphenyl and 65% of 
phenylcyclohexane plus bicyclohexyl is formed when 

dibenzothiophene is dissolved in tridecane solution and treated at 
648 K and 50 atm.. The hydrogen consumption amounts to about 4 
moles of hydrogen per mole of dibenzothiophene. The stoichiometric 
hydrogen required for HDS of tr i-substituted thiophene is 4 moles 
per mole of sulfur compound and for benzothiophene it is 3 moles 
per mole of sulfur compound. The hydrogen consumption for the 
hydrocracking reaction will depend on the product distribution. 
Since the reaction conditions for HDS are less severe than those 
for hydrocracking, very little of cracking takes place. During 
HDS, hydrodenitrogenat ion , hydrodeoxygenation and 

hydrodemetallation reactions also take place but since the 
nitrogen, oxygen and metal content of the vacuum distillate feed 
considered in the present study were negligible (refer Table 4.1 ) 
and for the kerosene and diesel data were not available, these 
were not taken into account. The aromatics are generally present 
in considerable amounts in the lower boiling fractions. These may 
be in the form of naphthalene or its derivatives. In the present 
study aromatics were present in the kerosene fraction only (Table 
4.2). Plant data revealed practically no saturation and hence it 
has not been accounted for. The characteristics of diesel oil are 
given in Table 4.3. 

4.3 KINBTICS 

Several studies on the kinetics of pure sulfur compounds 
have been reviewed in Chapter 2. Although most of these studies 
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TABLE 4.1 Characteristics of Vacuum Distillate Feed 


API gravity 22.0 

Wt.% total sulfur 3.4 

Metals, ppm max., Ni+V 0.3 

Nitrogen, ppm 1000 

TBP distillation (K) 

IBP 544 . 1 

10% 618.0 

30% 680.0 

50% 704.1 

70% 730.0 

90% 763.0 


100 % 


821.8 
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TABLE 4.2 Characteristics of Kerosene Feed 


TBP cut point, K 430-558 

API 43.5 

TBP distillation, K 

IBP 388.6 

10 430.2 

30 467.7 

50 494.1 

70 517.7 

90 553.8 

100 588.6 

Type analysis, LV% 

Paraffins 57 

Naphthenes 21 


Aromatics 


22 
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TABLE 4.3 Characteristics of Diesel Feed 

API 32 

UOPK 11.8 

Wt.% sulfur 2.0 

TBP Distillation, K 

IBP 495.2 

10% 548.0 

30% 574.7 

50% 598.0 

70% 619.6 

90% 644.7 


100 % 


686.9 
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show that the reaction is first order with respect to the pure 
sulfur compound, for petroleum fractions, several authors have 
reported that the reaction is second order with respect to the 
total sulfur present in the feed (Chu and Wang, 1982; 
Papayannakos , 1986; Phillippopoulos and Papayannakos , 1988). They 
have stated that since in an industrial feedstock, a large number 
of sulfur compounds may be present, each of which will react at a 
rate proportional to its concentration, the overall order would be 
greater than one. Hence in the present study, second order 
kinetics has been assumed. For calculating the hydrogen 
consumption during hydrocracking, it was assumed that the vacuum 
distillate and the diesel feed could each be represented by a 
single component which cracks into two parts consuming one mole of 
hydrogen per mole of the component. Hydrocracking has been 
neglected for kerosene since this low molecular weight feed is not 
expected to crack significantly. First order kinetics has been 
assumed for the hydrocracking reaction (Qader and Hill, 1969; 
El-Kady , 1979). 

4.4 HASS TRANSFER EFFECTS 

The external mass transfer effects are negligible in 
commercial hydrodesulfurisers because of very high mass velocities 
(Schuits and Gates, 1973) but the internal mass transfer 
resistances which exist within the catalyst pores may be important 
for various type of feedstocks ranging from distillate to residue. 
The rate of transfer of hydrogen or sulfur containing oil 
molecules may be much slower compared to the intrinsic reaction 
rate and to account for this, the intrinsic rate has to be 
multiplied by the effectiveness factor. With an increase in pore 
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diameter, the effectiveness factor increases. Schuit and Gates 
(1973) have reported that an effectiveness factor of slightly less 
than one is applicable to many types of feeds and catalysts. 
Philippopoulos and Papayannakos (1988) have shown that the 
effectiveness factor for crushed HT-400E catalyst particles is 
greater than 0.75. In the absence of detailed intrinsic kinetics 
and catalyst specifications, it was not possible to calculate the 
effectiveness factor and hence in all the three cases it was 

I 

assumed to be unity. 


4.5 THERMODYNAMIC PROPERTIES ESTIMATION 

The various properties such as the critical pressure, 
critical volume and enthalpy were estimated using the Lee-Kesler's 
method (Lee and Kesler, 1975; Kesler and Lee, 1976) and the 
enthalpies estimated from the excess enthalpies calculated based 
on Peng-Robinson ' s EOS (See Section 3.2.4 for details). Although 
the vacuum distillate feed was in the liquid phase and the 
kerosene in the vapour phase, the feed to the diesel 
hydrodesulfuriser was in a partially vapourised state. Hence, 
vapour-liquid equilibrium (VLE) constants are required for 
estimating the vapour and liquid compositions at any position 
along the reactor. The cubic EOS such as the Soave (1972) and Peng 
Robinson (1976) are generally used for predicting the 
vapour-liquid equilibrium constants of hydrocarbon mixtures. The 
distribution coefficient (K^) for any component i, in a nonideal 

mixture is given as (Walas, 1985) ; 

0 . 


K. = 

l 


iL 


0 iV 


(4.1) 
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where anc * are the partial fugacity coefficients of the ith 

component in the liquid and vapour phases, respectively. However, 

due to lack of suitable correlation for evaluation of K. for 

1 

hydrocarbon mixture containing hydrogen, ideal K values were used. 
Lee Kesler's modification of Pitzer equation (Reid et al . , 1977) 

was used for predicting the vapour pressure as given below. The 
reduced vapour pressure for any pseudo-component was estimated 
from 


in Pvp rl = f< 0> < T ri > ♦ T ri > 


(4.2) 


where f^ o) = 5.92714 


6.09648 


T . 
r 1 


1.28862 In T - + 0.169347 T . 

r 1 r 1 


f^ 1> = 15.2518 - 


15.6875 


ri 


- 13.4721 


In T . + 0.43577 T . 
n r x 


Pvp . is the reduced vapour pressure of component i and T . is the 
r l r l 

reduced temperature of component i. The vapour pressure (Pvp^) can 
then be calculated from 


Pvpj^ 


ex 


Pvp 


r i 


(4.3) 


and 



(4.4) 


where P . is the critical pressure, in atms . , of component i and 
c X 

P,p is the total pressure (atm). 

The following expressions were used for calculating the 
mixture critical properties for the hydrogen gas mixture (Reid et 
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al., 1977). 


N 1 

T = r <p. t . 
cm j = i J CJ 


(4.5) 


where N1 is the total number of components in the gas mixture 


and 


y. V . 

0 co 


9 3 ~ HI , 


E y i V ci 

i= l 1 ci 


y. and y. are the mole fractions of the components i and j 

X J 

respectively, V . and V . are the critical volumes of components i 
ci co 

and 3 respectively, T c ^ is the critical temperature of component o 

and T is the critical mixture temperature. 

cm 


N 1 N 1 

v = E €>• V . + E £ &.e. r- 

cm u 3 C3 i r‘ 1 l 0 U 


(4.6) 


where ©. = 
3 


. 2/3 

y. V . 

3 03 

273" 

Ey. V . 

1 ci 


r---v ( 

io v 


V . + V . 

ci co 


-) , 


W = A + B <5 + C <5 + D<5 + E <5 , 

v v v v v 


6 = 
v 


2/3 2/3 

V . + V . 

ci co 

“273 273 

V . + V . 

ci co 


and 
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e. is the surface fraction for component j, r- ■ is the binary 
J 

interaction parameter for components i and j and V is the 

cm 

mixture critical volume. Eqn . (4.6) is valid only for values of <5^ 
between zero and 0.5. 

For binary systems containing hydrogen sulfide, 

A = -0.4957; B = 17.1185; C = -168.56; D = 587.05; E = -698.89 
and for all other binary systems in this model, 

A = 0.1397; B = -2.9672; C = 1.8337; D = -1.536; E = 0. 

4.6 HEATS OF REACTION 

Although the theory for computation of heat of reaction 
is well understood, accurate estimation for petroleum fractions is 
seldom possible because of lack of adequate data such as precise 
stoichiometry, physical properties and heats of combustion. Since 
there are a large number of sulfur compounds present in the feed 
and their composition is not known, the use of heat of combustion 
data for calculating the heat of reaction is not possible. In this 
model, the heat of reaction has been calculated based on hydrogen 
consumption. Hydrodesulfur isat ion is an exothermic reaction and 
heat released during the reaction is of the order of 50 to 90 
MJ/kmol of hydrogen consumed (Schuits and Gates, 1973). The heat 
released during HDS reaction at the reaction temperature and 
pressure as supplied by the plant is 62 MJ/kmol of hydrogen 
consumed for hydrodesulfur isation of vacuum distillate, diesel and 
kerosene feedstocks. In the present model, plant values have been 
used for calculating heat of reaction for HDS. Thus the heat of 
reaction for the HDS reaction is given by 
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62 (no. of moles of H ? required / atom of S) 
(AH d )„ = - 

(4.7) 

(4.8) 

where (AH R ) g is i n MJ / kg sulfur reacted and is in 

MJ / kmol sulfur reacted. 

The heat of reaction for the hydrocracking reaction was 
obtained as follows using the same value as in Chapter 3. 

42 (no.ofmoles of H 9 required per mole of feed) 

(AH r ) = 

( average molecular weight of the feed) 

(4.9) 

* 

(AH d ) = (AH D ) ( average molecular weight of feed) (4.10) 

AC A C 

where (AH D ) is in MJ / kg feed cracked and (AH D ) is in MJ / kmol 

AC A C 

feed cracked . 

4.7 MODEL ASSUMPTIONS 

The assumptions made in this model were similar to those 

i 

made for the modeling of hydrocracking reactor. The assumptions 
are : 

(i) plug flow behaviour 

(ii) steady state conditions 

(iii) adiabatic operation 

(iv) negligible external mass transfer resistances 

(v) negligible pore diffusion resistance 

(vi) only HDS and hydrocracking reactions important 

In this model, all the sulfur compounds have been 


(molecular weight of S) 
or (AH r ) s = 32 <AH r ) s 
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represented by a single compound following second order kinetics. 
Because of excess hydrogen present, the rate of HDS has been 
assumed to be independent of hydrogen partial pressure. Since the 
extent of hydrocracking was not significant, the entire feed has 
been represented by a single pseudo-component following first 

order kinetics for estimating the extent of hydrocracking. 

4 . 8 MODEL DEVELOPMENT 

The model for each HDS reactor consists of a set 

of differential mass balance and energy balance equations and a 

number of algebraic equations which are used for estimating the 
thermodynamic properties of the different fractions of the feed. 
For calculating the enthalpy of the mixture, the feeds were 

divided into N pseudo-components. A 20 K interval was used for 
vacuum distillate and kerosene whereas, diesel was divided at 15 K 
intervals. The enthalpy calculation procedure was the same as 
discussed in Section 3.2.4. 

4.8.1 Vacuum Distillate Feed 
Material Balance Equations : 

The differential form of the mass balance equation based 
on the above assumptions can be written as 

M t (dC s /dW)= -k s C g 2 (4.11) 

where, C is the mass fraction of sulfur, M, is the total mass 

S 

flow rate and k is the second order rate constant, 
s 

The differential mass balance equation to account for 
the hydrocracking reaction can be written as, 
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M t (dC c /d¥)= - k c C c (4.12) 

where C is the mass fraction of the feed to be cracked. and k 
c c 

is the first order rate constant. 


Energy Balance Equation : 


The differential form of the heat balance equation for 
an adiabatic reactor can be written as 


dT/dW 


E m i Cp i 


[ ( ’ AH R ) s k s C s 


+ (-AH d ) k c 
R c c c 


i=l j 


(4.13) 

N+l 


where T is the reactor temperature .The (N+l)th component is the 
gas phase. The summation of the product of the component mass flow 
rate and its heat capacity is assumed to be constant for each 
catalyst bed. 


4.8.2 Kerosene Feed 

In contrast to the HDS of vacuum distillate where the 
feed was in the liquid phase, the kerosene feed was in a 
completely vapourised state. Thus, it was more convenient to 
express the total feed on a molar basis and the concentrations in 
partial pressures. Using compressibility factor, Z, to represent 
the nonideal behaviour, the concentration of any component i, C^, 
can be expressed in terms of its partial pressure, P^, as 



y i 


(4.14) 


C. 

l 


Z R T 


Z R T 
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where is the mole fraction of component i . Hydrocracking 
reactions are not very significant in case of kerosene 
hydrodesulfur isat ion because of mild operating conditions and 
hence have not been included. 


Hole balance equation 

The differential mole balance equation for the HDS 
reaction can be writen as 


F t P T dy 
Z R T dW 


s 


D 2 '2 
P T y s 


Z R T 


(4.15) 


where F. is the total volumetric flow rate, y is the mole 

L. S 

fraction of sulfur compound and k is the second order rate 

s 

constant . can also be written as 


7 N R T 



where is the total molar flow rate. Substituting Eqn (4.16) 
into Eqn. (4.15). one obtains 


^s 

dW 


. d 2 2 
k Pm y 
s T s 

2 9 2 

N t Z z R^T z 


(4.17) 


Energy balance equation 

The differential form of the energy balance equation in 
terms of partial pressures can be written as 


dT 

dW 


E n . Cp . 

. i i 

i 


' P T y s 

k s <iVr > 


(4.18) 


i = 1, 


CN+1) 
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where is the molar flow rate of component i and Cp i is the 
molar heat capacity. (N+l)th component is the hydrogen gas 
mixture . 


4.8.3 Diesel Feed 

While kerosene was completely in the vapour phase and 
vacuum distillate in the liquid phase, the diesel was a partially 
vapourised feed. The model proposed for diesel hydrodesulfuriser 
takes into account the vapour-liquid equilibria, in addition to 
the material and energy balance equations. For treating a feed 
which is in partially vapourised state, it is necessary to have a 
reliable estimate of vapour-liquid equilibrium constants for the 
different components in the mixture. Using Eqns. (4.2) through 
(4.4) and the critical properties, the ideal vapour-liquid 
equilibrium ratio for benzothiophene was calculated to be 
approximately 0.26 at 613 K. As mentioned earlier, the boiling 
point of benzothiophene is at the lower end of the boiling range 
of diesel, the sulfur compounds present would have a lower K-value 
and, therefore the sulfur compounds were to be in the liquid phase 
only . 


Mole balance equations 

With the above assumption, the differential form of 
sulfur mole balance equation can be written as 


dx 


N 


tl 


k 


s 



dW 


(4.19) 
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where is the liquid molar flow rate and x g is the molar 
concentration of sulfur in the liquid phase. Similarly , the mass 
balance equation for the hydrocracking reaction can be written as 


N 


tl 


dx' 
c 

dW 


(4.20) 


where x c is the mole fraction of the uncracked feed in the liquid 
phase . 


Energy balance equation 

The differential energy balance can be written as 


dT 

dW 


.2 


<N tl Ex.cp. + H tv Ey^) 


^- AH R>s k s x s 


+ <-*«R>c k c x c ] 


i = 1,2. . . (N+l ) 

(4.21) 

where x. and y. are the mole fractions of component i in the 
i i 

liquid and vapour phases, respectively. 


Vapour - Liquid Equilibria 


The following 

equations are used to estimate the 

vapour 

and liquid compositions 

along the length of the reactor.. 


Overall mole balance : 

»t = "tl + H tv 

(4.22) 

Component mole balance 

: N t z i = “ti x i + H tv y i 

(4.23) 


Z = E xj = E yj = l . 

(4.24) 


By re-arranging Eqns (4.22), (4.23), (4.24), we have 
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• 

E gj = 1 (4.25) 

Cl + — — (K. - 1)] 

N t 

. z . 

and x. = cp (4.26) 

[1 + — 1 — (K. - 1)] 

N t 

where is the molar flow rate of the reactant mixture to be 
flashed and z^is the mole fraction of the ith component in the 
reaction mixture. 

4.9 HYDROGEN CONSUMPTION 

Knowing the extent of hydrodesulfurisat ion and 
hydrocracking the rate of hydrogen consumption in kg/h, HCON, 
could be calculated. 


(i) Vacuum Distillate HDS : 


(C 1 -C°)(no. moles of H 9 consumed / atom of S) 

HCON = 2.0 M t [ — - — 

(molecular weight of S) 


+ 


(C*-C°)(no. of 
c c 

( average 


moles of consumed / mol of feed) 
£ ] 

molecular weight of the feed) 


(4.27) 


where C 1 and C° are the mass fraction of sulfur at the inlet and 
s s 

exit of the reactor, respectively. C 1 and C° are the mass fraction 

c c 

of uncracked feed at the inlet and outlet of the reactor. 


respectively . 
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(ii) Kerosene HDS 

HCON = 2.0 (N^s 1 - N°y s °)(no. of moles of H 2 consumed / atom of S) 

(4.28) 

where and N^ are the molar flow rate at the inlet and exit of 

' " r 

the reactor , respectively; y and y 0 are the mole fractions of 

s s 

sulfur at the inlet and exit of the reactor, respectively. 

(iii) Diesel HDS: 

HCON = 2 - N°^x s °)(no. of moles of H 2 consumed/atom S) 

+ (N^x c 1 - N°^x c °)(no. of moles of H 2 consumed /mol feed)] 

(4.29) 

where x 1 and x 0 are the mole fractions of the uncracked feed at 
c c 

the inlet and outlet of the reactor, respectively. N^ and N°^ are 
the liquid molar flow rate at the inlet and exit of the reactor, 
respectively . 

4.10 APPLICATION OF THE MODELS 

The above models were used for the simulation of a 
single or multi-bed reactors. The feeds were obtained from 
processing of a mixture of various crudes such as Arab light, Arab 
Heavy and Murtan. The content and distribution of sulfur compounds 
in these crudes do not vary significantly. The TBP as well as the 
sulfur, nitrogen and metal concentrations of the vacuum 
distillate, kerosene and diesel feeds are tabulated in Tables 4.1, 
4.2 and 4.3 respectively. The TBP cuves for these feeds are shown 
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in Figure 4.2 and the specifications of the catalyst used is given 
in Table 4.4. The plant data for the vacuum distillate HDS is 
given in Table 4.5. 


4.10.1 Vacuum Distillate: 

The boiling range of the vacuum distillate feed was 
544-822 K. The representative sulfur compound chosen for vacuum 
distillate feed was d ibenzothiophene (b.p. 605 K) / substituted 
dibenzothiophene . Phillippopoulos and Papayannakos (1988) have 
reported a second order rate constant for hydrodesulfurisation of 
non-asphalten ic sulfur present in crude oil residue (boiling point 
> 315 °C ) on the same type of catalyst for which plant data were 
available (HT-400E), as 


k 


s 


3.78 x 10 11 e - 13500/T 


(kg feed)^ 

(kg cat. )(kg S)(h> 


(4.30) 


since no rate constants are available in the published literature 

for vacuum distillate HDS, the above value of k was used as a 

s 

first estimate and was later adjusted to a final value of 


k = 2.92 x 10 U e- 13600/T 
s 


(kg feed)' 


(kg cat .)(kg S)(h) 


(4.31) 


to obtain a better match between the model predictions and the 
plant data. 

El-Kady (1979) reported hydrocracking rate constant for 
vacuum distillate but on a different catalyst as 

kg feed 


i a io,9 -13416/T 

k = 0.2420 x 10 e 
c 


(4.32) 


(kg cat. )(h) 



Temperature 
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TABLE 4.4 Catalyst Specifications 


Type 


HT-400E 

Si 2 e ( extrudates ) , inch 


1/6 

3 

Bulk density, kg/m 


725 

Metal content (calcined 

basis), % 


CoO 


3 

Mo°3 


15 

2 

Surface area, m /kg 


22 xl 0 3 4 

3 

Cum-Pore volume, m /kg 


500 

Average crush strength. 

kg 

26.4 

TABLE 4.5 Plant Data for 

Vacuum Distillate Unit 



3 

Flow rate of vacuum distillate, m /h 43.7 

Reactor inlet temperature, K 631 

Average reactor pressure, atm 63 

Recycle gas, Nm^/h 7240 

Purity of recycle gas, vol.% 78 

Make-up gas, Nm^/h 4000 

Purity of make-up gas, vol.% 95 

Reactor quench at the exit 6630 

3 

of 1st and 2nd bed, Nm /h 

Sulfur in feed, wt . % 3.4 

Number of catalyst beds 3 

Catalyst volume in each bed 11.67 
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In the absence of information on kinetics of hydrocracking on the 
present catalyst, El-Kady's rate constant was used with a modified 
pre-exponential factor of 4.11 x 10^ to minimize the discrepancy 
between predicted and measured values. 

For solving the energy balance equation (Eqn. 4.13), the 
heat capacities of the pseudo-components in the liquid phase and 
of the hydrogen gas mixture are required. The liquid heat 
capacities were obtained as discussed in Section 3.2.4. The 
make-up and recycle hydrogen were not 100 % hydrogen. In addition 

■■ i 

to hydrogen, the gas mixture consisted of several hydrocarbons, 
the predominant constituent being methane. The heat capacity of 
the gas mixture was, therefore, calculated assuming that only 
hydrogen and methane were present. The heat capacity of hydrogen 
was taken to be 14.5 kJ/(kmol)(K) and that for methane as 3.46 
kJ/(kmol)(K) (Vargaftik, 1975). 

A step by step procedure for the solution of the model 
equations is given below. 

1) From the given TBP data (Table 4.1), the TBP curve shown in 
Figure 4.2 was plotted. The TBP curve was divided into smaller 
sections of 20 K interval to obtain the feed composition in 
terms of pseudo-components. Each pseudo-component was 
characterised by its specific gravity and average boiling point 
which was taken as the mid-point of the 20 K interval. The 
specific gravity data for the pseudo-components were obtained 
from the plant. Table 4.6 gives the characterisation of the 
pseudo-components . 
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TABLE 4.6 Characterisation of Pseudo-components in Vacuum 
Distillate 


Comp . 
no . 

boiling 
range, K 

mid 

boiling 
Pt., K 

Sp . Gr . 

UOP K 

Vol.% 

1 

543-563 

553 

0.838 

11.9 

2.0 

2 

563-583 

573 

0.848 

11.9 

2.0 

3 

583-603 

593 

0.856 

11.9 

3.2 

4 

603-623 , 

613 

0.864 

12.0 

4.2 

5 

623-643 

633 

0.874 

12.0 

5.0 

6 

643-663 

653 

0.882 

12.0 

6.0 

7 

663-683 

673 

0.890 

12.0 

7.5 

8 

683-703 

693 

0.90 

12.0 

18.5 

9 

703-723 

713 

0.910 

12.0 

16.5 

10 

723-743 

733 

0.920 

11.9 

15.0 

11 

743-763 

753 

0.930 

11.9 

10.0 

12 

763-783 

773 

0.944 

11.8 

4.3 

13 

783-803 

793 

0.956 

11.8 

3.3 

14 

803-823 

813 

0.968 

11.7 

2.5 
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2) From the volumetric composition, feed flow rate and specific 
gravity, the component mass flow rates and mass fractions were 
calculated . 

3) From the volumetric flow rate and purity of the gas and 
specific gravity data; mass flow rate of the gas at the inlet 
of the reactor was calculated. 

4) Using Eqns (3.11) through (3.16), the molecular weight, T , P , 

C O 

V and w of the pseudo-components were calculated (Table 4.7). 
Using Eqns. (3.19) through (3.27a), the heat capacity of the 
liquid mixture was calculated. Knowing the heat capacities and 
mass flow rates for liquid and gas phases, the term £ m^Cp^ was 
evaluated . 

5) From the mass fractions and molecular weights of the 

pseudo-components, the average molecular weight of the liquid 
mixture was calculated. The heat of reaction per kg of liquid 
mixture for the hydrocracking reaction was estimated as given 
in Section 4.6. The heat of reaction per kg of sulfur 
hydrogenated for the HDS reaction was also determined as 
detailed in Section 4.6. 

6) Eqns. (4.11) through (4.13) were integrated numerically along 
the length of the catalyst bed using the Runge-Kutta-Gill 
method. The term T. m-Cp. was taken to be constant for each 

i i i 

catalyst bed. 

7) The reaction mixture exiting from each catalyst bed was 

quenched by the recycle gas. The purity of the quench stream 
was known. Using the density of the quench stream, the mass 

flow rate of the quench gas was calculated. The total gas flow 

rate was then the sum of the gas flow rate at the exit of the 
bed and the flow rate of the quench stream. In addition, from 



TABLE 4.7 Thermodynamic Properties of the Pseudo-component 
Vacuum Distillate 


Comp no 

T 

• c 

P 

n> 

V 




K 

s-> 

atm 

3 c 

cm /gmol 

00 

Mol. 

i 

729.9 

17.1 

812.9 

0.68 

228 

2 

748.2 

16.1 

870.1 

0.73 

245 

3 

765.6 

15.1 

934 . 1 

0.78 

264 

4 

783.0 

14.2 

1000.4 

0 . 83 

284 

5 

800.9 

13.4 

1062.9 

0.87 

304 

6 

817.9 

12.6 

1133.2 

0.92 

326 

7 

834.9 

11.8 

1205.5 

0.98 

348 

8 

852.6 

11.2 

1272.8 

1.02 

369 

9 

870.2 

10.6 

1341.2 

1.07 

392 

10 

887.8 

10.1 

1410.7 

1.12 

414 

11 

905.3 

9.6 

1481.2 

1.17 

437 

12 

924.5 

9.3 

1536.1 

1.21 

458 

13 

942.8 

8.9 

1599.5 

1.26 

480 

14 

961.1 

8.5 

1663.4 

1.30 

501 
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the heat capacity data for hydrogen and methane, the heat 
capacity of the quench stream was also calculated. The inlet 
temperature of the reactants to the next bed was then 
calculated by an enthalpy balance. 

8) Steps 6 and 7 were then repeated for each bed in the reactor. 
The total hydrogen consumed was then calculated as given in 
Section 4.9. 


4.10.2 Kerosene 

A single bed kerosene hydrodesulfuriser was simulated 
using the proposed model with a feed having a TBP cut of 
430-558 K. The TBP curve for the feed is shown in Figure 4.2. 
Tr i-substituted thiophene was taken as the model sulfur 
compound as it has a boiling point close to that of kerosene 
(Paushkin, 1962). A second order global rate constant assumed 
for this model taking the activation energy to be 150 kJ/kmol 

i 

(Chu and Wang, 1982) is given below. 


= 5.7 x 10 12 e - 18118/T 


(4.33) 


The catalyst specifications are same as those for vacuum 
distillate. Table 4.2 shows the feed specifications to the 
kerosene hydrodesulfuriser. 

A step by step procedure for the solution of the model 
equations is given below. 

Steps (1) and (2) are the same as those described for vacuum 
distillate in Section 4.10.1. The TBP data are given in Table 
4.2 and the TBP curve is shown in Figure 4.2. The 
characteristics of the pseudo-components are given in Table 4.8 
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TABLE 4.8 Characterisation of the Pseudo-components in Kerosene 


Component 

No. 

Boiling 

Pt . , K 

Av . Boiling 
Pt. , K 

Sp . gravity 

UOPK 

Vol.% 

1 

388.6-408.6 

398.6 

0.743 

12.1 

4.0 

2 

408.6-428.6 

418.6 

0.761 

12.0 

5.0 

3 

428.6-448.6 

438.6 

0.777 

11.9 

9.0 

4 

448.6-468.6 

458.6 

0.790 

11.9 

12.0 

5 

468.6-488.6 

478.6 

0.803 

11.9 

15.5 

6 

488.6-508.6 

498.6 

0.813 

11.8 

16.5 

7 

508.6-528.6 

518.6 

0.824 

11.9 

14.0 

8 

528.6-548.6 

538.6 

0.834 

11.9 

9.5 

9 

548.6-568.6 

558.6 

0.846 

11.8 

5.0 

10 

568.6-588.6 

578.6 

0.858 

11.8 

7.0 
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and the plant data are shown in Table 4.9. 

3) Using Eqns. (3.11) through (3.16), molecular weight, T , P V 

c c , c 

and <»> of the pseudo-components were calculated and are 
tabulated in Table 4.10. 

4) Using the mass fraction and the molecular weight of the 
pseudo-components, the average molecular weight of the kerosene 
feed was calculated. 

5) From the volumetric flow rate of the recycle and the make-up 
gas, molecular weight of hydrogen and methane and the purity of 
both these streams, the molar flow rate of the hydrogen gas 
mixture as well as its average molecular weight were 
calculated . 

6) The total molar flow rate at the inlet of the reactor was the 
sum of the molar flow rate of the kerosene feed and the molar 
flow rate of the hydrogen gas mixture. 

7) The composition of the feed stream was then expressed in terms 
of mole fraction based on the total molar flow rate. The sulfur 
content was also expressed in terms of mole fractions. 

8) From the critical properties of hydrogen and methane taken from 
the literature and using Eqns. (4.5) and (4.6), the critical 
properties of the hydrogen gas mixture, which was taken as a 
single component, were calculated. Thus if N is the total 
number of pseudo-components in kerosene then (N+l) is the total 
number of components in the reaction mixture. 

9) Using the T , P , V and w values of all the components in the 

c o c 

reaction mixture, the molar heat capacity of the reaction 
mixture was calculated as given in Section 3.2.4. The heat of 
reaction was calculated as given in Section 4.6. 

10) Eqns. (4.17) and (4.18) were integrated numerically along the 
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TABLE 4.9 Plant Data for Kerosene Unit 


Set 

i 

2 

3 

3 

Reactor charge, m /h 

83 

73 

75 

Combined make-up H 9 , 

Nm /h 

1410 

1650 

1300 

3 

Recycle gas, Nm /h 

250 

nil 

250 

Reactor inlet temp., K 

581 

570 

568 

Reactor pressure, atm. 

24 

24 

24 

Sulfur in feed, wt . % 

0.55 

0.49 

0.33 

3 

Catalyst volume, m 

15.5 

15.5 

15.5 

Make-up gas purity, vol.% 

89 

72 

82 

Recycle gas purity, vol.% 

86 

68 

70 

* 

Temperature rise across 
the reactor 

2 to 5 K 

2 to 5 K 

2 to 5 K 

* personal communication 

with plant 

personnel 
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TABLE 

4.10 Thermodynamic p r0 perties of 

Kerosene 

Pseudo- 

components in 

Comp . 

no. T 

c 

P 

c 

V 

3 C 

CO 

Mol. wt . 


K 

atm 

cm /gmol 



1 

576.9 

27.2 

451.3 

0.37 

119 

2 

599. 1 

25.9 

485.7 

0.40 

131 

3 

620.5 

24.6 

523.9 

0.44 

142 

4 

640.8 

23.2 

566.9 

0.48 

155 

5 

660.8 

21.9 

611.8 

0.52 

169 

6 

680.0 

20.5 

661.8 

0.56 

183 

7 

700.0 

19.3 

712.7 

0.61 

199 

8 

717.8 

18.1 

765.2 

0 . 64 

215 

9 

736.8 

17.2 

816.4 

0 . 69 

232 

10 

755.8 

16.3 

868.9 

0.73 

299 
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length of the reactor using the Runge-Kutta-Gill method. The 
total molar flow rate as well as the rate constants were 
calculated at each integration step. The sulfur concentration, 
effluent temperature, hydrogen consumption and the total molar 
flow rate at the exit of the reactor were calculated. 

11) The hydrogen consumption was calculated as described in 
Section 4.9. 

4.10.3 Diesel: 

The proposed model was also used for the simulation of a 
single bed diesel hydrodesulfur iser . The diesel fraction had a 
boiling range of 493-688 K. Benzothiophene was taken as the model 
compound because it is more representative of sulfur compounds, as 
compared to thiophenes for heavier boiling petroleum fractions 
(Jewell et al., 1976). For HDS of diesel, plant data for two 
different types of catalysts were available and separate 
pre-exponential factors were used for the rate of HDS. However, 
only a single hydrocracking rate equation was used for both the 
catalysts. The expressions for the rate constants for the HDS 
reaction using the activation energy given by Frye and Mosby 
(1967) and for the hydrocracking reaction using the activation 
energy given by El-Kady (1979) are: 

For Harshaw HT-400 E 

q „ ira 9 -15500/T 
k = 9 . 7 x 10 e 
s 

For Procatalyse HR-304 

0 j- 10i 9 -15500/T 

k = 6.5 x 10 e 
s 


(4.35) 
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k = 4.0 x 10 5 e 13416 / T 

V 


(4.36) 


The catalyst specifications for Harshaw HT-400E are given in Table 
4.4. No information was available about Procatalyse HR-304 
catalyst except the make. 

A step by step procedure for the solution of the model 
equations is given below. 


Steps (1) to (6) are the same as those described for kerosene 
in the previous section. The TBP data for diesel are given in 
Table 4.3 and the corresponding TBP curve is shown in Figure 
4.2. The characteristics of the pseudo-components are given in 
Table 4.11. The plant operating data for the two types of 
catalysts are included in Table 4.12 and 4.13, whereas the 
thermodynamic properties calculated for the thirteen 
pseudo-components are presented in Table 4.14. 

7) Using Eqns. (4.2) and (4.3), the vapour pressures of the 

pseudo-components at reaction conditions were calculated 
whereas the vapour-liquid equilibrium constants were estimated 
from Eqn . (4.<f). For the (N+l)th component, which is the 

hydrogen gas mixture, it was not possible to estimate the VLE 

constants using Eqns. (4.2) and (4.3)- Being a light gas, the 

K-value of hydrogen gas mixture is likely to be high. A value 
of 20 was assumed. Later calculations showed that the vapour 
and liquid flow rates were not sensitive to this value. 

8) Eqns. (4.22) through (4.26) were used to calculate the vapour 
and liquid flow rates and concentrations. 

9) The heat capacities of the liquid and vapour phases were 
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TABLE 4.11 Characterisation of the Pseudo-components in Diesel 


Comp . 
no . 

Boiling Range 

K 

Mid'boiling 
Pt., K 

Sp . Gr . 

UOPK 

Vol.% 

1 

493-508 

500.5 

0.814 

11.9 

1.5 

2 

508-523 

515.5 

0.824 

11.8 

3.0 

3 

523-538 

530.5 

0.833 

11.8 

3.0 

4 

538-553 

545.5 

0.842 

11.8 

5.5 

5 

553-568 

560.5 

0.849 

11.8 

11.0 

6 

568-583 

575.5 

0.855 

11.8 

12.0 

7 

583-598 

590.5 

0.862 

11.8 

14 .0 

8 

598-613 

605.5 

0.869 

11.8 

13.5 

9 

613-628 

620.5 

0.876 

11.9 

14.0 

10 

628-643 

635.5 

0.883 

11.9 

11 . 5 

11 

643-658 

650.5 

0.890 

11.8 

5.0 

12 

658-673 

665.5 

0.897 

11.8 

3.5 

13 

673-688 

680.5 

0.904 

11.8 

2.5 
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TABLE 4.12 Plant Data for Diesel Unit Using Procatalyse HR - 304 
Catalyst (Set A) 


Feed flow rate, kg/h 26067 

Make-up gas, kg/h 401 

Recycle gas, kg/h 2659 

Reactor inlet temp., K 623 

Reactor inlet pressure, atm. 37 

Reactor outlet pressure, atm. 35 

Sulfur in feed, wt . % 2.0 

Overall composition of recycle 
and make-up gas, mol % : 

Hydrogen 67.3 

Hydrogen sulfide 1.8 

Methane 28.5 

Ethane 2 . 1 

Propane 0-3 
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TABLE 14.13 Plant Data for Diesel Unit Using Harshaw HT - 400E 
Catalyst 


Set 

B1 

B2 

B3 

Charge rate of ^ 
dt€5ed feed, m /h 

29.4 

34 . 5 

37.3 

Reactor inlet 
temperature, K 

608 

613 

613 

3 

Make-up gas, Nm /h 

2500 

1525 

1500 

3 

Recycle gas, Nm /h 

7200 

2900 

3100 

Reactor pressure, 
atm . 

35 

35 

35 

S in feed, wt . % 

1.48 

1.46 

1.2 

3 

Catalyst volume, m 

10 

10 

10 

Recycle gas purity, 
vo 1 . % 

56 

80 

90 

Make-up gas purity, 
vol. % 

58 

86 

90 
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TABLE 4.14 Thermodynamic Properties of the Pseudo-components in 
Diesel 


Comp. no. T 

c 

K 

P 

c 

atm . 

V 

3 C 

cm /mole 

O) 

Mol. wt . 

1 

681.8 

20.4 

666.6 

0.563 

185 

2 

696.7 

19.6 

701.1 

0.593 

196 

3 

711.2 

18.8 

737.0 

0.624 

208 

4 

725.4 

18.0 

776.6 

0.656 

220 

5 

739.0 

17.2 

819.1 

0.670 

233 

6 

752.5 

16.4 

863.2 

0.725 

247 

7 

765.9 

15.6 

908.4 

0.760 

261 

8 

779.3 

14.9 

954.1 

0.795 

275 

9 

792.7 

14.3 

1000 . 7 

0.830 

290 

10 

805.9 

13.7 

1048.2 

0.866 

305 

11 

819.3 

13.1 

1095.9 

0.902 

321 

12 

832.3 

12.6 

1145.9 

0.939 

336 

13 

845.3 

12.0 

1197.7 

0.976 

353 
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calculated by the procedure outlined earlier. 

10) The heats of reactions for the HDS and hydrocracking reactions 
were calculated as given in Section 4.6. 

11) Eqns. (4.19) through (4.21) were integrated numerically along 
the length of the reactor using the Runge-Rutta-Gill method. At 
each integration step, the vapour and liquid molar flow rates, 
the total molar flow rate, the moles of feed cracked, moles of 
sulfur hydrogenated, temperature of the reactor and the rate 
constants were calculated. The overall hydrogen consumption in 
the reactor was calculated as given in Section 4.9. 

4.11 RESULTS AMD DISCUSSION 

The model equations were integrated along the length of 
the catalyst bed using the Runge-Kutta-G-ill method. Each 
integration step was taken to be l/25th of the catalyst bed 
which was found to be adequate after preliminary testing. The 
programs for the three hydrodesulfurisation units were written 
in Fortran IV. While the CPU time for vacuum distillate was one 
second, kerosene and diesel feeds took 7 and 11 seconds, 
respectively. The listings of these programs are given in 
Appendices B, C and D, respectively. For each unit, the sulfur 
content in the feed, the reactor temperature and the amount of 
feed hydrocracked (except for kerosene) were calculated at each 
integration step along the length of the catalyst bed. For 
diesel feed, the amounts of vapour and liquid at the end of 
each increment were also calculated. 

4.11.1 Vacuum Distillate 

Figure 4.3 shows the calculated temperature profile and 
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HDS of Vacuum Distillate. 
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perc &nt desulfurisation along the reactor length. The temperature 
^ roE> between the beds is due to the intermediate quenching. As the 
sulf^j. concentration decreases, the rate of reaction also 
decreases and hence the temperature rise decreases from bed to 
bed - A comparison of the calculated results with the plant data is 
shown in Table 4.15. The only comparable data available from the 
plant are the temperature, percent desulfurisation, percent 
uncracked feed at the exit of the reactor and the hydrogen 


consumption . 

The 

agreement 

is generally 

good . 

The maximum 

discrepancy 

was 

in the 

prediction of 

the 

reactor 

exit 

temperature . 

Peng- 

Robinson ' s 

EOS was used 

for 

estimating 

the 


enthalpies which may not give accurate results for heavier feeds. 
A Possible reason for the discrepancy in hydrogen consumption can 
be found in the assumption of a single compound to represent the 
sulfur compounds present in the feed. 

The effect of variation in the reactor inlet temperature 
and sulfur content of the feed on the extent of desulfurisation, 


overall hydrogen consumption and the reactor exit temperature were 
also studied'. The effect of inlet temperature and sulfur content 
of the feed is shown in Figures 4.4 and 4.5, respectively. As 
expected, an increase in the inlet feed temperature resulted in an 
increase in the rates of desulfurisation and hydrocracking 
reactions. An increase in the inlet temperature from 631 to 641 K, 
resulted in an increase in the exit temperature from 653.7 to 
666.7 K and the desulfurisation from 85.6% to 90.8 wt . % . The 
corresponding increase in the cracked feed was from 4.1 to 6.9 
w t . % and in the hydrogen consumption from 302 to 326 kg/h . Thus, 


operating temperature is a compromise 


between 


desulf Ur isation required and the extent of hydrocracking that can 
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TABLE 4.15 Comparison of Calculated Results with the Plant Data 
for Vacuum Distillate 



Plant 

Simulated 

% error 

S at the exitof 
the first bed, wt . % 

_ 

1.61 

— 

Temp, at the exit of 
the first bed, K 

- 

676.5 

- 

Temp, at the inlet of 
the second bed, K 

- 

650.7 

- 

S at the exit of 
the second bed, wt . % 

- 

0.80 

- 

Temp, at the exit of 
the second bed, K 

- 

670.0 

- 

Temp, at the inlet of 
the third bed, K 

- 

646.4 

- 

S at the exit of 
the third bed, wt . % 

0.51 

0.49 

-0.76 

Temp, at the exit of 
the third bed, K 

656.0 

653.8 


Temp, rise across the 
reactor, K 

25 

22.8 

-8.8 

H£ consumption, kg/h 

316 

302 

-4.4 

Uncracked feed, wt.% 

96.0 

95.9 

-0.146 

Desu If ur isation , wt.% 

85.0 

85.6 

+0.76 
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Pig. 4. 4 Effect of inlet temperature on reactor performance 
during HDS of Vacuum Distillate. 
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Fig. 4. 5 Effect of sulfur in feed on reactor performance 
during HDS of Vacuum Distillate feed. 
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be tolerated. 

An increase in the sulfur content of the feed from 3.4 
to 4.4 wt . % , increased the reactor temperature because of the 
increase in the rate of HDS (Figure 4.6). This temperature rise, 
in turn, increased the rate of hydrocracking and further increased 
the rate of desulfur isation . As a result, the extent of 
desulfurisation increased from 85.6 to 95.2 wt . % for a one 
percent increase in feed sulfur content. A comparison of 
Figures 4.3 and 4.6 shows that the temperature rise in the first 
bed for feed containing 4.4 wt . % of sulfur is 85 K whereas for the 
normal case it is only 46 K. However, the temperature rise in the 
second and third beds is lower for the higher sulfur content feed. 
This is attributed to the fact that because of the higher 
temperature and sulfur concentration, most of the desulfurisation 
is completed in the first bed resulting in low rates of 
desulfurisation reaction in the subsequent beds. The corresponding 
increase in the. cracked feed was from 4.1 to 10.5 wt . % . 
Hydrocracking reaction being first order was affected less than 
the desulfurisation reaction. 

4.11.2 Kerosene 

For kerosene, on the same catalyst (HT - 400E), three 
sets of data were available (Table 4.9). The temperature and 
extent of desulfurisation along the reactor for Set 3 is shown in 
Figure 4.7. The profiles for Sets 1 and 2 were similar and have 
not been shown. Since the reactor has been assumed to be 
adiabatic, both the reactor temperature and the extent of 
desulfurisation increase along the reactor length. A comparison of 
the calculated results and the plant data for all the three sets 
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Fig. 4. 6 Temperature and % desulfurisation profiles during 
HDS of Vacuum Distillate (4.4 wt% sulfur in feed). 
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is shown in Table 4.16. The discrepancy in predicting the extent 
of desulfurisation at the exit is a maximum of 5.9%. Except for 
Set 1, the temperature rise is within the specified limits. 

The effect of a change in reactor inlet temperature or 
sulfur content of the feed on the reactor performance was also 
studied for the 3rd set of operating data and are shown in Figures 
4.8 and 4.9, respectively. By increasing the reactor inlet 
temperature from 568 to 578 K, the desulfurisation increased from 
28.5 to 39.4 wt . % whereas the reactor exit temperature increased 
from 570.3 to 581.2 K. An increase in the sulfur content of the 
feed from 0.33 to 0.53 wt . % resulted in an increase in thejjf eactor 
exit temperature from 570.3 to 573.6 K. The extent of 
desulfurisation increased from 28.5 to 42.5 wt. % and the hydrogen 
consumption from 14.2 to 34.1 kg/h. Since the sulfur content of 
the feed is low, the temperature rise across the reactor is small. 

4.11.3 Diesel 

For the diesel feed, plant data were available for two 
types of catalysts. While Set A was for Procatalyse HR 304, the 
other 3 sets (Bl, B2, B3) were for Harshaw HT-400E. The 
temperature and extent of desulfurisation profiles along the 
length of the reactor for Set Bl are shown in Figure 4.10. The 
profiles for all the other sets were also similar and hence have 
not been shown. A comparison of the calculated results and the 
plant data for set A and set B is shown in Table 4 . 17A and 4.17B, 
respectively. The percent desulfurisation matched quite well in 
all the four cases, the maximum deviation being 5 %. The hydrogen 
consumption and the percent desulfurisationf or Set A deviated by 
19.2 and 4.9 % t respectively from the plant data. A possible 



154 


TABLE 4.16 Comparison of Calculated Results with Plant Data for 
Kerosene Feed 


1 


2 

3 


Plant 

Calc. % 

error 

Plant 

Calc. % Plant 

error 

Calc % 

error 

Reactor 
exit temp . , 

K 583-586 

588.9 - 

572-575 

575.1 - 570-573 

570.3 - 

Desulfuri- 
sation, wt.% 56.4 

56.9 0.9 

42.9 

41.4 -3.3 30.3 

28.5 -5.9 

H 2 consump- 
tion, kg/h 

52.5 

- 

29.9 

14.2 

Moles at the 
outlet , kmol/h 

434 

- 

396 

406.6 
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Fig .4. 9 Effect of sulfur in feed on reactor performance 
during HDS of Kerosene feed (set 3). 
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TABLE 4.17A Comparison of Calculated Results with Plant Data for 
Diesel Feed (Procatalyse HR-304 Catalyst) 


Set A 


Plant 

Calc . 

% 



error 


Exit reactor 
temp . , K 

649.0 

652.5 


Temp, rise across 
the reactor, K 

26 

29.5 

13.4 

H 2 consump- 
tion, kg/h 

109 

88.0 

-19.2 

Desulfur i- 
sation, wt . % 

90 

85.55 

-4.9 

V/F ratio at 
the inlet 

0.848 

0.8472 

-0.09 

V/F ratio at 
the exit 

0.899 

0.8683 

-3.3 

Moles at the 
outlet, kmol/h 

473.0 

488.0 

3.2 

Uncracked 
feed, wt . % 

96.38 

97.81 

1.5 


i 
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TABLE 4.17B Comparison of Calculated Results with Plant Data for 
Diesel Feed (HT-400E Catalyst) 


B1 

B2 

B3 


Plant Calc. % 

Plant Calc. % 

Plant Calc. 

% 

error 

error 


error 


Exit reactor 
temp . , K 

624.6 

- 

630 

- 625.0 

H 2 consump- 
tion, kg/h 

46.9 


48.6 

35.4 

Desulfuri- 
sat ion , wt . % 

67.6 65.5 

-3. 1 

60.96 58.15 

-4.6 49.16 47.5 -3.4 

V/F ratio at 
the inlet 

0.8522 


0.6602 

- 0.6502 

V/F ratio at 
the exit 

0.8591 


0.6482 

- 0.6426 

Moles at the 
outlet , kmol/h 

510 . 7 


293.0 

- 312.0 

Uncracked 
feed, wt.% 

98.9 


98.9 

99.1 
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reason for this discrepancy could be due to the assumption that 
desulfurisation in the vapour phase is negligible. For the other 
sets, these could not be compared due to lack of plant data. 
Although the calculated V/F ratio at the inlet of the reactor was 
in good agreement with the plant data; at the exit, the deviation 
was approximately 3.3 %. The discrepancy may be due to the ideal R 
values used in the calculation of the V/F ratio in this model. 
Since the reactor exit temperature is higher than that at the 
inlet, a higher V/F ratio is expected at the exit. This was found 
to be valid for Sets A and Bl. However, for Sets B2 and B3, the 
calculated V/F ratio at the exit is somewhat lower than that at 

I 

the inlet and this may be attributed to a larger uncertainty in 
estimation of this ratio because of smaller vapour fractions in 
these cases (~ 0.65) as compared to the other sets (~ 0.85 ). The 
error in predicting the weight percent feed cracked was 1.5 for 
Set A. The molar flow rate at the exit of the reactor deviated by 
3.2 % for the same set. 

The effect of variation in the reactor inlet temperature 
or sulfur content of feed for Set Bl was also studied as for the 
previous two HDS models and are shown in Figures 4.11 and 4.12, 
respectively. Thus, by increasing the reactor inlet temperature 
from 608 to 618 K, the reactor exit temperature increased from 
624.6 to 638.3 K, the percent desulfurisation increased from 65.5 
to 79.4, hydrogen consumption increased from 46.9 kg/h to 57.5 
kg/h and weight percent cracked feed , from 1.1 to 1.66. The exit 
temperature, percent desulfurisation, percent feed hydrocracked 
as well as the hydrogen consumption increased gradually with an 
increase in the reactor inlet temperature. However, the percentage 
change is lower than that for vacuum distillate and higher than 
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Fig. 4.11 Effect of inlet temperature on the reactor performance 
during HDS of Diesel feed (set B1) 
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Fig. 4. 12 Effect of sulfur in feed on reactor performance during 
HDS of Diesel feed (set B1) 
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that for kerosene because of the sulfur content of the diesel was 
between the two. 

By increasing the sulfur content of the feed from 1.2 to 
2.28 wt . X, the reactor exit temperature increased from 624.6 to 
641.6 K, percent desulfurisation increased from 65.5 to 85.5 wt . X , 
hydrogen consumption increased from 46.9 to 93.2 kg/h and weight 
percent feed hydrocracked from 1.1 to 1.57. The trend is similar 
to that observed for other feedstocks. 
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CHAPTER - 5 


CONCLUSIONS AND RECOMMENDATIONS 


5.1 CONCLUSIONS 

Reactor models for the hydrocracking and 

hydrodesulfurisation processes have been developed. These models 
require a limited number of inputs for predicting the reactor 
performance. The inputs required for the hydrocracking model are 
the TBP data, specific gravity data, flow rates and reactor 
conditions at the inlet. For the HDS models, in addition to the 
inputs required for the hydrocracking model, the sulfur content of 
the feed is also required. Inspite of the several simplifying 
assumptions, the model prediction were in good agreement with the 
available plant data. The hydrocracking model can predict the 
temperature profile along the length of the reactor, the yields of 
different products and the hydrogen consumption. The 
hydrodesulfurisation model predicts the temperature and percentage 
desulfurisation along the length of the reactor, the weight 
percent feed hydrocracked in the reactor and the overall hydrogen 
consumption. Due to lack of plant data, extensive validation of 
these models was not possible. 

5.2 RECOMMENDATIONS 

1) To improve the hydrocracking model, intrinsic kinetic data 
should be obtained experimentally on narrow boiling fractions. 
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Moreover, the effect of hydrocarbon type in the rates and 
product distribution should also be investigated. 

2) Catalyst deactivation data should be obtained from the plant. 

3) Extensive plant data is necessary for obtaining a generalised 
hydrocracking model. 

4) Information on the sulfur distribution in the feed, together 
with rate of HDS for these compounds, should be obtained to 
improve the model. 



APPENDIX - A 


PROGRAM DESCRIPTION FOR THE HYDROCRACKER MODEL 

1) USAGE 

The program evaluates the product distribution as well 
as the temperature at the exit of the first stage and second 
stage of a two-stage VGO hydrocracker . The MAIN program 
initialises certain variables, calls the major subroutine DGIL 
along with subroutines HTRXN and STENTH . The subroutine DGIL is 
called several times for the second stage in order to get 
convergence for the recycle stream. There are altogether eleven 
subroutines all in FORTRAN. 

2 SUBROUTINES REQUIRED 

SUBROUTINE DGIL: This major subroutine uses other subroutines like 
MIXCRI, to calculate the mixture critical properties, ENTHL,to 
calculate the rate constants at different temperatures, COENTH, to 
calculate the difference in enthalpy of the products and the 
reactants at reaction temperature and pressure. The differential 
heat and mass balance equations are solved using the 
Runge-Kutta-Gill method. 

SUBROUTINE KINDAT:This subroutine calculates the rate constants 
for the different reactions at every step as a function of 
temperature . 

SUBROUTINE PROP: This subroutine estimates the molecular weight, 
critical temperature, critical pressure, critical volume, acentric 
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factor and compressibility factor of the different fractions using 
the Lee-Kesler's correlations. 

SUBROUTINE HIXCRI : This subroutine calculates the critical 
properties of the mixture when the component critical properties 
are known. 

SUBROUTINE HTRXN : This subroutine estimates the heat of reaction 
for all the reactions on the basis of hydrogen consumed. 

SUBROUTINE PRODIS: This subroutine uses the Stangeland's model to 
predict the product distribution for the different components 
which undergo cracking. 

SUBROUTINE ENTHLrThis subroutine uses the subroutine PHILN to 
calculate the enthalpy of a mixture at reaction temperature and 
pressure . 

SUBROUTINE COENTH : This subroutine uses the subroutine PHILN to 
calculate the difference in enthalpy of the products and the 
reactants for all the reactions at reaction temperature and 
pressure . 

SUBROUTINE PHILN: This subroutine calculates the fugacity 
coefficient and partial fugacity co-efficient for a pure component 
and a mixture respectively based on Peng Robinson's equation of 
state . 

SUBROUTINE CUBEQ: This subroutine evaluates the three roots of a 
cubic equation analytically. 

SUBROUTINE STENTH : This subroutine calculates the difference in 
the enthalpy of the products and the reactants for all the 
reactions at standard temperature and pressure. 
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3) DESCRIPTION OF THE PARAMETERS 
MAIN: 


V 

SG 

FV 

FM 

P 

FT 

CC 

TB 

AK 

API 

R1 

FM2 

FM3 

AMOL 

HRT 

TC 

PC 

VC 

OMEGA 

TRW 

HW 

RNTH 


volumetric composition of the feed, % 

specific gravity of the components in feed at 60 °F 

o 

volumetric flow rate of the components in feed, m /h 
component mass flow rate, kg/h 

product distribution in terms of mass fraction for all 
the reaction 

Total volumetric flow rate, m /h 

mass fraction of the components in feed or product 

mid boiling point of the pseudo-components, °C 

reaction rate constant of different reactions 

API gravity of the components 

carbon-to-hydrogen ratio of the components 

component mass flow rate of the heavier products from 

the first stage fed to the second stage, kg/h 

component mass flow rate of the feed to the second 

stage, kg/h 

molecular weight of the components 

heat released during each reaction, kcal/kg 

critical temperature of the components, K 

critical pressure of the components, atm 

3 

critical volume of the components, cm / gmole 
acentric factor of the components 

mass of the reactant( oil ) required to yield unit mass 
of the cracked product, kg 

mass of hydrogen required to yield unit mass of 
the cracked product for each reactions, kg 

difference in enthalpy of the products and the 
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N 

Ml 

N2 

B 

Cl 

RHOB 

SUMF 

WHYI 

TEMP 

STEMP 

HPM 

A2 
VH 
N 1 

RHOH 

VCAT 

CPH 

PT 

ICON 


reactants at standard temperature and pressure, kcal/kg 
total number of components in the mixture 
component number of the lightest component which 
undergoes cracking 

number of steps of integration for each bed 

a parameter in Stangeland's model which determines the 

nature of the product distribution curve 

a parameter in Stangeland's model which determines the 

weight fraction of C4 and lighter fractions formed 

3 

density of catalyst bed, kg/m 

mass flow rate of the feed to the first stage, kg/h 
hydrogen content of the petroleum feed at the reactor 
inlet, kg/h 

inlet or outlet temperature of the feed or 
product stream, K 

the standard temperature ie . 25 °C 

hydrogen flow rate per cubic meter of feed at the 

3 3 

inlet of the reactor, Nm / (h) (m feed ) 
factor in the calculation of the rate constants 

3 

hydrogen flow rate at the inlet of each bed, Nm /h 

number of beds in the first stage 

density of hydrogen at normal temperature and 

3 

pressure, kg/Nm 

3 

volume of the catalyst per bed, m 

heat capacity of hydrogen at reaction temperature and 

pressure, kcal/kg K 

average reactor pressure, atm 

=1 if the temperature after every step increase is to 
be printed, otherwise, 2 
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QUENCH 

WH 

WHYE 

FMCP 

T2 

FHCP 

TH2 

REC 

RECC 

HSD 

HSDC 

ATF 

ATFC 

HNH 

HNHC 

C4L 

C4LC 

SUMF2 

FM2 


volume of hydrogen used for quenching the products 

between the beds, Nm /h 

mass flow rate of hydrogen, kg/h 

hydrogen content of the petroleum product at the exit 
of the reactor, kg/h 

product of mass flow rate and the specific heat of the 

mixture, kcal/(h) (K) 

outlet temperature of each bed, K 

heat content of the quench stream for stage '1', kcal 

* 

temperature of the quench stream, K 

mass flow rate of the liquid product fed to the second 
stage, kg/h 

I 

mass fraction of the liquid product fed to the second 
stage 

flow rate of the high speed diesel(HSD) fraction 

produced in the first stage, kg/h 
mass fraction of HSD fraction 

flow rate of aviation turbine fuel(ATF) fraction 

produced in stage 1, kg/h 
mass fraction of ATF fraction 

flow rate of the fraction boiling between C^-140 °C, 

kg/h 

mass fraction of HNH 

flow rate of C4 and lower fraction produced in stage 1, 
kg/h 

mass fraction of C4L 

feed to the second stage from stage 1 (ie. REC), kg/h 
component mass flow rate to the second stage from 
first stage, kg/h 
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CC2 

RH02 

FTS 

SUM2 

HI 

FHCP1 

SUMF3 

RH03 

NR 

SUM 

CN 

REC1 

REC1C 

HSD1 

HSD1C 

C4L1 

C4L1C 

ATF1 

ATF1C 

HNH1 


mass fraction of the components to the second stage 
from stage 1 

density of the oil fed to the second stage 

from stage 1 

total volumetric flow rate to the second stage, m /h 
total mass flow rate to the second stage, kg/h 
number of beds in the second stage 

product of the mass flow rate and heat capacity of the 
quench stream for the second stage 

mass flow rate of the recycle stream from the second 
stage, kg/h 

density of the recycle stream from the second 

3 

stage, kg/m 
iteration number 

calculated total mass flow rate to the second stage, 
kg/h 

calculated mass fraction of each component in the 
recycle stream from second stage 

mass flow rate of the recycle stream from the second 
stage, kg/h 

mass fraction of the recycle stream to the second 
stage 

mass flow rate of HSD from the second stage, kg/h 
mass fraction of HSD from second stage 
mass flow rate of C4 and lighter fractions, kg/h 
mass fraction of C4 and lighter fractions 
mass flow rate of ATF from second stage, kg/h 
mass fraction of ATF from second stage 

mass flow rate of the fraction boiling between C4-140°C 
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HNH1C 

RECT 

HSDT 

HNHT 

ATFT 

C4LT 

HSDTC 

HNHTC 

ATFTC 

C4LTC 

SUBROUTINE 

CC0 

BV 

TEMPI 

AK0 

FMC0 

DCOH 

RHOF 

TBPP 


from second stage, kg/h 

mass fraction of naphtha from second stage 

total feed to the second stage (recycle from first 

stage + recycle from second stage), kg/h 

total flow rate of HSD from first and second stage, 

kg/h 

total flow rate of HNH from first and second stage, 
kg/h 

total flow rate of ATF from first and second stage, 
kg/h 

total flow rate of C4 and lower fraction, kg/h 

mass fraction of HSD based on total products from 

stage 1 and stage 2 

mass fraction of HNH based on total products from 
stage 1 and stage 2 

mass fraction of ATF based on the total products 
formed stage 1 and stage 2 

mass fraction of C4 and lower fractions based on total 
product from stage 1 and stage 2 
DGIL : 

component mass fraction 

1 3 

volume of the catalyst, m 

temperature of the mixture, K 

specific rate constants of the reactions, 

kg feed/ (kg cat. )(h) 

product of mass flow rate and specific heat^ kcal/K 

heat generated per kg of catalyst, kcal 

3 

density of the mixture, kg/m 

mid boiling point of the components, °C 
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SUMF0 

PT 

T 

HRT1 

SGI 

WH1 

CPH1 

R1 

TC2 

VC 2 

AMOL 

OMEGA 

PC2 

TRW 

HW 

RNTH 

ICON 

X 

XI 
W1 
H 


mass flow rate of the mixture, kg/h 

average reactor pressure, atm 

temperature at the exit of the bed, K 

heat released during each reaction, kcal/ kg reactant 

specific gravity of the components 

mass flow rate of hydrogen, kg/h 

heat capacity of hydrogen, kcal/(kg)(K) 

carbon-to-hydrogen ratio 

critical temperature of the components, K. 

critical volume of the components, cm /gmole 

molecular weight of the components 

acentric factor of the components 

critical pressure of the components, atm 

mass of liquid reactant per unit mass of product for 

each reaction, kg 

mass of hydrogen required per unit mass of product for 
each reaction, kg 

enthalpy of the liquid reactant at standard conditions 
for each reaction, kcal/kg 

=1 if temperature is to be printed at every step, 
otherwise 2 

=0 , mass fraction of catalyst at the inlet of the bed 
=1, mass fraction of catalyst at the exit of the bed 
total mass of the catalyst per bed 
step size for integration 


D6,QQ,Q, 


AA , B , C 
FMF1 


parameters in Runge-Kutta-Gill method 

mol fraction of the components in the reaction mixture 
enthalpy of the liquid mixture at reaction temperature, 


ENTH1 
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kcal/kg 

P product distribution based on unit mass of the product 

RENTH enthalpy of the liquid reactant at reaction 

temperature for each reaction, kcal/kg 
DC change in the mass of the reactants due to reaction 

DCM = dC/dX 

DCOH heat generated due to reaction , kcal/kg 

D,D1,D2 

D3,DD,DD1 parameters in Runge-Kutta-Gill method . 

FMC0 product of mass flow rate and specific heat of the 

reaction mixture plus product of mass flow rate and 

specific heat of the gaseous reactant, kcal/(K)(h) 

DCE =dT/dX 

SUBROUTINE KINDAT 
TEMP2 reaction temperature, K 

TBP mid boiling point of the components, °C 

AK1 specific rate constant of all the reactions, 

kg reactant/(kg catalyst)(h) 

N total number of the components 

Ml component number of the lightest component undergoing 

cracking 

X Arrhenius expression for a component having a boiling 

point of 365 °C(638 K) 

AKT1 relative rate constant at reaction temperature for 

all the reactions 

AK1 specific rate constants for all the reactions 

SUBROUTINE PROP: 

TB1 mid-boiling point of the components, °C 

specific gravity of the components 


SGI 
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number of components 

critical temperature of the components, K 
critical pressure of the components, atm 

• . O 

critical volume of the components, cm /gmole 
molecular weight of the components 
acentric factor of the components 
mid-boiling point in degree Rankine or Kelvine 
reduced normal boiling point 

the numerator and denominator terms in the Lee- 
Kesler's correlation for calculating the acentric 
factor 

critical compressibility factor of the components 

SUBROUTINE MIXCRI : 

CC0 mass fraction of the components 'based on the mass of 

the liquid reaction mixture 

TCM mean critical temperature of the liquid reaction 

mixture, K 

AMW1 molecular weight of the components 

FMF mole fraction of the components based on the total 

moles of liquid reactant 

AM required for conversion of mass fraction to mole frac- 

tion 

VCM mixture critical volume calculated by using mixing 

3 

rule, cm /gmole 
SUBROUTINE HTRXN : 

M component number of the lightest component undergoing 

cracking 


N 

TCI 

PCI 

VC1 

AMW 

OMEGA 

TB2 

TBR1 

A1,A2 

ZC 


N 


total number of components 
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HW 

TBPP 

L 


carbon-to-hydrogen ratio of the components 
P product distribution based on unit mass of the product 

for all the reactions 

HRT1 heat of reaction at standard conditions, kcal/kg 

reactant 

TRW mass of the liquid reactant per unit mass of product 

for all the reactions 

mass of hydrogen required per unit mass of product for 
all the reactions 

mid-boiling point of the components, °C 

=1 for stage 1 and equal to 2 for stage 2 if heat of 
reaction is different for both the reactor 
C mass of carbon present in the product per unit mass of 

product 
SUBROUTINE PRODIS 

B,C parameters in Stangeland's model for predicting the 

hydrocracker yield 

TB1 mid-boiling point of the components, °C 

P product distribution per unit mass of the product for 

all the reactions 

PY cumulative product distribution till the ith component 

PY2 cumulative product distribution till (i-l)th component 

SUBROUTINE ENTHL : 

TC critical temperature of the components, K 

PC critical pressure of the components, atm 

OMEGA acentric factor of the components 

PT pressure at which the enthalpy is to be calculated, atm 

T temperature at which enthalpy is to be calculated, K 

Y mole fraction of the components based on the total 
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moles of liquid reaction mixture 
ENTH enthalpy of the liquid reaction mixture, kcal 

SGI specific gravity of the components 

TBPP mid-boiling point of the components, °C 

N total number of the components 

AMW molecular weight of the components 

HILN,PHIL1 partial fugacity co-efficient 
PHI,PHI1 fugacity co-efficient 
HEX excess enthalpy , kcal/kg 

R universal gas constant, kcal/( kmol ) (K) 

AVWM average molecular weight of the liquid reaction 

mixture 

TR temperature in R 

TF temperature in °F 

HIDL enthalpy of an ideal gas mixt ture at reaction tempera- 

ture, kcal/kg 

HID enthalpy of an ideal gas at reaction temperature, 

kcal/kg 
SUBROUTINE COENTH : 

TC2 critical temperature of the components, K 

PC2 critical pressure of the components, atm 

OMEGA acentric factor of the components 

PT reaction pressure, atm 

T reaction temperature, K 

RENTH enthalpy of the products minus enthalpy of the 

reactants, kcal/kg 

SGI specific gravity of the components 

TBPP mid-boiling point of the components, °C 

N total number of components 
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AMOL 

TRW 

HW 

P 

R 

Y 


HILN 

PHIL 

PHI , PHI 1 

TR 

TF 

HEX 

ENTH 

HC 


molecular weight of the components 

mass of liquid reactant per unit mass of the product 
for all the reactions 

mass of hydrogen required per unit mass of the product 
for all the reactions 

product distribution per unit mass of the product for 
all the reactions 

universal gas constant, kcal/kmol K 

mole fraction of the components based on total moles of 
liquid reactants 

partial fugacity co-efficient of the components 

fugacity coefficient of the components 
temperature in Rankine 
temperature in °F 

excess enthalpy of the components, kcal/kg 
enthalpy of the components, kcal/kg 

enthalpy of unit mass of hydrogen at reaction 
temperature and pressure, kcal 


SUBROUTINE PHILN: 

TC critical temperature of the components, K 

PC critical pressure of the components, atm 

OMEGA acentric factor of the components 

PT reaction pressure, atm 

T reaction temperature, K 

Y mole fraction of the components based on total moles of 

liquid reactants 

HILN partial fugacity co-efficient of the components 

fugacity co-efficient of ther components 


PHI 
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N total number of components 

L =1 for calculating fugacity co-efficient 

=2 for calculating partial fugacity co-efficient 
TR reduced temperature 

A1,B1,ALFA various parameters in Peng-Robinson 's equation of 
ALFAA,A,B state 
ALF , YALF 

Z compressibility factor 

SUBROUTINE CUBEQ: 

A0,B0 parameters in Peng-Robinson ’ s equation of state 

B1,C1,D1 co-efficients of Peng-Robinson ' s cubic equation of 

state 

P1,P2 parameters in the analytical method for finding the 

Q1,Q2 roots of a cubic equation 

Rl, PHI 

Z0 compressibility factor 

SUBROUTINE STENTH : 

SGI specific gravity of the components 

T temperature at which enthalpy is to be calculated, °C 

TB mid boiling point of the compoents, °C 

RNTH enthalpy of the products minus the reactants, kcal/kg 

TRW mass of liquid reactant per unit mass of product 

HW mass of hydrogen required per unit mass of product 

AHOL molecular weight of the components 

P product distribution per unit mass of product for all 

the reactions 
N 


TBK 


total number of components 
mid-boiling point in Kelvine 
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ENT enthalpy of the components, kcal/kg 

CPH heat capacity of hydrogen at temperature T, kcal/kg K 

HEN enthalpy of unit mass of hydrogen at T, kcal 

4) DIMENSION REQUIREMENTS : 

The DIMENSION statement in the MAIN program as well as 
in the subroutines should be modified according to the 
requirements of a specific problem. N refers to the number of 
pseudo- components in the feed. 

MAIN: 

DIMENSION V(N),SG(N),FV(N),FM(N),P(N,N),CC(N),TB(N) , CCN(N ) , AK(N ) 
API(N),R1(N),FM2(N),CC2(N),FM3(N),CC3(N), FM4(N ) 
AMOL(N),HRT(N),TC(N),TC(N),PC(N> , VC(N) ,OMEGA(N) ,TRW(N) 
HW(N),RNTH(N),FN(N),CN(N) 

SUBROUTINE DGIL 

DIMENSION CC0(N ) ,Q(N),AA(4),B(4),C(4),DC(N),FM0(N), AK0(N ) 

TBPP( N ) , P(N , N ) , DCM( N ) , AMOL(N ) ,HRT1(N),DE(N),R1(N) 
SGrl(N),TC2(N),VC2(N),V2(N),CD(N),PC2(N), OMEGA (N ) 

FMF1(N ),TRW(N),HW(N), RENTH(N ) , RENTH(N) , RNTH(N) 

SUBROUTINE KINDAT 

DIMENSION TBP ( N ) , ART 1(N),AR1(N) 

SUBROUTINE PROP 

DIMENSION AMW(N),SG1(N),TB1(N),TC1(N),PC1(N),VC1(N),TBK(N),R1(N) 
TB2(N ) , OMEGA(N ) ,TBR1(N),ZC(N) 

SUBROUTINE MIXCRI 

DIMENSION TC 1 ( N ) , VC 1 ( N ) , FMF ( N ) , CC0 ( N ) , AM ( N ) , SGI ( N ) , AMW 1 ( N ) 

SUBROUTINE HTRXN 

DIMENSION R1(N),C(N),HW(N),P(N,N),TRW(N),HRT1(N) 
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SUBROUTINE PRODIS: 

DIMENSION TB1(N),PY(N,N),P<N,N),Y(N) 

SUBROUTINE ENTHL : 

DIMENSION TC(N ) , PC(N) , OMEGA(N ) ,Y(N),SG1(N),HILN(N+1),PHIL1(N+1) 
PHI(N+1),PHI1(N+1), AMW(N ) , AK(N ) , HID(N ) 

SUBROUTINE COENTH: 

DIMENSION TC2(N),PC2(N), OMEGA(N ) ,Y(N),HILN(N+1),PHI(N+1) 

PHI1(N+1),PHIL1(N+1),HIDL(N),HEX<N),RENTH<N),ENTH<N) 
AMOL(N ),TRW(N),HW(N),SG1(N),P(N,N) 

SUBROUTINE PHILN: 

( 

DIMENSION TC(N ) ,PC(N ) , OMEGA ( N ),Y(N),A(N+1),B(N+1),Z(N+1,3) 

ALFAA(N ) ,HILN(N+1),PHI(N+1),TR(N), YALF(N ) , A1(N+1 ) 

B1(N ) 

SUBROUTINE CUBEQ : 

DIMENSION A0(N+1),B0(N+1),Z0(N+1,3) 

SUBROUTINE STENTH : 

DIMENSION TB(N ) , RNTH (N ) ,TRW(N),HW(N),ENT(N),AMOL(N),P(N,N) 


5) INPUTS TO BE SUPPLIED BY THE USER 

1 . Number of components 

2. Component number of the lightest component undergoing cracking 

3. Number of steps for integration 

4. Mid-boiling point of the fraction, °C 

5. API gravity of the components 

6. Carbon-to-hydrogen ratio of the components 

7. Volumetric composition of the components in the feed, % 

8. Parameter 'B' and 'C' for Stangeland's model 

3 

9. Bulk density of the catalyst bed, kg/m 

3 

10. Total volumetric feed flow rate to the reactor, m /h 
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Q 

11. Hydrogen flow rate to the reactor, Nm /h 

12. Inlet temperature of the reactor, K 

13. Density of hydrogen at NTP, kg/Nm^ 

3 

14. Volume of catalyst per bed and number of beds, m 

15. Average reactor pressure, atm 

16. Heat capacity of hydrogen at reaction temperature and 
pressure, kcal/(kg)(K) 

3 

17. Hydrogen quenching rate between the beds, Nm /h 

18. Temperature of the quenching stream, K 

19. Feed flow rate and hydrogen flow rate to the second stage, 

3 3 

m /h and Nm /h respectively 

20. Inlet reactor temperature of the second stage 

21. Volume of catalyst per bed in the second stage and number of 
beds, m^ 

22. Average reactor pressure of the second stage, atm 

3 

23. Hydrogen quenching rate between the beds, Nm /h 

24. Temperature of the quenching stream, K 

25. Maximum number of iterations and convergence criteria ie. the 
minimum difference between two consecutive iterations 
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C******************************************************************** 
C PROGRAM FOR PREDICTING HYDROCRACKER YIELD USING STANGELAND MODEL 
C*********** ********************************************************* 
DIMENSION V(25),SG(25),FV(25),FM(25),P(25,25),CC(25),TB(25) 
1,AKT(25),DC(25),CCN(25), AK(25) , API (25), Rl(25) 

1, FM2(25),CC2(25),FM 3(25), CC 3(25), AMOL(25 ) , HRT( 25 
1),TC(25),PC(25),VC(25), OMEGA( 25 ) ,TRW(25),HW(25), RNTH( 25 ) 

1 , CN( 25) , FN( 25 ) 

^ %JLf U/ xJL/ V^ 1 ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ vj/ O/ ^ ^ V I ^ »!■> ^ ^ ^ ^ i jy % X* U/ ^ d J vjt ■# vb \ 1> d > d, % >> vj -» JU ^ db> ^ dj d J vL d / d < d j dj ^ d^ ^ ^L# vl> ^ <d> ^ 

C N=NO . OF PSEUDO-COMPONENTS 

C M1=C0MP0NENT NO. OF THE LIGHTEST COMPONENT UNDERGOING CRACKING 

C N2=N0 . OF STEPS USED FOR SOLVING THE DIFFRENTIAL EQUATIONS 

C USING RUNGE-KUTTA-GILL METHOD. 

/"I ^ ^ ^ ^ db Jb ^ ^ ^ ^ Ob> ^ ^ ^ * 1/ * l -« » liv ^ ^ V l> v i / ^ kl# k Lf dj tlk vl > v|/ «, d/ jl# « l> dU d, « r « i |* d # dv «■ I ^ dLr dh dN vly ^ l L« d y dU >T« dj d/ d* dU *lL* vL> %-ij* d * d > >. t> d* 

4 H^ ^ ^ ^ ^ ^ ^ ^ «h^ 

N=23 
Ml=6 
N2 = 25 

READ (21,*) (TB(I),I=1,N) 

RE AD (21,*) ( API( I ) , 1=1 , N ) 

RE AD (21,*) (R1(I ) , 1=1 ,N) 

READ (21,*)(V(I),I=1,N) 

B= . 7 

Cl= . 37 

DO 23 1=1, N 

SG(I)=141.5/(API(I)+131.5) 

23 CONTINUE 

CALL PROP( TB , SG , N , TC , PC , VC , AMOL , OMEGA ) 

C DO 3 1=1,23 

C WRITE( 62 , 1 ) 

C 1 F0RMAT(4X, 'TC K',6X,'PC ATM ', 6X, 'AMOL ', 6X, 'OMEGA' ) 

C WRITE( 62 , 2) TC( I ) , PC( I ) , AMOL( I ) , OMEGA (I ) 

C 2 FORMAT ( 2X, F6.2,6X,F6.2,6X,F7.2,6X,F6.4) 

C 3 CONTINUE 

CALL PRODIS(B , Cl , TB , P , N , Ml ) 

C WRITE ( 62 , 602)((P(I,J),J=1,N-2),I=1,N) 

C 602 F0RMAT(2X,21(F4.3, 1X)/2X) 

C RHOB=BED DENSITY 

RH0B=741. 

52 SUMF=0. 

WHYI=0 . 

DO 40 1=1, N 
FT=227 . 

FV(I )=V(I )*FT/100 . 

FM(I )=FV(I )*SG(I )*1000 . 

WHYI=WHYI+FM( I)/(R1(I)+1. ) 

SUMF=SUMF+FM( I ) 

40 CONTINUE 

RHOF=SUMF/(FT*1000 . ) 

DO 50 1=1, N 
CC(I )=FM(I )/SUMF 
50 CONTINUE 

CALL HTRXN(M1 , N , SG, R1 , P , HRT , TRW , HW , TBP , 1 ) 

WRITE( 62 , * ) HRT 
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TEMP=INLET TEMP. OF THE REACTOR IN 'K ' 

STEMP=REFERENCE TEMPERATURE =25 DEG. CENTIGRADE 
HPM=HYDROGEN PER M**3 OF FEED 
RHOH=DENSITY OF HYDROGEN AT NTP 
VCAT=VOLUME OF CATALYST PER BED 

CPH=SP . HEAT OF HYDROGEN AT REACTION TEMP. AND PRESSURE 
PT=AVERAGE PRESSURE OF THE REACTOR 

QUENCH= VOLUME OF HYDROGEN USED FOR COOLING FOR EACH BED 
N l=NO . OF BEDS 

C ****** * *** ** J*e 3tc^to<c * *** ******* * X; * **** *** * ** * ** * *** * ** ** ** ** * ** ** ** * * ** * 

TEMP=672 . 

STEMP=25 . 

CALL STENTH ( SG , STEMP , TB , RNTH , TRW , HW , AMOL ,P,N) 

A2= . 9906 

CALL KINDAT(TEMP,TB, AK,N,A2,M1) 

WRITE(23,*) AK 
HPM=800 . 

VH=FT*HPM 
N 1=4 

RHOH=. 08995 
VCAT=37 . 3 
CPH=3 . 5 
PT=176 . 

QUENCH=43583. 

DO 69 11=1, HI 

WH=VH*RHOH 

ICON=l 

CALL DGIL ( CC , M 1 , N , N2 , VC AT , FM , TEMP , AK , FMCP , RHOF , RHOB , TB 
1 , SUMF , P , T2 , HRT , SG , WH , CPH , R1 , TC , VC , AMOL , OMEGA , PC , TRW , 

1HW , RNTH , A2 , PT , ICON ) 

WHYE=0 . 

DO 51 1=1, N 

WHYE=WHYE+FM( I )/ ( Rl( I )+ 1 . ) 

51 CONTINUE 

WRITE ( 62 , * )TEMP , T2 , FMCP 
VH=VH+QUENCH 
IF(I1.EQ.4)G0 TO 69 
TH2=361 . 

FHCP=CPH*QUENCH*RHOH 

TEMP = (FMCP*T2-*tFHCP*TH2)/(FMCP+FHCP) 

WRITE( 62 , * )TEMP 
69 CONTINUE 

WRITE( 62 , 65 ) 

65 FORMAT (/// ) 

HCON=WHYE-WHYI 

WRITE(62, 68) A,B,C1,A2,HC0N 

68 FORMAT (3X, ' A= ' , F5 . 2 , 'B= ' , F5 . 2 , 'C= ' , F5 . 2 , 'K= ' ,F5 .3, 'HCON= ' , 
1F9.2) 

WRITE( 62 , 401 ) 

401 FORMAT ( IX, //6X, 'FM',9X, 'CC',9X, 'I',8X, 'SUMF') 

DO 42 1=1, N 

WRITE( 62,402) FM ( I ) , CC ( I ) , I , SUMF , TEMP , T2 
42 CONTINUE 

402 FORMAT ( IX, IX, F10 . 2 , 4X , F7 . 5 , 3X, 13 , 3X, F10 . 2 , 3X, F7 . 2 , 3X, F7 . 2 ) 
REC=0 . 

RECC=0 . 
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HSD=0. 

HSDC=0 . 

ATF=0 . 

ATFC=0 . 

HNH=0 . 

HNHC=0 . 

C4L=FM( 1 ) 

C4LC=CC( 1 ) 

DO 43 1=16, N 

IF (I.EQ.16) REC=REC+FMd)*20./25. 

IF(I .EQ. 16)RECC=RECC+CC(I)*20./25. 

IF(I.EQ.16) GO TO 43 
REC=REC+FM( I ) 

RECC=RECC+CC( I ) 

43 CONTINUE 

DO 45 1=11,16 

IF(I.EQ. ll)HSD=HSD+FM(I)*l5./25. 

IF(I.EQ. 11 )HSDC=HSDC+CC( I )*15 . /25 . 

IF(I . EQ . 16 )HSD=HSD+FM (I )*5 . /25 . 

IF(I . EQ . 16 )HSDC=HSDC+CC( I )*5 . /25 . 

IFd.EQ. 11. OR. I.EQ.16) GO TO 45 
HSD=HSD+FM( I ) 

HSDC=HSDC+CC( I ) 

45 CONTINUE 

DO 47 1=7,11 

IF(I .EQ. ll)ATF=ATF+FMd)*10./25. 

IF( I . EQ. 11 )ATFC=ATFC+CC( I )*10 . /25 . 

IF(I.EQ. ll)GO TO 47 
ATF=ATF+FM( I ) 

ATFC=ATFC+CC( I ) 

47 CONTINUE , 

DO 49 1=2,6 
HNH=HNH+FM( I ) 

HNHC=HNHC+CC( I ) 

49 CONTINUE 

WRITE( 62 , 95 ) REC,HSD, ATF 

95 FORMAT( IX, ' REC= ' ,F10 . 3, 'HSD= ' , F10 . 3, IX, ' ATF= ' , F10 . 3) 

WRITE( 62 , 96 ) HNH,C4L 

96 FORMAT(2X, 'HNH= ' , F10 . 3 , IX, 'C4L= ' , F10 . 3) 

W RITE ( 62 , 98 ) RECC , HSDC , ATFC , HNHC , C4LC 

98 FORMAT ( 2X, ' REC CONC= ' , F8 . 6 , IX, 'HSDC= ' , F8 . 6, IX, ' ATFC= ' , F8 . 6, 
2 IX, 'HNHC=',F8.6,1X, 'C4 AND LOWER CONC=',F8.6) 

SUMF2=0 . 

DO 72 1=16, N 

IF(I .EQ.16)FM2(I)=FM(I)*20./25. 

IFd.EQ. 16)G0 TO 201 
FM2( I )=FM( I ) 

201 SUMF2=SUMF2+FM2( I ) 

72 CONTINUE 
RHO2=0 . 

DO 73 1=16, N 

CC2( I )=FM2(I )/SUMF2 

RH02=RH02+CC2( I )*SG( I ) 

73 CONTINUE 
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RECYCLE AND PRODUCT DISTRIBUTION CALCULATIONS FOR THE SECOND 
STAGE 

FTS=VOLUMETRIC FEED RATE TO THE SECOND STAGE 
TEMP=INLET TEMP. OF THE SECOND STAGE REACTOR 
TH2=TEMP .OF THE HYDROGEN QUENCH 
C** ************* X(****)f:^****>»:****^*^**5f:**^**^**i(o«^5t:***Xo«**^X<*it:>t:*^***** 
RHO2=RHO2*1000. 

FTS=202 . 

SUM2=FTS*RH02 

NR=0 

103 WHYI=0 . 

NR=NR+1 
DO 81 1=1, N 

WHYI=WHYI+SUM2*CC2( I )/( Rl( I )+l . ) 

81 CONTINUE 
TEMP=644 . 

VH=FTS*HPM 
A2 = . 7844 
ICON=2 
VCAT=50 . 

PT=172 . 5 
QUENCH=8400 . 

N 1=3 

DO 71 11=1, N1 
WH=VH*RHOH 

CALL DGIL(CC2 ,M1,N,N2, VCAT , FM3 , TEMP , AK , FMCP , RHOF , RHOB , TB 
1 , SUM2, P , T2 , HRT , SG, WH , CPH , R1 , TC , VC , AMOL , OMEGA, PC , TRW , HW 
1 , RNTH , A2 , PT , ICON ) 

WHYE=0 . 

DO 83 1=1, N 

WHYE=WHYE+ FM3( I )/( R1 ( I )+l . ) 

83 CONTINUE 

WRITE( 62 , * )TEMP , T2 , FMCP 

VH=VH+QUENCH 

IF( I 1 . EQ . 3 )GO TO 71 

TH2=354 . 

FHCP l=QUENCH*RHOH*CPH 
TEMP=(FMCP^T2+FHCP1*TH2)/(FMCP+FHCP1) 

71 CONTINUE 
SUMF3=0 . 

RHO3=0 . 

DO 74 1=16, N 

IF(I .EQ. 16)SUMF3=SUMF3+FM3(I)*20./25. 

IF(I .EQ. 16)RHO3=RHO3+SG(I)*FM3(I)*20./25. 

IF( I . EQ . 16 )GOTO 74 
SUMF3=SUMF3+FM3( I ) 

RH03=RH03+SG( I )*FM3( I ) 

74 CONTINUE 

RHO3=RHO3*1000 . /SUMF3 
SUM=SUMF3+SUMF2 

IF( ABS(SUM-COM ) . LE . 40 . ) ICON=l 
IF( ABS(SUM-COM) .LE . 10) GO TO 78 
SUM2=FTS*( RH03*SUMF3+RH02*SUMF2 )/SUM 
WRITE(62, 101 )SUM ,COM , NR 

FORMAT (3X, 'SUM=* ,F10.3,2X, 'COM=' ,F10.3,3X, 'NR=',I3> 

COM=SUM 


101 
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DO 82 1=16, N 

IF(I.EQ. 16) CN(I)=FM3(I)*20./(SUMF3*25. ) 

IF(I .EQ. 16)GO TO 803 
CN(I)=FM3(I)/SUMF3 
803 FN( I )=CN ( I )*( SUM2-SUMF2 ) 

82 CONTINUE 

DO 75 1=1, N 

CC2(I)=(FM2(I )+FN(I ) )/SUM2 
IF( I . LT . 16 ) CC2(I )=0 . 

75 CONTINUE 

IF(NR . GE . 10 ) GO TO 78 
GO TO 103 

78 WRITE (62,612) SUMF3 , NR, TEMP 

612 FORMAT (/4X, ' SUMF3= ' , F8 . 1 , 2X, ' NR= ' , 13 , 2X, ' TEMP= ' ,F6 . 2, / ) 
WRITE (62,614) 

614 FORMAT (/11X, 'FM3 ' , 9X, 'CC2 ' , 10X, ' I ' , / ) 

DO 86 1=1, N 

WRITE(62, 613) FM3( I ) ,CC2( I ) , I 

613 FORMAT (/8X, F8 . 1 , 5X, F8.5,5X, 13) 

86 CONTINUE 

REC1=0 . 

REC1C=0 . 

HSD1=0 . 

HSD1C=0 . 

ATF1=0 . 

ATF1C=0 . 

HNH1=0 . 

HNH1C=0 . 

C4L1=FM3( 1 ) 

C4L1C=CC2( 1 ) 

DO 53 1=16, N 

IF(I .EQ.16)RECl=RECl+FM3(I)*20./25. 

IF( I . EQ . 16 )REC1C=REC1C+CC2( I )*20 . /25 . 

IF( I . EQ . 16 )GO TO 53 
REC1=REC1+FM3( I ) 

REC1C=REC1C+CC2( I ) 

53 CONTINUE 

DO 55 1=11,16 

IF(I.EQ.ll) HSDl=HSDl+FM3(I)*15./25. 
IF(I.EQ.ll)HSDlC=HSDlC+CC2(I)*15./25. 

IF(I .EQ. 16)HSD1=HSD1+FM3(I )*5 ./25 . 

IF( I . EQ . 16 )HSD1C=HSD1C+CC2( I )*5 . /25 . 

IF(I.EQ.11.0R.I. EQ . 16 ) GO TO 55 
HSD1=HSD1+FM3( I ) 

HSD1C=HSD1C+CC2( I ) 

55 CONTINUE 

DO 57 1=7,11 

IF(I.EQ.ll) ATFl=ATFl+FM3(I)*10./25. 

IF(I.EQ.ll) ATF1C=ATF1C+CC2(I )*10 ./25 . 

IF (I . EQ. ll)GO TO 57 
ATF1=ATF1+FM3( I ) 

ATF1C=ATF1C+CC2( I ) 

57 CONTINUE 

DO 59 1=2,6 
HNH1=HNH1+FM3( I ) 

HNH1C=HNH1C+CC2( I ) 

59 CONTINUE 
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WRITE(62, 105) REC1 , HSD1 , ATF1 

105 FORMAT (//IX, ' REC1 = ' , F10 . 3 , 'HSD1= ' , F10 . 3 , IX, ' ATF1= ' , F10 . 3 ) 
WRITEC62, 106) HNH1,C4L1 

106 FORMAT(//2X, 'HNH1= ' ,F10 .3, IX, 'C4L1= ' ,F10 . 3) 

WRITE(62, 108) REC1C , HSD 1C , ATF1C , HNH1C, C4L1C 

108 FORMAT(//2X, 'REC1 CONC= ' , F8 . 6 , IX, 'HSD1C= ' , F8 . 6 , IX, ' ATF1C= ' ,F8 . 6, 
2 IX, 'HNH1C=',F8.6,1X, 'C4 AND LOWER C0NC=',F8.6) 

RECT=REC+REC1 

HSDT=HSD+HSD1 

ATFT=ATF+ATF 1 

HNHT=HNH+HNH1 

C4LT=C4L+C4L1 

T0T=HSDT+ATFT+HNHT+C4LT 

RECTC=RECT/TOT 

HSDTC=HSDT/TOT 

HNHTC=HNHT/TOT 

ATFTC=ATFT/TOT 

C4LTC=C4LT/T0T 

WRITE( 62,95) RECT , HSDT , ATFT 

WRITE( 62 , 96 )HNHT , C4LT 

WRITE( 62 , 98 ) RECTO , HSDTC , ATFTC , HNHTC , C4LTC 
HCON=WHYE-WHYI 
WRITE( 62 , 99 )HCON 
99 FORMAT (4X, 'HCON= ' ,F10 . 2) 

300 STOP 
END 

i 

/""% .1^ * JN t li % | ^ ^ ^ L. ^ ^ ^1/ .1, ^ I > \ vJ L/ ^ i J L/ UL/ >-l > %JI m vly J/ %1/ %JL< \Jui vL/ >. vb ^ ^ Ob ^ ^ sjLt db ^ ^ ^ \JL/ >JLr ^ vL/ dv ^ ^ ^ ^ ^ OU ^ ^ ^ ^ ^ 

Ip ^ ^ ^ ^ ^ /|s ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ HP * ^ ^ * -TP ^ ^ ^ ^ ^ HP ^ 

THIS SUBROUTINE USES THE RUNGE-KUTTA-GILL METHOD FOR 
DETERMINING THE SOLUTION OF THE MASS AND ENERGY BALANCE 
DIFFERENTIAL EQUATIONS 

SUBROUTINE DGIL (CC0 , M 1 , N , N2 , BV, FM0 , TEMP 1 , AK0 , FMC0 , RHOF , RHOB 
1 , TBPP , SUMF0 , P , T , HRT 1 , SGI , WH 1 , CPH1 , R1 , TC2 , VC2 , AMOL , OMEGA , 

1PC2 , TRW , HW , RNTH , A2 , PT , ICON ) 

DIMENSION CC0( 25 ),Q(25),AA(4),B(4),C(4),DC(25), FM0(25 ) , AK0( 25 ) 
1,TBPP(25),P(25,25), DCM( 25 ) , AMOL( 25),HRT1(25),R1(25), 
1SG1(25),TC2(25),VC2(25),PC2(25) 

1 , OMEGA ( 25 ) , FMF (25),FMF1(25),TRW(25),HW(25), RENTH( 25 ) , RNTH ( 25) 
X=0. 

Xl = l. 

Nl = l 

W1=RH0B*BV 

H= ( XI -X) /FLOAT ( N2 ) 

D6=H* . 5 
X=X+D6 
QQ=0 . 

DO 1 1=1, N 
1 Q( I )=0 . 

AA( 1 )= . 5 
B( 1 )=2 . 

C( 1 )= . 5 

AA(2)=1.-SQRT( .5) 

B(2)=l. 

C( 2 )=AA( 2 ) 

AA(3)=1.+SQRT( .5) 

B(3)=l. 
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C(3 )=AA( 3 ) 

AA(4)=l./6. 

B(4)=2. 

C(4 )= . 5 
Ll=l 

CALL MIXCRI (TC2 , VC2 , SGI , CC0 , TCM1 , H , AMOL , FMF1) 

CALL ENTHLC TC2 , PC2 , OMEGA , PT , TEMPI , FMF 1 , ENTH 1 , SGI , TBPP , N , AMOL 
1,L1,CC0) 

CPM=ENTHl/( TEMP 1-273 . ) 

4 CALL KINDAT (TEMPI , TBPP , AK0 , N , A2 , M 1 ) 

DO 3 J=l,4 

CALL COENTH ( TC2 , PC2 , OMEGA , PT , TEMP 1 , RENTH , SGI , TBPP , N , AMOL , TRW , 
1HW , P , LI ) 

C WRITEC 62 , 21 )( RENTH( I ) , 1 = 1 , N ) 

21 FORMATC///3X, 4F10 . 2) 

DCOH=0 . 

DO 70 1 = 1 , N 
DC( I )=0 . 

IF(I.LT.6)G0 TO 81 
DC(I)=-AK0(I)*CC0(I) 

IRC I. GE. 22) GO TO 90 
K=I+2 

81 IF( I . EQ . 5 )K=7 
IF( I . LT . 5 )K=6 
DO 60 J 1=K , 23 

DC(I)=(DC(I )+AK0( J1 )*P( J1 , I )*CC0( Jl) ) 

60 CONTINUE 

90 DCM ( I )=DC( I )*W1/SUMF0 

DCOH=DCOH-( (HRT1( I )+( RENTH ( I ) -RNTH ( I ) ) )*AK0 ( I )*CC0 ( I ) ) 

70 CONTINUE 

DO 12 1=1, N 

D=AA( J )*( DCM( I)-B(J)*Q(I)) 

D1=H*D 

CC0( I )=CC0( I )+Dl 
D2=D*3 . 

D3=C( J )*DCM( I ) 

D2=D2-D3 
Q( I )=Q( I )+D2 
12 CONTINUE 

FMC0=( WH1*CPH 1 )+SUMF0*CPM 

DCE=DCOH*W1/FMC0 

DD=AA(J)*(DCE-B(J)*QQ) 

DD1=H*DD 
TEMP1=TEMP1+DD1 
DD2=DD*3 . 

DD3=C(J)*DCE 

DD2=DD2-DD3 

QQ=QQ+DD2 

IF(J.GT.l) GO TO 2 
GO TO 3 

2 IFCJ.GT.2) GO TO 3 
X=X+D6 

3 CONTINUE 

IF( ICON . GT . 1 )GO TO 43 
WRITEC 62 , 42 ) N1,X, TEMPI 

42 F0RMATC4X, ' N 1= ',13 , 3X , 'X= ' , F5 . 2 , 3X, 'TEMP= ' ,F7 . 2) 

43 IF(N1 . EQ . N2 )GO TO 5 
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N1=N1+1 

IF(X . GT . XI )G0 TO 5 
X=X+D6 

23 F0RMAT(///3X,4(F8. 5,2X)> 

GO TO 4 
5 T=TEMP1 

DO 41 1 = 1, N 
FM0(I )=CC0(I )*SUMF0 
41 CONTINUE 
RETURN 
END 

C******************************************************************** 

C THIS SUBROUTINE CALCULATES THE FIRST-ORDER RATE CONSTANTS 

C FOR ALL THE COMPONENTS USING AN EMPERICAL CORRELATION GIVEN 

C AS A FUNCTION OF TRUE BOILING POINT 

C***************** ***************************************** ********** 
SUBROUTINE KINDAT (TEMP2 , TBP , AK1 , N , A2 , M 1 ) 

DIMENSION TBP(25) , AKT1( 25 ) , AK1 ( 25 ) , T( 25 ) 

X=A2*( 10 . **7 )*(EXP( -21100 . /( 1 • 987*TEMP2 ) ) ) 

DO 10 I=M1,N 

AKT1(I )= .494+ . 52E-02*TBP( I )-2 . 185E-05*TBP( I )**2+ . 312E-07*TBP(I ) 
1**3 

AK1( I )=AKT1 ( I )*X 
10 CONTINUE 
RETURN 
END 

^ ^ ^ ^ ^ y^# ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ S^| / S^' ^ 

C THIS SUBROUTINE CALCULATES THE CRITICAL PROPERTIES OF ALL THE 

C COMPONENTS AS WELL AS THE MOLECULAR WEIGHT AND ACCENTRIC 

C FACTOR USING LEE-KESLER'S CORRELATIONS 

C******************* ********************** *************************** 

SUBROUTINE PROP ( TB 1 , SGI , N , TC 1 , PC 1 , VC 1 , AMW , OMEGA ) 

DIMENSION AM W(25),SG 1(25), TB 1(25), TC 1(25), PC 1(25), VC 1(25), 

1TBK( 25),R1(25),TB2(25), OMEGA( 25),TBR1(25),ZC(25) 

DO 10 1=1, N 

TB2(I)=(TBl(I)*9./5. )+492. 

AMW(I)=-12272.6+9486.4*SGl(I)+(4.6523-3,3287*SGl(I))*TB2(I)+(l.- 
1 . 77084*SG1( I )- . 02058*( SG1( I )**2 ) >*( 1 . 3437-720 . 79/TB2( I ) )* 

1(10. **7 )/TB2( I ) + (l.-.80882*SGl(I)+.02226*(SGl(I)**2))*(1.8828- 
1181.98/TB2(I))*(10.**12)/(TB2(I)**3) 

TC 1(1 )=341. 7+811* SG 1(1 )+( . 4244+ . 1174*SG1(I) )*TB2(I )+( .4669 
1-3 . 2623*SG1( I ) )*( 10 .**5)/TB2(I ) 

PC1( I )=EXP( 8 . 3634- .0566/SGl(I)-( . 24244+2 . 2898/SGl( I )+ 

1 . 11857/( SG1( I )**2) )*( 10 . **-3 )*TB2( I )+( 1 . 4685+3 . 648/SGl( I ) 
l+.47227/(SG 1(1) **2))*( 10. **-?)*( TB 2(1) **2)-( .42019+1.6977/ 
1(SG1(I)**2))*(10.**-10)*(TB2(I)**3)) 

TB2(I )=TB1(I )+273 . 

TBRl(I)=TB2(I)/((TCl(I)-492. )*5./9.+273. ) 

PCI ( I )=PC1( I )/ 14 . 69 

Al=ALOG( l./( PC 1(D)) -5. 927 14+ (6. 09648/TBRl( I ) ) + l . 28862*ALOG(TBRl 
l(I))-( . 169547*(TBR1(I)**6)) 

A2=15.2518-(15.6875/TBR1(I))-(13. 472 l*ALOG(TBRl( I ) ) )+( .43577*(TB 
1 R 1 ( I )**6 ) ) 

OMEGA ( I )=A1/A2 

TC1( I )=(TC1( I >-492 . )*5 . /9 . +273 . 
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R=82 .06 

ZC( I )= . 2905-( .085*OMEGA(I)) 
VC1(I)=ZC(I)*R*TC1(I)/PC1(I) 
10 CONTINUE 
RETURN 
END 


C * ******** * *** * *** * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * ** * * * * * * * * * * * * * * 

C THIS SUBROUTINE CALCULATES THE CRITICAL PRORERTIES OF A 

C MULTI -COMPONENT MIXTURE 

C*********************************************************************** 

SUBROUTINE MIXCRI (TCI , VC1 , SGI , CC0 , TCM , N , AMW 1 , FMF ) 

DIMENSION TC 1(25), VC 1(25), FMF ( 25 ) , CC0( 25 ) , AM( 25) , PHI I 
1(25), TTC( 25 ,25),SG1(25), AMW1( 25 ) 

SUM=0. 

DO 40 1=1, N 

AM( I )=CC0( I )/AMWl( I ) 

SUM=SUM+AM(I) 

40 CONTINUE 
SUM1=0 . 

DO 50 1=1, N 

FMF ( I )=AM( I )/SUM 

SUM1=SUM1+FMF ( I )*VC1( I ) 

50 CONTINUE 
VCM=0 . 

DO 60 1=1, N 
DO 60 J = 1 , N 

VCM=VCM+FMF( I )*FMF ( J )*( VC1 ( I )** ( 1 . /3 . )+VCl( J )**( 1 . /3 . ) )**3 
60 CONTINUE 

VCM=VCM/8 . 

TCM=0 . 

DO 70 1=1, N 
DO 70 J=l, N 

TCM=TCM+FMF(I )*FMF( J )*( VC1( I )**( 1 . /3 . )+VCl( J )**( 1 . /3 . ) )**3 
1*(SQRT(TC1(I)*TC1(J))) 

70 CONTINUE 

TCM=TCM/( 8 . *VCM ) 

RETURN 

END 

C******************************************************************** 

C THIS SUBROUTINE CALCULATES THE STANDARD HEAT OF REACTION 

C IN KCALS/KG OF HYDROGEN CONSUMED AND IS BASED ON THE BOND TYPE 

C******************************************************************** 
SUBROUTINE HTRXN(M ,N , SGI , R4 , P , HRT1 , TRW , HW , TBPP , L) 

DIMENSION R1(25),SG1(25),API(25),C(25),HW(25),P(25,25),TRW(25), 
1HRT1(25),H(25),QU(25),A3(25), TBPP (25),AK(25) 

HC=-68317./2. 

DO 50 I=M, N 
C(I)=0. 

HW(I)=0. 

HRT1(I )=0 . 

DO 60 J=l, 1-2 

C(I)=C(I)+(R1(J)/(R1(J)+1. ))*P(I,J) 

HW(I)=HW(I)+(1./(R1(J>+1. ))*P(I,J) 

60 CONTINUE 

TRW(I)=C(I)*(1. + 1./R1(D) 
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HW(I)=HW(I)~C(I)/R1(I) 

90 CONTINUE 

HRT1(I)=-HW(I>*10000./<2.*TRW(I)) 

IF(L.EQ. 1) HRT1(I)=-HW(I )* 10000 ./(2.*TRW(I)) 

50 CONTINUE 

WRITE( 62 , 70 ) 

70 FORMAT ( 3X, 'HTREAC ' ,3X, 'TRW' ,5X, 'HW' ,6X, 'HC' ) 

DO 80 1=1, N 1 

WRITE(62,*) HRT1(I),TRW(I),HW(I),QU(I),A3(I) 

80 CONTINUE 

100 RETURN 

END 

C***X*X**%**%XX**%X*XX*%**%*X%*X%***X**X%*%X*.*******%*****X*******%** 

C THIS SUBROUTINE USES STANGELANDS MODEL FOR PREDICTING THE PRO 

C -DUCT DISTRIBUTION FOR HYDROCRACKING REACTIONS 

C * ************ ** ** *** ** * *** * *** ** slot: * * * * * ** * * * * * * * X * * ** ** * * * ** ** * * *** * 
SUBROUTINE PRODIS(B , C , TB1 , P , N , Ml ) 

DIMENSION TB1(25),PY(25,25),P(25,25),Y(25) 

DO 20 I=M1 , N 

P(I, l)=C*EXP(-.00693*<TBl(I)*9/5.+32.-261.5>> 

PY2=0 . 

DO 30 K=2, 1-2 

Y(K)=(TBl(K)-2.5)/(TBl(I)-52.5) 

PY<I ,K)=(Y(K)**2+B*(Y(K)**3-Y(K)**2) )*( 1 . -P(I , 1) ) 

P( I , K)=PY( I , K)-PY2 
PY2=PY( I , K) 

30 CONTINUE 
20 CONTINUE 
RETURN 
END 


^*1 ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^|a V^ y ^y ^ ^ v^y \^/ ^ ^ ^ y^ ^ y^r y ^ ^ ^ ^ ^ ^ ^ ^ y^ ^ ^ ^ 

C THIS SUBROUTINE USES PENG-ROBINSON ' S EQUATIONS OF STATE FOR 

C PREDICTING THE ENTHALPY OF A MULTI-COMPONENT MIXTURE 

C*********************************************************************** 
SUBROUTINE ENTHL ( TC , PC , OMEGA , PT , T , Y , ENTH , SGI , TBPP , N , AMW , L 1 , CC ) 
DIMENSION TC( 25 ) , PC( 25 ) , OMEGA ( 25) ,Y(25),SG1(25), TBPP ( 25 ) , 
1HILN(26),PHIL1(26),PHI(26),PHI1(26),AMW(25),AK(25),HID(25) 
1,CF(25),CP(25),TBPR(25),CC(25) 

CALL PHILN(TC, PC, OMEGA, PT,T,Y,HILN, PHI, N,2,L1) 

CALL PHILN(TC ,PC , OMEGA, PT , (T*l . 0001) ,Y,PHIL1,PHI1,N,2,L1) 

HEX=0 . 

DO 10 1=1, N 

HEX=HEX+( (PHILl(I)-HILN(I) )*Y(I)/( .0001*T) ) 

10 CONTINUE 
R=1 . 987 
AVMW=0 . 

DO 11 1=1, N 

AVMW=AVMW+<Y(I)*AMW(I)) 

11 CONTINUE 
HEX=-R*(T**2 )*HEX/AVMW 
TR=(T-273. )*9./5.+492. 

TF=(T-273 . )*9./5.+32. 

HIDL=0 . 

DO 20 1=1, N 
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HID(I )=215 . -87 . *SG1( I )+( .415- . 104*SG1( I ) >*TF+( . 000310- .000078*SG 
11(I))*TF**2 

HIDL=HIDL+CC( I )*HID(I )*252 . /453 . 5 
20 CONTINUE 

ENTH=HEX+HIDL 

RETURN 

END 

C THIS SUBROUTINE USES PENG-ROBINSON ' S EQUATIONS OF STATE FOR 

C PREDICTING THE ENTHALPY DIFFERENCE BETWEEN THE PRODUCT AND 

C THE REACTANTS FOR ALL THE REACTIONS AT THE REACTION TEMPERATURE 

SUBROUTINE COENTH ( TC2 , PC2, OMEGA , PT , T , RENTH , SGI , TBPP , N , AMOL , TRW , 
1HW , P ,L1 ) 

DIMENSION TC2(25),PC2(25), OMEGA( 25),Y(25),HILN(26),PHI(26), 

1PHI 1(26) , PHIL1(26),HIDL(25), HEX( 25) , RENTH ( 25) , RNTH( 25) ,ENTH( 25) 

1 , TBPP ( 25 ) , AMOL( 25 ) ,TRW(25),HW(25),SG1(25),AK(25),CF(25),CP(25), 
1P(25,25), TBPR( 25 ) 

DO 102 1=1, N 
Y(I)=1. 

102 . CONTINUE 
R=1 . 987 

CALL PHILN(TC2, PC2, OMEGA, PT,T,Y,HILN, PHI, N , 1, LI) 

CALL PHILN(TC2, PC2, OMEGA, PT,(T*1. 0001), Y, PHIL1 , PHI 1 , N , 1,L1) 
TR=(T-273 . )*9 . /5 . +492 . 

TF=(T-273. )*9./5.+32. 

DO 100 1=1, N 

HEX( I)=(PHIl(I)-PHI(I))/( . 0001*T*AMOL(I ) ) 

HEX(I)=-R*(T**2)*HEX(I) 

HIDL(I )=(215 . -87 .*SG1(I )+( . 415- . 104*SG1( I ) )*TF+( .000310- . 000078 

l*SGl(I))*TF**2)*252./453.5 

ENTH(I )=HEX(I )+HIDL(I ) 

100 CONTINUE 

HC=3 . 58*(T-273 . ) 

DO 10 1=6,23 

RENTH(I)=-(TRW(I)*ENTH(I)+(HW(I)*HC)) 

DO 60 J=1 , 1-2 

RENTH (I )= RENTH (I )+ENTH( J)*P(I , J) 

60 CONTINUE 

RENTH ( I )=RENTH (I )/TRW(I ) 

10 CONTINUE 
RETURN 
END 

C THIS SUBROUTINE CALCULATES THE FUGACITY COEFFICIENT FOR A MI.XTUR 

C -E AS WELL AS FOR PURE COMPONENTS USING PENG-ROBINSON ' S EQUATIO 

C -NS OF STATE 

SUBROUTINE PHILN(TC , PC , OMEGA , PT , T , Y, HILN , PHI , N , L , LI ) 

DIMENSION TC (25), PC (25) ,OMEGA( 25),Y(25),A(26),B(26),Z(26,3) 

1, ALFAA( 25) , HILN(26) , PHI (26) ,TR(25) , YALF( 25) , Al(25) ,B1(25) 

DO 10 J=1 , N 
TR( J )=T/TC( J ) 

YALF( J )=0 . 

R=. 08205 
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Al( J)=.45724*(R**2)*(TC( J )**2 )/(PC( J > ) 

Bl( J )= . 07780*R*TC( J )/PC( J ) 

ALFA=( 1 . +( . 37464+ ( 1 . 54226*0MEGA( J ) )-( . 26992*(0MEGA( J )**2 )>)*(1.- 

1<TR(J)**.5)))**2 

ALF AA ( J ) = ALF A*A 1 ( J ) 

A( J)=ALFAA( J)*PT/( (R**2)*(T**2) ) 

B( J )=B1( J )*PT/ ( R*T ) 

10 CONTINUE 

IF(L . EQ . 1 )GO TO 70 
A(N+1 )=0 . 

B(N+1 )=0 . 

ALF=0 . 

DO 20 J=1,N 

B(N+1 )=B(N+1 )+B( J )*Y( J) 

DO 30 1=1, N 

A(N+1)=A(N+1)+Y(I)*Y(J)*((A(J)*A(I)>**.5) 

ALF=ALF+( Y( I )*Y( J ) )*SQRT( ALFAA( I )*ALFAA( J ) ) 

YALF(J)=YALF( J)+Y(I )*SQRT(ALFAA(I )*ALFAA( J) ) 

30 CONTINUE 
20 CONTINUE 

70 CALL CUBEQ( A, B , N , Z , L , LI ) 

IF(L . EQ . 1 )GO TO 80 
DO 40 1=1, N 

HILN(I)=(B(I)/B(N+1))*(Z(N+1,1)-1.)-(AL0G(Z(N+1,1)-B(N+1)))+(A(N 
l+l)/(4 .828*B(N+l)))*(B(I)/B(N+l)-<2 .*YALF( I )/ALF ) )*( ALOG( <Z (N+l 
1,1)+2.414*B(N+1))/(Z(N+1, 1)-.414*B(N+1)))) 

40 CONTINUE 
GO TO 100 
80 DO 90 1=1, N 

PHI(I)=Z(I,1)-1. -ALOG(Z ( I, 1)-B(I))-(A(I )/(B(I )*4 . 828 ) >*ALO 
1G( (Z(I,l)+(2. 414*B( I)))/(Z(I,l)-(.4 14*B( I ) ) ) ) 

90 CONTINUE 
100 RETURN 
END 

^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ <^C 

C THIS SUBROUTINE CALCULATES THE THREE ROOTS OF A CUBIC EQUATION 

C ANALYTICALLY 

SUBROUTINE CUBEQ( A0 , B0 , N0 , Z0 , L , LI > 

DIMENSION A0(26),B0(26),Z0(26,3) 

IF(L.EQ.l) K1=N0 
IFCL.EQ.2) K1=N0+1 
DO 10 1=1, K1 
B1=B0( I )-l 

C1=A0(I)-(3.*(B0(I)**2))-(2.*B0(I)> 

D1=-((A0(I)*B0(I))-(B0(I)**2)-(B0(I)**3)) 

P=(3.*Cl-(Bl**2))/3. 

Pl=(P/3. >**3 

Ql=(27.*Dl-(9. *B1*C1 )+( 2 . *(B1**3 ) ) )/27 . 

Q2=(Ql/2. )**2 

Rl=(P/3. )**3+((Ql/2. )**2) 

IF(R1.GT.0. )GO Tp 100 

PHI=ACOS((((Ql**‘2)/4. )/( -( (P**3 )/27 . )>)**. 5) 

IFCQ1.GT.0. )GO TO 12 
DO 50 K=l,3 

Z0(I,K)=2.*((-P/3. )**.5)*COS(PHI/3.+<22.*120.*<K-l)/(7.*180. ))) 
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1-CB1/3. ) 

50 CONTINUE 
GO TO 90 

12 DO 13 K=1 , 3 

Z0(I,K)=(-2.*((-P/3. )**.5))*COS(PHI/3.+(22.*120.*(K-l)/<7.*180. ) 
l))-(Bl/3.) 

13 CONTINUE 
GO TO 90 

100 AM=-Ql/2.+SQRT(Rl) 

AN=-Ql/2 . -SQRT( R1 ) 

IF( AM . LT . 0 . )GO TO 150 
AMD=(AM**( 1 ./3 . )) 

GO TO 160 

150 AMD=(-AM)**(l./3. ) 

AMD=-AMD 

160 IF( AN .LT .0 . )GO TO 170 

AND=AN**(l./3. ) 

GO TO 180 

170 AND=( -AN )**( 1 . /3 . ) 

AND=-AND 

180 Z0(I , l)=AMD+AND-(Bl/3 . ) 

90 IF(L1 . EQ . 2 ) GO TO 20 

IJ=0 

DO 30 K=l, 3 

IF(Z0(I,K).LE.0. ) GO TO 30 
IJ=IJ+1 

IF(IJ.EQ.l) SMALL=Z0( I , K) 

IF(Z0(I,K) .LT. SMALL) SMALL=Z0( I , K) 

30 CONTINUE 

Z0( I , 1)=SMALL 
GO TO 10 
20 BIG=Z0(1 , 1 ) 

DO 40 K=1 , 3 

IF(Z0(I,K).GT.BIG)BIG=Z0(I,K) 

40 CONTINUE 

Z0( I , 1 )=BIG 
10 CONTINUE 
200 RETURN 
END 

) 

THIS SUBROUTINE CALCULATES THE ENTHALPY DIFFERENCE BETWEEN THE 
PRODUCTS AND THE REACTANTS FOR ALL THE REACTIONS AT THE REFERENC 
-E TEMPERATURE 

^ y^ y^ y y^ ^ y^ / y^ y^ y^> ^ y ^f ^ 

SUBROUTINE STENTH( SGI , T , TB , RNTH , TRW , HW , AMOL , P , N ) 

DIMENSION SG1(25),TB(25), RNTH (25), TRW (25), HW (25), ENT (25 ) , 

1AM0L( 25),P(25,25) 

DO 10 1=2, N 
TBK=TB( I )+273 . 

ENT(I)=(( .3897*T+.0004638*(T**2))/(SGl(I)**<2./3. )))* 

1( .32651+. 4515*(TBK/273. 2+1. )**(l./3. )/SGl(I)) 

10 CONTINUE 

ENT(1)=(2. 266+7. 913*( 10 . **-2 )*TBK-2 . 647*( 10 .**-5)*(TBK**2) 

1-. 674* (10 .**-9)*(TBK**3) )*T 

DO 20 1=1, N 

ENT( I )=ENT( I )/AMOL( I ) 
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20 CONTINUE 
CPH=3 . 44 
HEN=CPH*T 
DO 30 1=6, N 

RNTH(I ) = -(TRW(I )*ENT(I )+HEN*HW(I ) ) 
DO 40 J=1 , 1-2 

RNTH( I )=RNTH( I )+ENT( J )*P( I , J ) 

40 CONTINUE 

RNTH(I )=RNTH(I )/TRW( I ) 

30 CONTINUE 
RETURN 
END 



APPENDIX - B 


PROGRAM DESCRIPTION FOR VACUUM DISTILLATE 
HYDROTREATER MODEL 

1) USAGE : 

The program computes the temperature, sulfur 
concentration, mass fraction feed hydrocracked and the 
stoichiometric hydrogen consumption at the exit of the reactor. 
The main program f initialises several variables, calls the 
subroutines DGIL, PROP and MOLFR. There are altogether 6 
subroutines and 2 function subprograms all of which are written in 
FORTRAN . 

2) SUBROUTINES REQUIRED: 

SUBROUTINE DGIL: This subroutine uses the subroutine ENTHL as well 
as the subprograms RATCON and RATCR to solve the material and 
energy balance equations by Runge-Kutta-Gill method. 

SUBROUTINE PROP: (same as in Appendix A) 

SUBROUTINE ENTHL: (same as in Appendix A) 

SUBROUTINE PHILN : (same as in Appendix A) 

SUBROUTINE CUBEQ: (same as in Appendix A) 

SUBROUTINE MOLFR: This subroutine converts mass fractions to 

mole fractions. 

FUNCTION RATCON: This function subprogram calculates the second 
order rate constant for the hydrodesulfurisation reaction as a 
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function of temperature. 

FUNCTION RATCR : This function subprogram calculates the first 
order rate constant for the hydrocracking reaction as a function 
of temperature. 

■\ 

3) DESCRIPTION OF THE PARAMETERS: 

MAIN 

PURMK volume fraction hydrogen in make-up gas 

PURRY volume fract ion hydrogen in the recycle gas 

CF characterisation factor 

o 

FT total volumetric flow rate of the feed, m °/h 

FMA mass flow rate of the pseudo-components, kg/h 

FMF mole fraction of the pseudo-components 

AVMOL average molecular weight of the liquid feed 

HRCR heat released during hydrocracking reaction, kcal/kg 

reactant 

SHTRX heat released during HDS reaction, kcal/kg sulfur reacting 

TEM temperature at the inlet of the reactor, K 

CS mass fraction sulfur in feed 

CR mass fraction of uncracked feed 

CR0 mass fraction of the uncracked feed at the reactor inlet 

CS0 mass fraction of sulfur in feed at the reactor inlet 

SPCH heat capacity of methane, kcal/kg 

3 

REC volumetric flow rate of recycle gas, Nm / h 

3 

AMKUP volumetric flow of the make-up gas, Nm / h 

AMCH molecular weight of methane 

AMH molecular weight of hydrogen 

total volumetric flow rate of the gas at the inlet of 

3 

the reactor, Nm /h 


VH 
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H2 

CH4 

AMOLH 

RHOH 

TOTALS 

WCAT 

QUENCH 

CPH 

AMQ 

CPQ 

RHOQ 

QW 

TOTCAT 

PT 

WH 

HCON 


volumetric flow rate of hydrogen at the inlet, Nm'Vh 
volumetric flow rate of methane at the inlet, Nm^/h 
average molecular weight of the gas at the inlet 
density of the gas mixture, kg/m^ 
total sulfur in feed, kg/h 
weight of the catalyst bed, kg 

volumetric flow rate of the quench stream, Nm /h 

heat capacity of the gas stream, kcal/kg K 

molecular weight of the quench stream 

heat capacity of the quench stream, kcal/kg K 

3 

density of the quench stream, kg/Nm 
mass flow rate of the quench stream, kg/h 
total weight of the catalyst, kg 
average reactor pressure, atm 
mass flow rate of the gas stream, kg/h 
hydrogen consumption rate, kg/h 


SUBROUTINE DGIL : 


CC0 

CS0 

WCAT0 

FMF1 

LI 

CPL 

SUL 

CRK 


mass fraction of the pseudo-components 

mass fraction of sulfur compound in the reaction mixture 
weight of catalyst, kg 

mole fraction of the pseudo-components 
=1 for liquid enthalpy 
=2 for vapour enthalpy 

heat capacity of the liquid feed, kcal/kg K 
heat generated during HDS reaction, 
kcal/(kg feed )( kg cat.) 

heat generated during hydrocracking reaction, 
kcal/(kg feed)(kg cat.) 



D1 

change in' 

the concentration of sulfur compound 

DIR 

fraction 

hydrocracked 

DCM 

=dC s /dW 


DCMR 

=dC c /dW 


FMCP0 

=E 


DCE 

=dT/dW 



SUBROUTINE PROP: (same as in Appendix A) 

SUBROUTINE ENTHL : (same as in Appendix A) 

SUBROUTINE PHILN : (same as in Appendix A) 

SUBROUTINE CUBES: (same as in Appendix A) 

SUBROUTINE MOLFR : 

CC mass fraction of the components 

AMOL molecular weight of the pseudo-omponents 

FHF mol fraction of the pseudo-components 

N total number of pseudo-components 

FUNCTION RATCON : 

T reaction temperature, K 

RATCON specific rate constant for the HDS reaction, 

(kg feed ) 2 /(kg cat.)(kg S)(h) 

FUNCTION RATCR: 

T reaction temperature, K 

RATCR specific rate constant for the hydrocracking reaction, 

kg feed/ (kg cat.)(h) 

4) DIMENSION REQUIREMENTS: 

The DIMENSION of the different parameters in the MAIN 


program as well as the subroutines has to be modified according 
to the requirements of a specific problem and is given in terms of 
the number of pseudo-components in the feed. 
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MAIN 


DIMENSION 

CC(N),API(N),V(N),TB(N),SG(N),FM(N), OMEGA (N ) , PC(N ) , 

TC ( N ) , AMOL ( N ) , VC ( N ) , FMA( N ) , FMF ( N ) , CF ( N ) 

DGIL 


DIMENSION 

CC0(N ) , TB0( N ) , SG0( N ) , TC0(N ) , VC0(N ) , AMOL0(N ) , OMEGA(N ) , 

AM ( N ) , FMF 1 ( N ) , PC0 ( N ) 

PROP 

(same as in Appendix A) 

ENTHL 

(same as in Appendix A) 

PHILN 

(same as in Appendix A) 

CUBES 

(same as in Appendix A) 

MOLFR 


DIMENSION 

CC(N ) , AMOL(N ) , FMF(N ) , AM(N ) 


5) INPUTS TO BE SUPPLIED: 

1) Total number of pseudo-components 

3 

2) Volumetric flow rate of the feed, m /h 

3) Density of the feed, kg/m^ 

4) Volumetric composition of the pseudo-components, vol.% 

5) Mid-boiling point of the pseudo-components, °C 

6) Specific gravity of the pseudo-components 

7) Mass fraction sulfur in feed 

8) Purity of the recycle and make-up gas, volume fraction 

3 

9) Volumetric flow rate of the recycle and make-up gas, Nm /h 

10) Heat of reaction for the HDS reaction, kcal/kg S reacting; 
and for the hydrocracking reaction, kcal/kg feed cracked. 

11) Total number of beds and number of integration steps. 

12) Reactor inlet temperature, K; and average pressure, atm. 
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C********************************* **************** ******************* 

C PROGRAM FOR MODELING OF VACUUM DISTILLATE HYDROTREATER 

C 

C******************************************************************** 
DIMENSION CC( 25 ) , API ( 25 ) , V(25 ) , TB(25 ) , SG( 25 ) , FM( 25 ) , OMEGA ( 25 ) 

1 , PC(25),TC(25), AMOL( 25),VC(25),FMA(25), FMF (25 ) , CF( 25 ) 

OPEN (UN IT =22 , DEVICE= 'DSK ' , FILE= ' VAC .IN') 

RE AD (22,*) (TB( I ) , 1 = 1 , 14 ) 

READ (22,*) ( SG( I ) , 1= 1 , 14 ) 

READ(22 ,*) ( V(I ) , 1=1 , 14 ) 

H = 14 

C******************************************************************** 
C N=TOTAL NO. OF PSEUDO-COMPONENTS 

C PURMK=PURITY OF THE MAKE-UP GAS 

C PURRY=PURITY OF THE RECYCLE GAS 

C******************************************************************** 
PURMK= . 953 ; PURRY= .787 

CALL PROP ( TB , SG , N , TC , PC , VC , AMOL , OMEGA ) 

DO 13 1=1, N 

CF(I)=((TB(I)*9./5. )+492. )**(l./3. )/SG(I) 

13 CONTINUE 

C WRITE( 63 , * ) TB,SG,CF,TC, PC, VC, OMEGA, AMOL 

RHOB=721 . 

RHOF=920 . 

SUM=0 . 

FT=43 . 7 

SUMF=RHOF*FT 

DO 40 1=1, N 

FM( I )=V( I )*SG(I )*1000 . 

SUM=SUM+FM( I ) 

40 CONTINUE 

DO 50 1=1, N 
CC( I )=FM( I )/SUM 
FMA( I )=SUMF*CC(I ) 

50 CONTINUE 

CALL MOLFR(CC, AMOL, FMF, N) 

AVMOL=0 . 

DO 10 1=1, N 

AVMOL=AVMOL+FMF(I )*AMOL(I ) 

10 CONTINUE 

HRCR=10000 . /AVMOL 
SHTRX=1855 . 

TEM=631. 

CS= . 034 
CR=1 . 

CR0=CR 

CS0=CS 

C******************************************************************** 
C AMKUP= VOL. FLOW RATE OF THE MAKE-UP GAS 

C AMCH=MOL . WT. OF METHANE 

C AMH=MOL . WT. OF HYDROGEN 

C SPCH=SP . HEAT OF METHANE AT REACTION CONDITIONS 

C SPH=SP. HEAT OF HYDROGEN AT REACTION CONDITIONS 

C******************************************************************** 

REC=7240 . ; AMKUP=4000 . ; AMCH=16 . ; AMH=2 . 0 

SPCH= . 8286; SPH=3. 4865 

VH=REC+AMKUP 
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H2=REC*PURRY+AMKUP*PURMK 

CH4=VH-H2 

AM0LH=(CH4*AMCH+H2*AMH)/VH 
RHOH=AMOLH*1000./(82. 06*273. ) 

TOTALS=SUMF*CS 

N1=N0. OF BEDS 
N2=NO OF STEPS 
WCAT=WEIGHT OF CATALYST BED 

C ** * * * * *** ** *** * ** ** 5tcstc * * * * *** * * ** ** >K * *** ** * * * * :+: ** * * * * * * * ** **** * **** * 

Nl=3 
N2=25 
VCAT=6 . 4 
QUENCH=6630 . 

CPH=(CH4*SPCH*AMCH+H2*SPH*AMH )/( VH*AMOLH ) 

AMQ=PURRY*AMH+(1.-PURRY)*AMCH 

CPQ=( < 1 . -PURRY)*SPCH*AMCH+PURRY*SPH*AMH )/AMQ 

RHOQ=AMQ*1000./< 82. 06*273. ) 

QW=QUENCH*RHOQ 

FHCP=QW*CPQ 

TOTCAT=0. 

PT=950./14.7 
DO 69 1=1, HI 
WCAT=VCAT*RHOB 
TOTCAT=TOTCAT+WCAT 
WH=VH*RHOH 

CALL DGI L ( CC , CS0 , N , WCAT , N 2 , TEM , FMCP , RHOB , TB , SUMF , T2 , SHTRX , 

1 SG , WH ,CPH ,TC , VC , AMOL , OMEGA, PC , PT , HRCR,CR0 ) 

VH=VH+QUENCH 
IF( I . EQ . 1 )VCAT=10 . 3 
IF( I , EQ . 2 ) VCAT= 18 . 2 
IF( I . EQ . 3 )GO TO 30 
TH2=338 . 6 

TEM=(FMCP*T2+EHCP*TH2)/(FMCP+FHCP) 

CPH=(CPQ*QW+WH*CPH)/<QW+WH) 

AMOLH = ( QUENCH*AMQ+VH*AMOLH ) / ( QUENCH+VH ) 

RHOH=AMOLH*1000./( 82. 06*273. ) 

30 WRITE( 63,45) T2,TEM,CS0,I 

45 F0RMAT(4X, 'OUTLET TEMP = ' , F6 . 2 , 'K ' , 2X, ' INLET TEMP TO NEXT BED= ' , 

1 F6.2, 'K',2X, 'OUTLET SULFUR CONC=' ,F6.“4,2X, 'BED NUMBER= ' , 12//) 

IF(I .EQ. 3) GO TO 35 
69 CONTINUE 

35 HCON=((CS-CS0)*8 ./32 .+(CR-CR0)*2 ./AVMOL)*SUMF 
WRITE( 63 , 46 ) HCON 

46 F0RMAT(4X, 'H2 CONSUMED=' , F8.2, 'KG'//) 

STOP 

END 


C******************************************************************** 
C THIS SUBROUTINE USES THE RUNGE - KUTTA - GILL METHOD TO 

C INTEGRATE THE DIFFERENTIAL HEAT AND MASS BALANCE EQUATIONS 

C NUMERICALLY 

C******************************************************************** 
SUBROUTINE DGIL(CC0 , CS0 , N0 , WCAT0 , N20 ,TEM0 , FMCP0 ,.RHOB , TB0 , 

1 SUMF0 , T20 , SHTRX , SG0 , WH0 , CPH0 , TC0 , VC0 , AMOL0 , OMEGA , PC0 , PT0 
1 , HRCR0 , CR0 ) 
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DIMENSION CC0( 25 ) , TB0( 25 ) , SG0 ( 25 ) , TC0( 25 ) , VC0< 25 ) , AMOL0( 25 ) 

1 , OMEGA (25 ),A(4),B(4),C(4),AM(25),FMF1(25), PC0( 25 ) 

X=0. 

Xl = l. 

Nl = l 

H= ( Xl-X )/( FLOAT (N20 ) ) 

D6=H* . 5 
X=X+D6 
QQ=0 . 

Q=0. 

QR=0 . 

A( 1 )= . 5 
B( 1 )=2 . 

C( 1 )= . 5 

A(2)=1.-SQRT( .5) 

B( 2 ) = 1 . 

C( 2 )=A( 2 ) 

A( 3 )=1 . +SQRT( .5) 

B( 3 )=1 . 

C( 3 )=A( 3 ) 

A(4)=l./6. 

B(4 )=2 . 

C(4 )= . 5 

CALL MOLFR(CC0 , AMOL0 , FMF1 , N0 ) 

Ll=l 

CALL ENTHL ( TC0 , PC0 , OMEGA , PT0 , TEM0 , FMF 1 , ENTH 1 , SG0 , TB0 , N0 , AMOL0 
1,L1,CC0) 

CPL=ENTHl/(TEM0-273 . ) 

4 DO 3 J=l,4 

DC=-RATCON(TEM0)*(CS0**2) 

DCR=-RATCR<TEM0)*CR0 

DCM=DC*WCAT0/SUMF0 

DCMR=DCR*WCAT0/SUMF0 

SUL=SHTRX*RATCON(TEM0)*(CS0**2) 

C RK=H RC R0* RATC R ( TEM 0 ) *C R0 
DCOH=SUL+CRK 
D=A(J)*(DCM-B( J)*Q) 

DR=A( J)*(DCMR-B( J )*QR) 

D1=H*D 
D1R=H*DR 
CS0=CS0+D1 
CR0=CR0+D1R 
D2=D*3 . 

D2R=DR*3. 

D3=C( J )*DCM 

D3R=C( J )*DCMR 

D2=D2-D3 

D2R=D2R-D3R 

Q=Q+D2 

QR=QR+D2R 

FMCP0=( WH0*CPH0 )+SUMF0*CPL 

DCE=DCOH*WCAT0/FMCP0 

DD=A(J)*(DCE-B(J)*QQ) 

DD1=H*DD 

TEM0=TEM0+DD1 

DD2=DD*3. 

DD3=C(J)*DCE 
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DD2=DD2-DD3 

QQ=QQ+DD2 

IF(J.GT.l) GO TO 2 
GO TO 3 

2 IF(J.GT.2) GO TO 3 
X=X+D6 

3 CONTINUE 

WRITE(63,48) N1,X,TEM0,CS0,CR0 

48 FORMAT (2X,'STEP NO . = ',13, 2X, 'FRACT . WEIGHT OF THE BED=',F4.2, 

1 2X, 'TEMPERATURE= ' , F7 . 2, 'K',2X, 'SULFUR CONC . = ' , F6 . 4 , 2X, 'UNCRACKED 

1 CONC . = ' , F6 .4// ) 

IF(N1 . EQ . N20 )GO TO 5 
N1=N1+1 

IF(X.GT.Xl) GO TO 5 
X=X+D6 
GO TO 4 
5 T20=TEM0 
RETURN 
END 

SUBROUTINE PRO? (same as in Appendix A) 

C ** * * * * ***** * * 4c ***** * * i ***** * ** * ******* *** * * * ** * * ** * **** * * * *** * * * * ** * 


C * * *** * * * * *** * * * * ** * * * * * * * * ********** * * *** * ** * ****** #* * * * * *** * ** 5*e *** * 

SUBROUTINE ENTHL (same as in Appendix A) 
C******************************************************************** 


C ** * * * ** * * * * *** * *** * ** * * *** * ****** * * * * * ****** * * * * * ** * * 5 * t: *** * * * * * * ** * * * 
SUBROUTINE PHILN (same as in Appendix A) 
C******************************************************************** 


C************************************************** ****************** 

SUBROUTINE CUBEQ (same as in Appendix A) 

C * ** * ****** * * * * * * * * *** * * * ***** ****** **** * * ^ ** * *** * * * * * * * ** * * * * * * * *** * 


C******************************************************************** 

C THIS SUBROUTINE CONVERTS MASS FRACTIONS TO MOLE FRACTION 

Q * ** * ** * ** * * ***** * * * * * * * * * ******* * **** * * * ***** * *** * ** * ***** * *** * * ** * 

SUBROUTINE MOLFR(CC , AMOL , FMF , N ) 

DIMENSION CC(25 ) , AMOL ( 25 ) , FMF (25), AM (25) 

SUM=0 . 


DO 10 1 = 1, N 

AM( I )=CC( I )/ AMOL (I ) 

SUM=SUM+AM( I ) 

10 CONTINUE 

DO 20 1=1, N 
FMF ( I )=AM( I )/SUM 
20 CONTINUE 
RETURN 
END 


C******************************************************************** 
FUNCTION RATCON(T) 
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RATC0N=2 . 92E+11*EXP( -13500 ./T ) 

RETURN 

END 
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THIS FUNCTION SUBPROGRAM CALCULATES THE RATE CONSTANT FOR THE 
CRACKING REACTION 

FUNCTION RATCR(T) 

RATCR=4 . 1 1E+07*EXP ( - 134 16 . /T ) 

RETURN 

END 



APPENDIX - C 


PROGRAM DESCRIPTION FOR KEROSENE HYDROTREATER MODEL 

1) USAGE 


The 

program 

computes 

the 

temperature 

and 

sulfur 

concentration ; 

along the 

length of 

the 

reactor as 

well 

as the 

stoichiometric 

hydrogen 

consumption and 

molar flow 

rate 

at the 

exit of the 

reactor . 

The main 

program initialises 

certain 

variables and 

calls 

the major 

subroutine DGIL. 

There are 


altogether 8 subroutines and 3 function subprograms all of which 
are written in FORTRAN. 

2) SUBROUTINES REQUIRED 

SUBROUTINE DGIL : This subroutine uses the Runge-Kutta-Gill method 
to integrate the differential material and energy balance 
equations. It uses the subroutines ENTHL, MIXHY, MFRAC and also 
the subprograms RATCON . 

SUBROUTINE PROP: (Same as in Appendix A) 

SUBROUTINE ENTHL: This subroutine calculates the enthalpy of the 
reaction mixture. 

SUBROUTINE PHILN : This subroutine calculates the partial fugacity 
coefficient of the components. 

SUBROUTINE CUBEQ : (Same as in Appendix A) 

SUBROUTINE MFRAC: This subroutine calculates the mole fraction 
of the components from the molar flow rate. 

SUBROUTINE MIXHY: This subroutine calculates the critical 
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properties of the hydrogen gas mixture. 

SUBROUTINE INTRCT: This subroutine calculates the binary 
interaction parameter required in the calculation of critical 
properties of the hydrogen gas mixture. 

FUNCTION RATCON : Estimates the rate constant for the 

desulfurisation reaction. 

FUNCTION CP: Estimates the ideal gas enthalpy for hydrogen and 
methane . 


3) DESCRIPTION OF THE PARAMETERS 
MAIN : 


NC 

TCX, PCX, 
VCX, 

OMX 

AMOX 

FMO 

AMX 

CPM 

AMF 

GAMA 

TCI, PCI, 
VC1 

0M1, AML 


number of components in the gas mixture 

critical temperature, critical pressure, critical 

3 

volume; K, atm, cm /gmol respectively. 

acentric factor of the components in the hydrogen gas 
mixture 

molecular weight of the components in the hydrogen gas 
mixture 

molar flow rate of the pseudo-components, kmol/h 

molar flow rate of the different components in the 

hydrogen gas mixture, kmol/h 

ideal gas heat capacity of the hydrogen gas mixture, 
keal/kmol 

molar concentration of the hydrogen gas mixture 
interaction parameter 

critical temperature, pressure, volume of the hydrogen 

3 

gas mixture; K, atm, cm /gmol 
acentric factor and molecular weight of the hydrogen gas 


mixture 
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average molecular weight of the feed 
PTOT molar flow rate of the oil feed, kmol/h 

HTOT molar flow rate of the hydrogen gas mixture, kmol/h 

TOTMOL total molar flow rate, kmol/h 

YO molar concentration of the components in the reaction 

mixture 

SHTRX heat released during HDS reaction, kcal/kmol 

CS mass fraction sulfur in feed 

CS0 mass fraction sulfur in product 

YS mole fraction sulfur in the reaction mixture at the 

reactor inlet 

YS0 mole fraction sulfur in the reaction mixture at any time 

TOTALS sulfur flow rate, kg/h 

SUBROUTINE DGIL : 

YO0 mole fraction of the components including hydrogen gas 

mixture 

YS0 mole fraction of sulfur in the liquid phase 

SHTRX heat released during HDS reaction, kcal/kmol S 

WH0 mass flow rate of the hydrogen gas mixture, kg/h 

3 

TC0 , VC0 critical temperature, K; critical volume, cm /gmol; 

PC0 critical pressure, atm 

AMOL0 molecular weight and acentric factor of the components 

OMEGA 

PT0 average reactor pressure, atm 

CPM heat capacity of the reaction mixture, kcal/kmol K 

AMX molar flow rate of the components in the hydrogen gas 

mixture, kmol/h 

XTOT molar flow rate of the hydrogen gas mixture at each 

increment, kmol/h 

FMO mass flow rates of the different components, kg/h 

compressibility factor of the reaction mixture 


Z0 
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SUBROUTINE PROP: (same as in Appendix A) 

SUBROUTINE ENTHL: 

Y molar concentration of the components 

ENTH enthalpy of the mixture, kcal/kmol 

CPM0 average molar specific heat of the gas mixture, 

kcal/kmol K 

SUBROUTINE PHILN: (parameter description is the same as in 
Appendix A although the argument list is different) 

SUBROUTINE CUBEQ: (same as in Appendix A) 

SUBROUTINE MIXHY: 

AMF molar concentration of the gas mixture 

AMOX molecular weight of the components 

TCX,PCX critical properties of the components 
VCX, OMX 

TCI, PCI mixture critical properties 
0M1 , VC1 

AML molecular weight of the gas mixture 

GAMA interaction parameter for calculating the mixture 

critical volume 

N total number of components 

THE,THET factors in the correlations for calculating the mixture 
critical volume and temperature respectively 
Z mixture critical compressibilty factor 

SUBROUTINE 1NTRCT : 

TCX, PCX critical properties of the components 
VCX, OMX 

AT , AV constants in the correlation for calculating the mixture 

critical volume 

SIV factor in the calculation of the interaction parameter 


SUBROUTINE MFRAC : 
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AMX moles of each components 

AMF mole fraction of the components 

N total number of components 

FUNCTION RATCON : 

T reaction temperature, K 

RATCON specific rate constant for the HDS reaction 
FUNCTION CP : 

TEM reaction temperature, K 

I =1 for hydrogen 

=2 for methane 
=3 for hydrogen sulfide 
=4 for ethane 
=5 for propane 

CP heat capacity of an ideal gas, kcal/kmol K 

4) DIMENSION REQUIREMENTS: 

The minimum DIMENSION of the parameters in the MAIN 
program as well as the subroutines is given in terms of N (total 
number of pseudo-components) and NC (the total number of 
components in the hydrogen gas mixture) 

MAIN: 

DIMENSION CC(N ) , API(N),V(N),TB(N),SG(N),FM(N), OMEGA ( N+ 1 ) , PC(N+1 ) , 
TC(N+1 ) , AM0L(N+1 ) , VC(N+1) , FMA(N ) , Y0(N+1) , AMX(NC) ,CF(N) , 
TCX( NC ) ,PCX(NC) , VCX(NC) , OMX(NC ) , GAMA(NC , NC ) , FMO (N+l ) 

AMF ( NC ) , AMOX( NC ) 

SUBROUTINE DGlL : 

DIMENSION TB0 ( N ) , AMOL0 ( N+ 1 ) , OMEGA ( N+ 1 ) , TC0 ( N+ 1 ) , VC0 ( N+ 1 ) , A( 4 ) , 

B(4),C(4), PC0(N+1 ) ,20(N+1,3), AMX(NC ) , YO0(N+1) , AMOX(NC) , 
TCX( NC ) , VCX( NC ) , OMX ( NC ) , PCX ( NC ) , AMF ( NC ) , FMO ( N+ 1 > 
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SUBROUTINE ENTHL : 

DIMENSION TC(N+1 ) , PC(N+1 ) , OMEGA(N+l ) , Y(N+1 ) , SG1(N ) , TBPP(N > 

HILN(N+2),PHILl(N+2),PHI(N+2),PHI(N+2), AMW(N+1) 
HID(N+1 ) , TBPR(N ) 

SUBROUTINE PHILN : 

DIMENSION TC(N+1 ) , PC(N+1 ) , OMEGA ( N+ 1 ) ,Y(N+l),A(N+2),B(N+2) 

Z (N+2 , 3 ) , ALFAA(N+1 ),HILN(N+2),PHI(N+2),TR(N+1) 
YALF(N+1),A1(N+1),B1(N+1> 

SUBROUTINE CUBEQ : 

DIMENSION A0(N+2),B0'(N+2),Z0(N+2,3) 

SUBROUTINE MFRAC : 

DIMENSION AMX(NC ) , AMF(NC ) 

SUBROUTINE MIXHY 

DIMENSION AMF(NC ) , AMOX(NC ) , TCX(NC ) , PCX(NC ) , OMX( NC ) , VCX(NC ) 
GAM A( NC , NC ) , THE ( NC ) , THET ( NC ) 

SUBROUTINE INTRCT : 

DIMENSION TCX( NC ) , PCX( NC ) , VCX( NC ) , OMX( NC > , GAMA( NC , NC ) , AT( NC ) 
AV(NC) 

5) INPUTS TO BE SUPPLIED 

1) Total number of pseudo-components 

2) Total number of components in the hydrogen gas mixture 

3) Either the purity of the hydrogen gas mixture 

4) Mid-boiling points of the pseudo-components, °C 

5) Specific gravity of the pseudo-components 

3 

6) Total volumetric feed rate, m /h 

7) Volumetric composition of the feed 
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8) Density of the catalyst bed, kg/m 3 

9) Critical properties and the molecular weights of 
components in the gas mixture 

10) Reactor inlet temperature (K) and pressure (atm) 

11) Mass fraction sulfur in feed 

12) Volumetric flow rate of the recycle and make-up gas, Nm 3 /h 

13) Volume of catalyst per bed, m 3 


the 



o n 


217 


^ ^ 4/ >1/ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ sX/ <d/ sX/ vl' vl^ vi/ vLr* si/ *JL/ \JL/ >1/ \Lf \L/ ^ \X/ \Xr \J> \i/ \1/ \b \X/ \i/ ^ ^ \X/ O/ vX/ \X/ \X» sA/ vX \1* Uv sjL» sLf vi/ \X iX \X >J_/ nX Xr Xf sX \jLt sJ^ 

\j ^ ^ ^ ^ '7 s ^ 'T 1 ^ ^ m 1 ^ 'r T' 't v o' ^ / T S •nr^ ^ ^ 'T v ^ T * T* 'T* ^ ^ ^ ^ ^ ■’T'- -T* * T ^ T ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ■T T * *¥+ 

PROGRAM FOR MODELING OF KEROSENE HYDROTREATER 

^ ^ ^ * ^if V^/ ^ N^/ ^ ^ \^ / ^ S ^/ ^ S ^> ^ \ ^ Vj^ ^ ^ ^ ^ ^ v|/ ^ ^ y^/ t|> v^/ ^ ^ v ^/ \ ^> v^y v^ ^ ^ ^ v ^> \^/ ^/ ^ v^> ^ ^ \ ^/ ^ v ^* ^ ^ ^ ^ ^ V^/ ^ ^ ^ 

DIMENSION CC(25),API(25),V(25),TB(25),SG(25),FM(25), OMEGA( 25) 
1 , PC(25),TC(25), AMOL( 25 ) ,VC(25),FMA(25), FM0(25 ) , Y0( 25) , AMX( 5 ) 

1 , CF( 25 ) , TCX( 5 ) , PCX( 5 ) , VCX( 5 ) , OMX( 5 ) , GAMA( 5,5), AMF ( 5 ) , AMOX( 5 ) 

COMMON TOTMOL , PTOT , HTOT , AMX , NC , AMF , FMO , GAMA 
COMMON/AREA 1/TCX , PCX , VCX , OMX , AMOX 
OPEN (UN IT =54 , DEVICE= 'DSK ' , FILE= ' KERO . OUT ' ) 

0PEN(UNIT=53 ,DEVICE= 'DSK ' , FILE= ' KERO . RES ' ) 

READ(54,*) (TB( I ) , 1=1 , 10 ) 

READ(54,*) (API ( I ) , 1=1 , 10 ) 

READ(54 ,*) (V(I),I=1, 10) 

PTOT=0 . 

N=10 

NC=2 

DO 23 1=1, N 

SG(I)=141.5/(API(I)+131.5) 

23 CONTINUE 

CALL P ROP ( TB , SG , N , TC , PC , VC , AMOL , OMEGA ) 

TCX( 1 )=41 . 2 ; PCX( 1 )=20 . 8 ; VCX( 1 )=65 . ;0MX( 1 )=0 . ; AMOX( 1 )=2 . 017 
TCX( 2 )=190 . 6; PCX( 2 )=45 . 4 ; VCX( 2 )=99 . ; OMX (2 )= . 008 ; AMOX( 2 )=16 . 
DO 13 1=1, N 

CF(I)=((TB(I)*9./5. )+492. )**(l./3. )/SG(I) 

13 CONTINUE 

C W RITE ( 53 , * )SG , TB , TC , PC , VC , AMOL , OMEGA , CF 

C BULK DENSITY=45 LBS/FT**3 

PURRY=. 70;PURMK= . 82 
C PURRY= . 86 ; PURMK= . 89 

C PURRY= . 68 ; PURMK= . 72 

RH0B=721 . 

RHOF=808 . 

SUM=0 . 

FT=75 . 

C FT=83 . 

C FT=73 . 

SUMF=RHOF*FT 

DO 40 1=1, N 

FM(I)=V(I)*SG(I)*1000. 

SUM=SUM+FM( I ) 

40 CONTINUE 

DO 50 1=1, N 
CC( I )=FM( I )/SUM 
FMA(I )=SUMF*CC( I ) 

FMO (I )=FMA( I )/AMOL( I ) 

PTOT=PTOT+FMO( I ) 

50 CONTINUE 

SHTRX=59361 . 

C TEM=581. 

TEM=568 . 

C TEM=570 . 

CPM=0 . 

DO 8 1=1,2 
K=I 

CPM=CPM+CP(TEM , K) 

8 CONTINUE 
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C CS= .0055 

C CS= .0049 

CS=. 0033+. 002 
REC=250 . ; AMKUP=1300 . 

C REC=250. ;AMKUP=1410. 

C REC=0. ;AMKUP=1650. 

VH=REC+AMKUP 

H2=PURRY*REC+PURMK*AMKUP 

CH4=VH-H2 

AMF ( 1 ) =H2/VH ; AMF ( 2 ) =CH4/ VH 
CALL INTRCT ( GAMA , NC ) 

CALL MIXHY ( AMF , AMOX , TCX , PCX , OMX , VCX , TCM , PCM , OMGM , VCM 
1 , AMOH,GAMA,NC) 

TC(N+1 )=TCM ; PC(N+1 )=PCM ; VC(N+1 )=VCM ; OMEGA (N+l )=OMGM 
AMOL(N+l )=AMOH 

RHOH=AMOL( N+l )*1000./< 82. 06*273. ) 

TOTALS=SUMF*CS 
HTOT=VH*RHOH/AMOH 
DO 15 1=1, NC i 

AMX(I )=AMF(I )*HTOT 
15 CONTINUE 

TOTMOL=PTOT+HTOT 
WRITE (53,34) TOTMOL 

34 FORMAT (4X,'NO. OF MOLES AT THE REACTOR INLET= ' ,F8 . 2// ) 
YS=TOTALS/(TOTMOL*32 . ) 

YS0=YS 
DO 76 1=1, N 
YO( I )=FMO( I )/TOTMOL 
76 CONTINUE 

YO(N+l)=VH*RHOH/(AMOH*TOTMOL) 

^ ^ ^ ^ *■ I * *■ I f vl . ^ iL/ \ vl j v t ^ v|j> I > ^ *. X** ^ ^ ^ Ob» OL^ \X/ ^ ^ Ob* ^b ^b 

I. ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ /p ^ ^ ^ ^ ^ ^ ^ ^p ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ nr ^ 

C N1=N0 . OF BEDS 

C N2=N0 OF STEPS 

C WCAT=WEIGHT OF CATALYST BED 

C********************************************************>M:********** 

Nl=l 
N2 = 25 
VCAT-1 s s 

WCAT=VCAT*RHOB 
TOTCAT=0 . 

PT=24 . 

DO 69 1=1, N1 
TOTCAT=TOTCAT+WCAT 
. WH=VH*RHOH 

CALL DGIL ( YO , YS0 , N , WCAT , N2 , TEM , RHOB , TB , SUMF , T2 , SHTRX , 

1 SG , TC , VC , AMOL , OMEGA , PC , PT , CPM ) 

CS0=YS0*32 . *TOTMOL/SUMF 
WRITE(53 , 36 ) TOTMOL 

36 FORMAT (4X, 'NO. OF MOLES AT THE REACTOR OUTLET= ' , F8.2//) 

30 WRITE(53 , 45 ) T2 , TEMP , CS0 , I 

45 FORM AT (4X, 'OUTLET TEMP= ' , F6 . 2 , 'K ' , 2X, ' INLET TEMP TO NEXT BED= ' , 

1 F6. 2, 'K' ,2X, 'OUTLET SULFUR CONC= ' , F6 . 4 , 2X, ' BED NUMBER= ' , 12// ) 

IFCI.EQ.3) GO TO 35 
69 CONTINUE 

35 HCON=(CS-CS0)*SUMF*8./32 . 

WRITE( 53 , 46 ) HCON 

46 F0RMAT(4X, 'H2 CONSUMED= ' , F8 . 2 , 'KG'//) 
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STOP 

END 


THIS SUBROUTINE INTEGRATES THE DIFFERENTIAL MASS BALANCE AND 
ENERGY BALANCE EQUATIONS USING THE RUNGE - KUTTA - GILL 
METHOD . . 

SUBROUTINE DGIL( YO0 , YS0 , N0 , WCAT0 , N20 , TEM0 , RHOB , TB0 , 

1 SUMF0 , T20 , SHTRX, SG0 , TC0 , VC0 , AMOL0 , OMEGA , PC0 , PT0 , CPM ) 

COMMON TOTMOL , PTOT , HTOT , AMX , NC , AMF , FMO , GAMA 
COMMON/AREA1/TCX , PCX , VCX , OMX , AMOX 

DIMENSION CC0( 25 ) , TB0( 25 ) , SG0( 25 ) , TC0( 25 ) , VC0( 25 ) , AMOL0( 25 ) 

1 , OMEGA (25 ),A(4),B(4),C(4), PC0( 25 ),Z0(26,3), AMX( 5 ) 

1 , YO0( 25 ) , AMOX( 5 ) , TCX( 5 ) , VCX< 5 ) , OMX< 5 ) , PCX( 5) , AMF(5) , FMO( 25 ) 

1 , GAMA( 5,5) 

X=0. 

Xl = l. 

Nl = l 

H=(X1-X)/(FLOAT(N20) ) 

D6=H*.5 
X=X+D6 
QQ=0 . 

Q=0 . 

A( 1)= . 5 
B( 1 )=2 . 

C( 1 )= . 5 

A( 2 ) = 1 . -SQRT ( .5) 

B(2)=l . 

C(2)=A(2) 

A( 3 ) = 1 . +SQRT ( . 5 ) 

B(3)=l . 

C(3)=A(3) 

A(4)=l./6. 

B(4)=2. 

C(4 )= . 5 
SGM=0 . 

DO 20 1=1, N0 
SGM=SGM+YO0( I )*SG0( I ) 

20 CONTINUE 
4 DO 3 J=l,4 

CPM=0 . 

DO 8 1=1,2 
K=I 

CPM=CPM+CP(TEM0 , K) 

8 CONTINUE 

Ll=2 

CALL ENTHL ( TC0 , PC0 , OMEGA , PT0 , TEM0 , YO0 , ENTH 1 , SG0 , TB0 , N0+ 1 , AMOL0 
1 ,L1,CPM,Z0) 

CPV=ENTH1/ (TEM0-273 . ) 

R=. 08206 

DC=-RATCON(TEM0)*PT0**2*(YS0**2)/((Z0(12, 1 )*R*TEM0)**2 ) 
DCM=DC*WC AT0/ ( TOTMOL ) 

DCOH=SHTRX*RATCON(TEM0)*(YS0**2)*(PT0/(Z0<12,1)*R*TEM0))**2 

D=A( J )^(DCM-B( J )*Q) 



D1=H*D 

T0T1=T0TM0L 

AMX( 1 )=AMX( 1 )+Dl*T0TM0L*4 . 

CALL MFRAC( AMX, AMF , NC ) 

CALL MIXHY ( AMF , AMOX , TCX , PCX , OMX , VCX , TC 1 , PC 1 , OM1 , VC1 , AML , 

1 GAMA, NC ) 

XTOT=0 . 

DO 19 1=1, NC 

XTOT=XTOT+AMX( I )*AMOX( I ) 

19 CONTINUE 

HTOT=XTOT/ AMOL0 ( N0+ 1 ) 

FMO(N0+1 )=HTOT 

CALL MFRAC(FMO , YO0 , N0+1 ) 

AMOL0(N0+1)=AML; PC0(N0+1 )=PC1 ; VC0(N0+1 )=VC1 ; TC0(N0+1 )=TC1 
OMEGA(N0+1 )=OMl 
YS0=YS0+D1 
D2=D*3 . 

D3=C(J)*DCM 

D2=D2-D3 

Q=Q+D2 

FMCP0=TOTMOL*CPV 
DCE=DCOH*WCAT0/FMCP0 
DD=A( J )*(DCE-B( J )*QQ) 

DD1=H*DD 

TEM0=TEM0+DD1 

DD2=DD*3. 

DD3=C( J )*DCE 
DD2=DD2-DD3 

QQ— QQ4-HH9 

TOTMOL=PTOT+HTOT 
YS0=YS0*TOT 1/TOTMOL 
IF(J.GT.l) GO TO 2 
GO TO 3 

2 IF ( J . GT . 2 ) GO TO 3 
X=X+D6 

3 CONTINUE 

CS0=YS0*32 . *TOTMOL/SUMF0 
WRITE( 53,48) N1,X,TEM0,CS0 

48 FORMAT (2X,'STEP NO . = ' , 13, 2X, 'FRACT . WEIGHT OF THE BED=',F4.2, 
1 2X, 'TEMPERATURE=' ,F7. 2, 'K' ,2X, 'SULFUR CONC . = ' ,F6 . 5//) 

IF(N1 . EQ . N2 )GO TO 5 
N1=N1+1 

IF(X.GT.Xl) GO TO 5 
X=X+D6 
GO TO 4 
5 T20=TEM0 
RETURN 
END 


C******************************************************************** 
SUBROUTINE PROP (same as that in Appendix A) 
C******************************************************************** 
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C THIS SUBROUTINE ESTIMATES THE ENTHALPIES ON THE BASIS OF 

C PENG-ROBINSON ' S EQUATION OF STATE 

C****X%**X%X*******X**XXXXXX**%***X**X****%X*****'%'M*'X**'%X*X**.X'%*%.X*.%-M 

SUBROUTINE ENTHL (TC , PC , OMEGA , PT , T , Y , ENTH , SGI , TBPP , N , AMW , L 1 , CPM 
1,2) 

DIMENSION TC( 25) ,PC (25 ), 0MEGA( 25 ) , Y ( 25 ) , SGI ( 25 ) , TBPP( 25 ) , 
1HILN(26),PHIL1(26),PHI(26),PHI1(26), AMW (25),HID(25) 

1 , Z ( 26 , 3 ) 

CALL PHILN ( TC , PC , OMEGA , PT , T , Y , HILN , PHI , N , 2 , L 1 , Z ) 

CALL PHI LN ( TC , PC , OMEGA , P T , ( T* 1 . 000 1 ) , Y , PHIL 1 , PHI 1 , N , 2 , L 1 , Z ) 

HEX=0 . 

DO 10 1=1, N 1 

HEX=HEX+( (PHILl(I)-HILN(I ))*Y(I )/( .0001*T)) 

10 CONTINUE 
R=1 . 987 

HEX=-R*(T**2 )*HEX 
TR=(T-273. )*9./5.+492. 

TF=(T-273 . )*9 ./5 .+32. 

HIDL=0 . 

DO 20 1=1, M-i 

HID( I ) = 215 . -87 . *SG1(I )+( .415- . 104*SG1(I ) )*TF+( .000310- .000078*SG 
11(1 ) )*TF**2 

HIDL=HIDL+Y(I )*HID(I)*AMW(I )*252. /453 . 5 
20 CONTINUE 

HID(N)=CPM*(T-273. ) 

A=Y(N )*HID(N ) 

HIDL=HIDL+Y(N)*HID(N) 

ENTH=HEX+HIDL 

RETURN 

END 

^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ v|^ ^ ^ v^ y ^ v^> ^ ^ ^ ^ ^ ^ v^/ ^ V^> y^ y^» y^> ^ ^ ^ y^/ ^ y^ ^ ^ y^ » ^ 

C THIS SUBROUTINE ESTIMATES THE FUGACITY CO-EFFICIENTS BASED ON 

C PENG ROBINSON'S EQUATION OF STATE 

>*1 ^ yJL a, ^ ju JL, ^ yju ^ ^ y iy *r* v|. v U ^ ^ ^ ^ ^ i ^ vL > ^ yL» ^ ^ ^ ^ ^ ^ y^ ^ y^/ ^ ^ <JL> ^ ^ ^ ^ ^ ^ vj^ ^ ^ ^ ^ ^ ^ ^ sL^ d/ ^ U/ U y 

I. ^ ^ ^ ^ /|s ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ * * T* ^ * * * ‘‘T ^ ^ fh 1 ^ ^ 

SUBROUTINE PHILN (TC , PC , OMEGA , PT , T , Y, HILN , PHI , N , L , LI , Z ) 

DIMENSION TC (25), PC (25), OMEGA ( 25),Y(25),A(26),B(26),Z(26,3) 

1 , ALFAA( 25),HILN(26),PHI(26),TR(25), YALF(25 ),A1(25),B1(25) 

DO 10 J=1 , N 
TR( J )=T/TC( J ) 

YALF ( J )=0 . 

R=. 08205 

Al( J ) = . 45724* ( R**2 )*(TC( J )**2 )/ (PC( J ) ) 

B1(J)=.07780*R*TC(J)/PC( J) 

ALFA=( 1 . +( . 37464+( 1 . 54226*0MEGA( J ) )-( . 26992*(0MEGA( J )**2) ) )*(1.- 

1(TR(J)**.5)))**2 

ALFAA(J)=ALFA*A1(J) 

A(J)=ALFAA(J)*PT/((R**2)*(T**2)) 

B(J)=B1(J)*PT/(R*T) 

10 CONTINUE 

IF(L.EQ.1)G0 TO 70 
A(N+1)=0. 

B(N+1)=0. 

ALF=0 . 

DO 20 J=1,N 

B(N+1)=B(N+1)+B(J )*Y ( J ) 
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DO 30 1=1, N 

A(N+1)=A(N+1)+Y(I)*Y(J)*((A(J)*A(I))**.5> 
ALF=ALF+(Y(I)*Y(J))*SQRT(ALFAA(I )*ALFAA(J)) 

YALF( J )=YALF( J >+Y(I )*SQRT( ALFAA( I )*ALFAA( J ) ) 

30 CONTINUE 
20 CONTINUE 

70 CALL CUBEQ(A,B,N,Z,L,L1) 

IF(L . EQ . 1 )GO TO 80 
DO 40 1=1, N 

HILN(I)=(B(I)/B(N+1))*(Z(N+1, 1)-1 . )-( ALOG(Z(N+l , 1 )-B(N+l) ) )+( A(N 
1+1 )/(4 . 828*B(N+1 )))*(B(I)/B(N+l)-(2. *YALF ( I )/ALF ) )*( ALOG( (Z(N+1 
1 , 1 )+2 . 414*B(N+1 ))/(Z(N+l, 1)- . 414*B(N+1 ) ) ) ) 

40 CONTINUE 
GO TO 100 
80 DO 90 1=1, N 

PHI(I)=Z(I,1)-1.-AL0G(Z(I, l)-B(I))-(A(I)/(B(I)*4.828))*ALO 
lG((Z(I,l)+(2 . 414*B( I )))/(Z(I,l)-(. 414*B( I > ) ) ) 

90 CONTINUE 
100 RETURN 
END 

O ^ ^ ^ ^ dLl OL» dL> ^ db db «- ^ \.l* %. %. by ^ dU ^ ^ v b U-/ db jy db db ^ by ^ v 1 y V 1 y ib ^ d y ^ tdy db d> db db db « b dj ^ «. b db db ^ db ^b »b d * db d> dy <yb ^b db db dy 

^ ^ ^ ^P ^p ^p ^ ^p ^p ^P ^p ^p ^p ^p ^p ^p ^ >fv ^p ^ ^P ^p /p ^P» ^p ^p ^p ^p ^p ^p» ^p ^p ^^p ^p 

SUBROUTINE CUBEQ (same as that in Appendix A) 

^ SjL? pU ^ ^ pi/ p|/ ^ ^ ^L/ ^ ^ ^ ^ ^ db ^ ^ t^y ^ db ^ pb ^ %^y » pb ^ db db ^ db ^X» df db ^ v^/ pb ^ ^ ^ d y db db db -ply ^ d^ dy db ^ db ^ ^ ^ i <UUt db ^ ^ db p^ dJ 

^ ^P nr *1^ ^r *nP nr ^^P ^P ^p nP ^P ^P nP ^P ^P nP ^P ^p ^p ^p ^ ^P ^p ^p ^p ^p ^P ^p ^ ^p ^ ^ ^ ^p ^ ^p ^p ^p ^p ^p ^p ^^P ^p ^p ^p ^p nP ^r ^r 1 i^P ^p ^p nr 

C THIS SUBROUTINE ESTIMATES THE MIXTURE CRITICAL PROPERTIES 

^ ^ ^ ^ ^ ^ yj ^ y ^/ ^ w^y w^y ^ y v^y ^ v^y ^y v^y ^ y v^y y^ / y^y \^y ^ v^y v^ y v^y y^y ^ v ^y y^ y^ y^ y y^ y^> y|^> yj ^ ^ ^ y^ y ^/ ^ y^ y^r ^ ^ y^/ ^ y^ \ ^/ ^ >^/ y^r yj|^ \|/ 

SUBROUTINE MIXHY (AMF, AMOX,TCX,PCX,OMX, VCX,TC1,PC1,0M1,VC1 
1 , AML, GAMA, N) 

DIMENSION AMF ( 5 ) , AMOX( 5 ) , TCX( 5 ) , PCX( 5 ) , OMX( 5 ) , VCX( 5 ) , 

1 GAMA( 5,5), THE ( 5 ) , THET ( 5 ) 

AML=0. ;OM1=0. ;PC1=0. ;VC1=0. 

R=82 .04 

TC1=0 . ; SUM1=0 . 

SUM=0 . 

DO 1 1=1, N 

0M1=0M1+0MX( I )*AMF ( I ) 

AML=AML+AMOX( I )*AMF ( I ) 

SUM=SUM+AMF ( I )*VCX( I )**( 2 . /3 . ) 

SUM1=SUM1+AMF ( I )*VCX( I ) 

1 CONTINUE 
DO 2 1=1, N 

THE( I )= AMF ( I )*VCX( I )**( 2 . /3 . )/SUM 
THET(I)=AMF(I)*VCX(I)/SUM1 

2 CONTINUE 
DO 3 J=1 , N 

TC 1=TC 1+THET ( J )*TCX( J ) 

VC1=VC1+THE( J )*VCX( J) 

DO 4 1=1, N 

VC1=VC1+THE( I )*THE( J)*GAMA(I , J) 

4 CONTINUE 

3 CONTINUE 

Z= . 2905- . 085*OM1 
PC1=Z*R*TC1/VC1 
10 RETURN 

END 
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C***%x***x*x%x%*%*x***%**x****%%*%*******%*x**%***%********%***'%-*%*** 

C THIS SUBROUTINE CALULATES THE INTERACTION PARAMETERS REQUIRED 

C FOR ESTIMATING THE CRITICAL PROPERTIES 

SUBROUTINE INTRCT (GAMA,N) 

DIMENSION TCX( 5 ) , PCX( 5 ) , VCX( 5 ) , OMX( 5 ) , ENTER( 5,5), GAMA( 5,5) 

1 , AT ( 5 ) , AV( 5 ) , OMA( 5 ) 

COMMON /AREA1/TCX , PCX , VCX , OMX 
R=82 . 04 

AT(1)=-.4957;AT(2)=17.1185;AT(3)=-168.56;AT(4)=587.05 
AT( 5)=-698 . 89 

AV( 1)=. 1397; AV(2)=-2. 9672; AV( 3 )=1 . 8337 ; AV(4 )=-l .536 
AV( 5 )=0 . 

DO 1 I=1,N 
DO 1 J=1,N 
IF( I . EQ . J )GO TO 1 

DV=ABS((VCX(I)**(2./3. )-VCX( J )**(2 . /3 . ) )/( VCX( I )**( 2 . /3 . ) 

1 +VCX(J)**(2./3. ))) 

SIV=0. 

DO 2 K=1,N 

IF (I.EQ.3.0R. J.EQ.3) GO TO 8 
SIV=SIV+AV(K)*DV**(K-1 ) 

GO TO 2 

8 SIV=SIV+AT( (K) )*DV**(K-1 ) 

2 CONTINUE 

GAMA( I , J )=SIV*(VCX(I )+VCX( J ) )/2 . 

1 CONTINUE 

RETURN 
END 

C THIS SUBROUTINE CALCULATES THE MOLE FRACTION GIVEN THE MOLAR 

C FLOW RATES 

SUBROUTINE MFRAC( AMX, AMF , N ) 

DIMENSION AMX( 5 ) , AMF ( 5 ) 

TOT=0 . 

DO 1 1=1, N 
TOT=TOT+AMX( I ) 

1 CONTINUE 
DO 2 1=1, N 
AMF(I)=AMX( I)/TOT 

2 CONTINUE 
RETURN 
END 

C THIS FUNCTION CALCULATES THE RATE CONSTANT FOR THE 

C DESULFURI SATION REACTION AS A FUNCTION OF TEMPERATURE. 

FUNCTION RATCON(T) 

RATCON=5 . 8E+12*EXP( -18118 ./T ) 

RETURN 

END 
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THIS FUNCTION SUBPROGRAM CALCULATES THE IDEAL SPECIFIC HEATS 
VALUES FOR HYDROGEN AND METHANE AS A FUNCTION OF TEMPERATURE 

FUNCTION CP(TEM, I ) 

GO TO (1,2, 3,4, 5) I 

1 CP=6 . 52+ . 78E-03*TEM+ . 12E-05*TEM**-2 
RETURN 

2 CP=3 . 381+18 . 044E-03*TEM-4 . 3E-06*TEM**2 
RETURN 

3 CP=7 . 81+2 . 96E-03*TEM- . 46E-05*TEM**-2 
RETURN 

4 CP=2 . 247+38 . 201E-03*TEM-11 . 049E-06*TEM**2 
RETURN 

5 CP=2. 410+57. 195E-03*TEM-17.533E-06*TEM**2 
RETURN 

END 



APPENDIX - D 


PROGRAM DESCRIPTION FOR THE DIESEL HYDROTREATER MODEL 

DUSAG1 

The program computes the sulfur concentration, 
temperature, molar flow rate, fraction of feed hydrocracked and 
hydrogen consumption at the exit of the reactor. The main program 
uses the subroutines DGIL along with other subroutines such as 
MIXHY, INTRCT to solve the model equations. There are altogether 
11 subroutines all of which are written in Fortran IV. 

2) SUBROUTINES REQUIRED 

SUBROUTINE DGIL: This subroutine solves the differential energy 
and material balance equations using the Runge-Rutta-Gill method. 
SUBROUTINE PROP: (same as in Appendix A ) 

SUBROUTINE ENTHL : This subroutine calculates the enthalpy of the 
liquid and vapour phase based on the Peng-Robinson 's EOS. 
SUBROUTINE NEWRAP : This subroutine solves the non-linear 
equation for flash calculation to estimate the V/L ratio as well 
as the liquid and vapour composition. 

SUBROUTINE PHILN : This subroutine calculates the fugacity 
coefficient based on the Peng-Robinson 's EOS. 

SUBROUTINE CUBEQ: (same as in Appendix A ) 

SUBROUTINE VAPRES: This subroutine calculates the ideal vapour- 
liquid equilibrium ratio at reaction conditions 

SUBROUTINE MOLAV: This subroutine calculates the average molecular 
weight of 
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a mixture. 

SUBROUTINE MFRAC: This subroutine calculates the mole fraction 
of the components from the molar flow rate. 

SUBROUTINE MIXHY : This subroutine calculates the critical 
properties of the hydrogen gas mixture. 

SUBROUTINE INTRCT : This subroutine calculates the interaction 
parameter required for calculating the critical properties of the 
hydrogen gas mixture. 

FUNCTION RATCON : This function subprogram calculates the 
reaction rate constant for the desulfur isation reaction. 

FUNCTION RATCR: This function subprogram calculates the specific 
rate constant for the hydrocracking reaction. 

FUNCTION CP: This function subprogram calculates the ideal gas 
heat capacity of the different components in the hydrogen gas 
mixture . 

2) DESCRIPTION OF THE PARAMETERS 
MAIN: 

i 

TC1,VC1, critical temperature, critical volume and critical 
PCI 

0M1, AML 

HRCR 

YS 
YS0 

CS 


pressure of the hydrogen gas mixture. 

acentric factor and molecular weight of the hydrogen gas 
mixture 

heat of reaction for the hydrocracking 
reaction, kcal/kmol 

mass fraction sulfur in liquid feed at reactor inlet 
mass fraction sulfur in liquid reaction mixture at the 
exit of the reactor 

mass/mol fraction sulfur in liquid feed at reactor inlet 
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HMOL 


mol fraction sulfur in liquid reaction mixture 
mass flow rate of the hydrogen gas mixture , kg/h 
molecular weight of the hydrogen gas mixture 


mole fraction of the pseudo-components and the hydrogen 
gas mixture based on the total molar flow rate of the 
reaction mixture, 
vapour-liquid equilibrium ratio 


XL, XV 


molar liquid and vapour compositions 


XI vapour to feed ratio 

AVM,AVM1 average molecular weight of the vapour and liquid 
respectively 

VAP,LIQ molar flow rate of the vapour and liquid respectively, 
kmol/h 


WCON 


mass fraction of the uncracked feed 


SUBROUTINE DGIL : 


FMF1 


mass fraction of the components including hydrogen gas 


mixture 


mole fraction of sulfur in the liquid phase 


SHTRX 


heat of reaction for the HDS reaction, kcal/kmol S 


specific gravity of the pseudo-components 

mass flow rate of the hydrogen gas mixture, kg/h 


HRCR0 


heat of reaction for the hydrocracking reaction. 


kcal/mol 

mol fraction of the feed left uncracked in the liquid 


phase 

ALIQ,VAP liquid and vapour molar flow rate, kmol/h 


XL , YV 


>lar concentration of the liquid and vapour phase 


RATIO vapour to liquid mole ratio 

WCR mass of the feed hydrocracked , kg/h 
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pressure drop per integration step, atm 
molar flow rate of the gas mixture, kmol/h 
molecular weight of the hydrogen gas mixture 
average molecular weight of the liquid feed 
change in the molar concentration of sulfur 
uncracked feed 

increase in the number of moles in the liquid phase 
to hydrocracking 

enthalpy of the vapour phase, kcal/kmol 
enthalpy of the liquid phase, kcal/kmol 
£(mOle)^(sp. heat)^, kcal/K 

=dT/dW 

vapour pressure of the different pseudo-components 
reaction conditions 
SUBROUTINE PROP: (same as in Appendix A) 

SUBROUTINE ENTHL : (parameter description is same as in Appendix 
SUBROUTINE NEWRAP : 

VFRAC vapour to feed mole ratio 

XF molar concentration of the feed 

BK vapour td liquid equilibrium ratio 

N total number of components 

XL molar concentration of the liquid phase 

Y molar concentration of the vapour phase 

PT pressure at which V/F has to be calculated 

T temperature at which the V/F has to be calculated 

SUBROUTINE PHILN: (same as in Appendix A) 

SUBROUTINE CUBEQ : (same as in Appendix A) 


STP 

AB 

HMOL 
AVML 
D1 , DIR 

EX 

ENTVAP 

ENTLIQ 

FMCP0 

DCOH 

DCE 

VPR0 


and 


due 


at 


C ) 


SUBROUTINE VAPRES: 
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T reaction temperature, K 

TC critical temperature of the pseudo-components, K 

OMEGA acentric factor 

VPR reduced vapour pressure 

N number of components 

PT reactor pressure, atm 

BK vapour- liquid equilibrium ratio 

PC critical pressure, atm 

F0,F1 parameters in Lee-Kesler's modification of Pitzer's 
equation . 

SUBROUTINE MOLAV: 

AMOL molecular weight of the components 

XL molar concentration of the components 

N total number of components 

AVM average molecular weight 

SUBROUTINE MFRAC : (same as in Appendix C) 

SUBROUTINE MIXHY : (same as in Appendix C) 

SUBROUTINE INTRCT : ( same as in Appendix C) 

FUNCTION RATCON: 

RATCON specific rate constant for the HDS reaction 
FUNCTION RATCR : 

RATCR specific rate constant for the hydrcracking reaction 

FUNCTION CP: (same as in Appendix C) 

3) DIMENSION REQUIREMENTS 

The DIMENSION of different parameters in the MAIN 
program as well as the subroutines are given in terms of N (total 
number of pseudo-components) and NC (total number of components in 
the gas mixture) . 
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MAIN 

DIMENSION CC(N),V(N),TB<N),SG(N),FM(N),OMEGA(N+l),PC(N+l) 
TC(N+l),AMOL(N+l),VC(N+l),FMF(N+l),AFM(N),VPR(N) 
BK(N+1),XL(N+1),YV(N+1),CF(N), PCX(NC ) ,TCX(NC) , VCX(NC ) 
OMX( NC ) , AMX(NC ) , AMF( NC > , AMOX( NC ) , GAM A( NC , NC ) 

SUBROUTINE DGIL 

DIMENSION CC0 ( N ) , TB0 (N ) , SG0 ( N ) , TC0 ( N+ 1 > , VC0 ( N+ 1 ) , AMOL0 ( N+ 1 ) 

OMEGA(N+1),A(4),B(4),C(4),FMF1(N+1),PC0(N+1),XL(N+1), . 
YV(N+1),VPR0(N+1),BK(N+1), AFM( N ) , PCX(NC ) , TCX(NC) 

VCX( NC ) , OMX(NC ) , AMX( NC ) , AMF (NC ) , AMOX(NC ) 

SUBROUTINE PROP:, (same as in Appendix A) 

SUBROUTINE ENTHL : (same as in Appendix C) 

SUBROUTINE NEWRAP : 

DIMENSION XF(N+1),BK(N+1),XL(N+1),Y(N+1),TC(N+1),PC(N+1) 
OMEGA(N+l) 

SUBROUTINE PHILN : (same as in Appendix C) 

SUBROUTINE CUBEQ: (same as in Appendix C) 

SUBROUTINE VAPRES: 

DIMENSION TR(N),TC(N), OMEGA(N ) ,VPR(N),BK(N),PC(N) 

SUBROUTINE MOLAV: 

DIMENSION AMOL(N+l ) , XL(N+1 ) 

SUBROUTINE MFRAC : (same as in Appendix C) 

SUBROUTINE MIXHY : (same as in Appendix C) 

SUBROUTINE INTRCT : (same as in Appendix C) 

5) INPUTS TO BE SUPPLIED 

1) Total number of pseudo-components 

2) Total number of components in the hydrogen gas mixture 

3) Either the purity of the hydrogen gas mixture or the detailed 
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composition . 

4) Mid-boiling points of the pseudo-components, °C 

5) Specific gravity of the pseudo-components 

O 

6) Total volumetric feed rate, m /h 

7) Volumetric composition of the feed 

3 

8) Average density of the feed, kg/m 

9) Density of the catalyst bed, kg/m^ 

10) Critical properties and the molecular weights of the components 
in the gas mixture 

11) Reactor inlet temperature (K) and pressure (atm) 

12) Mass fraction sulfur in feed 

3 

13) Volumetric flow rate of the recycle and make-up gas, Nm /h 

3 

14) Volume of catalyst per bed, m 

15) Total number of beds 

16) Number of integration steps per bed 

17) Intial guess for vapour to liquid ratio 
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C PROGRAM FOR MODELING OF DIESEL HYDROTREATER 

C 

DIMENSION CC(25),V(25),TB(25),SG(25),FM(25), OMEGA ( 25 ) 

1 ,PC(25),TC(25),AMOL(25),VC(25),FMA(25),FMF(25),AFM(25),VPR(25) 

1 , BK(25),XL(25),YV(25),CF(25), PCX( 5 ) , TCX( 5 ) , 

1 VCX( 5 ) , OMX( 5 ) , AMX( 5 ) , AMF ( 5 ) , AMOX( 5 ) , GAMA( 5,5) 

COMMON TOTMOL , XI , WCR , STP , HTOT , AFM , HMOL , GAMA, AVM , PTOT 
COMMON /AREA1/TCX , PCX , VCX , OMX , NC 
0PEN(UNIT=22,DEVICE='DSK' , FILE= ' DIS . IN ' ) 

READ(22,*) (TB( I ) , 1=1 , 13) 

READ(22,*) ( SG( I), 1=1, 13) 

RE AD (22,*) ( V( I ) , 1=1 , 13 ) 

N=13 

NC=5 

TEM=613 . 

C TEM=608 . 

C TEM=623 . 

TCX( 1 )=41 . 2 ; TCX( 3 )=373 . 2 ; TCX( 2 )=190 . 6 ; TCX( 4 )=305 . 4 
TCX( 5 )=369 . 8 

VCX(1)=65. ; VCX( 3 )=98 . 5 ; VCX( 2 )=99 . ;VCX(4)=148. ;VCX(5)=203. 

PCX( 1 )=20 . 8 ; PCX( 3 )=88 . 2 ; PCX( 2 )=45 . 4 ; PCX(4)=48 . 2 ; PCX( 5)=41 . 9 
OMX( 1 )=0 . ; OMX< 3 )= . 1 ; OMX( 2 ) = . 008 ; OMX( 4 ) = . 098 ; OMX( 5 )= . 152 
AMOX( 1 )=2 . ; AMOX( 3 ) = 34 . ; AMOX( 2 )=16 . ; AM0X(4 )=30 . ; AMOX( 5 ) =44 . 

C JU=1 FOR SET A 

C ************************************************************** 

JU=2 

IFCJU.EQ. l)GO TO 14 
C PURRY= . 9 ; PURMK= . 9 

C PURRY= . 56 ; PURMK= . 58 

PURRY= . 8 ; PURMK= . 86 
C REC=3 100. ;AMKUP= 1500. 

C REC=7200 . ; AMKUP=2500 . 

REC=2900 . ; AMKUP=1525 . 

VH=REC+AMKUP 

AMIX=REC*PURRY+AMKUP*PURMK 
AMX(1)=1000. *AMIX/(82. 06*273. ) 

AMX( 2 )=( VH-AMIX)*1000 ./(82. 06*273. ) 

CALL MFRAC ( AMX , AMF , NC ) 

IF(JU.NE. 1) GO TO 16 

C ************************************************************* 

C FOR SET A THE MOLAR CONCENTRATION OF THE GAS AT THE 

C REACTOR INLET WAS KNOWN HENCE MFRAC IS NOT CALLED 

C ************************************************************* 

14 AMF( 1 )= . 6728; AMF (3)=. 01767; AMF (2)=. 28499 ; AMF(4 )=. 02065 

AMF(5)=3.885E-03 
16 CPM=0 . 

DO 5 1=1, NC 
K=I 

CPM=CPM+AMF ( I )*CP ( TEM , K ) 

5 CONTINUE 


CALL INTRCT(GAMA, 5 ) jt 

CALL MIXHY(AMF,AM0X,TC1,PC1,0M1,VC1,AML,GAMA) AunT , Hi1 N _. MT 

TC(N+1 )=TC 1 ;PC(N + 1 )=PC1 ;VC(N+1)=VC1; OMEGA ( N+ 1 )-OMl ; AM0L(N+1 )-AML 
RHOH=AMOL(N+1)*1000. /(82. 06*273. ) 
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WH=VH*RHOH 
C WH=3060 . 

HT0T=WH/AM0L(N+1) 

IF(JU.NE.l) GO TO 15 
DO 89 1=1, NC 
AMX(I)=AMF(I)*HTOT 
89 CONTINUE 

15 CALL PROP(TB, SG,N,TC,PC, VC, AMOL, OMEGA) 

DO 13 1=1, N 

CFCI)=((TB(I)*9./5. >+492. >**(l./3. )/SG(I) 

13 CONTINUE 
C PT=37. 

C STP= . 1 

PT=35 . 

CALL VAPRES ( TEM , TC , OMEGA , VPR , N , PT , BK , PC ) 

C BULK DENSITY=45 LBS/FW3 

RHOB=721 . 

RHOF=840 . 

SUM=0 . 

FT=34 . 5 
C FT=37 . 3 

C FT=29 . 4 

SUMF=RHOF*FT 
C SUMF=26067 . 

DO 40 1=1, N 

FM(I )=V( I )*SG(I >*1000 . /AMOL(I ) 

SUM=SUM+FM( I ) 

40 CONTINUE 

DO 50 1=1, N 
CC(I )=FM(I )/SUM 
50 CONTINUE 

AVMOL=0 . 

DO 10 1=1, N 

AVMOL=AVMOL+CC ( I )*AMOL ( I ) 

10 CONTINUE 

PTOT=SUMF/AVMOL 
TOTMOL=PTOT+HTOT 
HRCR=10000 . 

SHTRX=44521 . 

CS= .0146 
C CS= .012 

C CS= .0148 

C CS= .02 

YS=CS 
CR=1 . 

CR0=CR 

TOTALS=SUMF*CS 
HMOL=AMOL(N+l ) 

WRITE(63, 27) TOTMOL 

27 F0RMAT(2X, 'TOTAL NO. OF MOLES AT THE INLET= ' , F8 . 2/ ) 
DO 82 1=1, N 
AFM( I )=CC( I )*PTOT 
FMF( I )=AFM( I )/TOTMOL 
82 CONTINUE 

FMF(N+1 )=HTOT/TOTMOL 
BK(N+1)=20 . i 
Xl= . 3 
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CALL NEWRAP(X1 , FMF , BK , N+l , XL , YV, PT , TEM , TC , PC , OMEGA) 

WRITE( 63 , 2 ) XI 

2 FORMAT(3X, 'V/F RATIO=' ,F6.4/) 

CALL MOLAV( AMOL , AVM , XL , N+l ) 

CALL MOL AV (AMOL, AVM 1,YV, N+l) 

WRITE( 63 , 8 ) AVM , AVM1 

8 FORMAT ( 3X , 'AV. MOL. WT.OF LIQ= ' , F6 . 2 , 'AV. MOL. WT . OF VAP=',F6. 

1 2/) 

VAP=Xl*TOTMOL ; ALIQ=TOTMOL*( 1-X1) 

CS=TOTALS/(ALIQ*32. ) 

CS0=CS 

C******^****Xok*^^^:*)K**5)c*******))<*>|ot:^:^otc^^**^>f:*>k***^*)(otc*)t:>)c3K**3(c*^:*>lt)tc^o<otc*^ 
Nl=NO. OF BEDS 
N2=N0 OF STEPS 
WCAT=WEIGHT OF CATALYST BED 

Nl=l 
N2=25 
VCAT=10 . 

WCAT=VCAT*RHOB 
TOTCAT=0 . 

DO 69 1=1, N1 
TOTCAT=TOTCAT+WCAT 

CALL DGIL ( FMF , CS0 , N , WCAT , N2 , TEM , RHOB , TB , SUMF , T2 , SHTRX, 

1 SG , WH , TC , VC , AMOL , OMEGA , PC , PT , HRCR , CR0 , ALIQ, VAP , XL , YV 
1 , AMX, AMOX,CPM) 

YS0=CS0*ALIQ*32 . /SUMF 
¥CON=l . -WCR/SUMF 
WRITE (63,4) XI , YS0 , WCON 

4 FORMAT (3X, 'V/F RATIO AT THE EXIT= ', F6 . 4 , ' SULFUR MASS FRAC.=' 

1 , F6 . 5 , 'UNCRACK= ' , F6 . 5/ ) 

WRITE( 63 , 28 ) TOTMOL 

28 FORMAT(3X, 'TOTAL NO. OF MOLES AT THE EXIT= ' , F8 . 2/ ) 

30 WRITE( 63 , 45 ) ,T2,YS0,I 

45 FORMAT(4X, 'OUTLET TEMP= ' , F6 . 2, 'K ' , 2X, 

1 'OUTLET SULFUR CONC= ' , F6 . 4 , 2X, 'BED NUMBERS ',12//) 

IF( I . EQ . 3) GO TO 35 
69 CONTINUE 

35 HCON=( YS-YS0 )*6 . /32 . *SUMF+WCR*2 . /AVMOL 
WRITE( 63 , 46 ) HCON 

46 FORMAT (4X, 'H2 CONSUMED= ' , F8 . 2, 'KG'// ) 

STOP 

END 


C******************************************************************** 
C THIS SUBROUTINE USES THE RUNGE - KUTTA - GILL METHOD TO 

C NUMERICALLY INTEGRATE THE DIFFERENTIAL MASS AND ENERGY 

C EQUATIONS. 

SUBROUTINE DGIL( FMF 1 , CS0 , N0 , WCAT0 , N20 , TEM0 , RHOB , TB0 , 

1 SUMF0 , T20 , SHTRX , SG0 , WH0 , TC0 , VC0 , AMOL0 , OMEGA , PC0 , PT0 
1 , H RC R0 , C R0 , AL I Q , V AP , XL , Y V , AMX , AMOX , CPM ) 

COMMON TOTMOL , RATIO , WCR , STP , AB , AFM , HMOL , GAMA , AVML , PTOT 
COMMON / AREA1/TCX , PCX , VCX , OMX , NC 

DIMENSION TB0(25 ) , SG0(25 ) , TC0( 25 ) , VC0(25 ) , AMOL0(25 ) 

1 , OMEGA( 25 ) ,A(4),B(4),C(4), FMF1( 25 ) ,PC0( 25), XL (25) , YV(25 ) 
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1 

1 


1 


4 


16 


1 


70 


, VPR0( 25) , BK( 25 ) , AFM(25) , PCX( 5) , TCX(5) , VCX( 5 ) ,QMX( 5 
) , AMX( 5 ) , AMF ( 5 ) , AMOX( 5 ) , GAMA( 5 , 5 ) 

BK(N0+1 )=20 . 

X=0. 

Xl = l. 


Nl=l 

H=(X1-X)/ ( FLOAT (N 20 ) ) 

D6=H* . 5 
X=X+D6 
QQ=0 . 

Q=0 . 

QR=0 . 

A( 1 )= . 5 
B( 1 )=2 . 

C( 1 )= . 5 

A( 2 )=1 . -SQRT( .5) 

B( 2 ) = 1 . 

C( 2 )=A( 2 ) 

A( 3 )=1 . +SQRT( .5) 

B(3)=l. 

C( 3 )=A( 3 ) 

A(4)=l./6. 

B(4 )=2 . i 

C(4 )= . 5 

CALL ENTHL< TC0 , PC0 , OMEGA , PT0 , TEM0 , XL , ENTLIQ, SG0 , TB0 , N0+1 , AMOL0 , 1 
,CPM) 

CPL=ENTLIQ/(TEM0-273. ) 

DO 3 J=l,4 
CPM=0 . 

DO 16 1=1, NC 
K=I 

CPM=CPM+AMF( I )*CP<TEM0 , K) 

CONTINUE 

CALL ENTHL ( TC0 , PC0 , OMEGA , PT0 , TEM0 , YV , ENTVAP , SG0 , TB0 , N0+1 , AMOL0 
, 2 ,CPM ) 

CPV=ENTVAP/(TEM0-273 . ) 

DC=-RATCON(TEM0 )*(CS0**2 ) 

DCR=-RATCR(TEM0 )*CR0 

DCM=DC*WCAT0/ALIQ 

DCMR=DCR*WCAT0/ALIQ 

DCOH=SHTRX*RATCON(TEM0)*(CS0**2)+HRCR0*RATCR(TEM0)*CR0 

HFRT0=DCOH+HFRT0 

D=A( J )*(DCM-B( J )*Q) 

DR=A(J)*(DCMR-B(J)*QR) 

D1=H*D 


D1R=H*DR 

AMX(1)=AMX(1)+D1*ALIQ*3+D1R*ALIQ 
AMX( 3 ) = AMX( 3 ) -D 1*ALIQ 
CALL MFRAC ( AMX , AMF , NC ) 

CALL MIXHY( AMF , AMOX , TC 1 , PC 1 , OM 1 , VC 1 , AML , GAMA ) 

TC0(N0+1 )=TC1 ; PC0(N0+1 )=PC1 ; VC0(N0+1 )=VC1 ; OMEGA(N0+1 >=OMl 
AMOL0(N0+1 )=AML 
XTOT=0 . 

DO 70 1=1, NC 
XTOT=XTOT+AMX( I )*AMOX( I ) 

CONTINUE 

AB=XTOT/AMOL0 ( N0+ 1 ) 



TOTMOL=PTOT+AB 

WCR=WCR-D1R*ALIQ*AVML 

CS0=CS0+D1 

CR0=CR0+D1R 

D2=D*3 . 

D2R=DR*3 . 

D3=C( J)*DCM 

D3R=C(J)*DCMR 

D2=D2-D3 

D2R=D2R-D3R 

Q=Q+D2 

QR=QR+D2R 

FMCP0=VAP*CPV+ALIQ*CPL 

DCE=DCOH*WCAT0/FMCP0 

DD=A(J)*(DCE-B(J)*QQ) 

DD1=H*DD 
TEM0=TEM0+DD1 
DD2=DD*3 . 

DD3=C( J)*DCE 

DD2=DD2-DD3 

QQ=QQ+DD2 

IF(J.GT. 1) GO TO 2 
GO TO 7 

I F ( J . GT . 2 ) GO TO 7 

X=X+D6 

RATIO= . 8 

AFM(N0+1 )=AB 

DO 9 1=1, N0 

FMF1( I )=AFM( I )/TOTMOL 

CONTINUE 

FMF1(N0+1 )=AB/TOTMOL 

CALL VAPRES ( TEM0 , TC0 , OMEGA , VPR0 , N0 , PT0 , BK , PC0 ) 

CALL NEWRAP ( RATIO , FMF 1 , BK , N0+ 1 , XL , YV , PT0 , TEM0 , TC0 , PC0 , OMEGA ) 
CALL MOL AV ( AMOL0 , AVML , XL , N0+ 1 ) 

CALL MOLAV(AMOL0, AVMV, YV,N0+1 ) 

VAP=RATIO*TOTMOL 
YS0=CS0*32 . *ALIQ/SUMF0 
CS1=CS0 
AL1=ALIQ 

CS0=CS0*AL1/(TOTMOL*( 1 . -RATIO ) ) 

YR0=( 1 . -WCR/SUMF0 ) 

CR1=CR0 

CR0=CR1*TOTMOL*( 1 . -RATIO )/ALl 
ALIQ=TOTMOL*( 1 . -RATIO) 

CONTINUE 

WRITE( 63 , 48 ) N 1 , X , TEM0 , YS0 , YR0 

FORMAT ( 2X , ' STEP NO . = ',13 , 2X, 'FRACT . WEIGHT OF THE BED= ' , 

F4 . 2 , 2X, 'TEMPERATURE= ' ,F7 . 2, 'K ' , 2X, 'SULFUR CONC . = ' ,F6 . 5, 2X, ' 
UNCRACKED. CONC . = ' , F6 . 4// ) 

IF(Nl.EQ.N2)GO TO 5 
PT0=PT0-STP 
N 1=N 1+1 

IF(X.GT.Xl) GO TO 5 

X=X+D6 

RATIO= . 8 

CALL VAPRES (TEM0 , TC0 , OMEGA , VPR0 , N0 , PT0 , BK , PC0 ) 

CALL NEWRAP ( RATIO , FMF 1 , BK , N0+ 1 , XL , YV , PT0 , TEM0 , TC0 , PC0 , OMEGA ) 



237 


CALL MOLAV( AMOL0 , AVML , XL , N0+1 ) 

CALL MOLAV ( AMOL0 , AVM V , YV , N0+ 1 ) 

VAP=RATIO*TOTMOL 
CS0=CS1*AL1/(TOTMOL*( 1 . -RATIO) ) 

CR0=CR1*TOTMOL*( 1 . -RATIO )/ALl 
ALIQ=TOTMOL*( 1 . -RATIO ) 

GO TO 4 
5 T20=TEM0 

WRITE(63 , 22) AVML , AVMV , 

22 FORMAT (3X, 'VAP AVERAGE MOL . WT . = ' , F6 . 2 , 'LIQ AVERAGE MOLWT . = , 
1 F6.2) 

RETURN 

END 


C******************************************************************** 

SUBROUTINE PROP (same as in Appendix A) . * 

C****************************************************************** 

C******************************************************************** 

C THIS SUBROUTINE ESTIMATES THE ENTHALPY OF THE LIQUID AND 

C VAPOUR PHASE BASED ON THE PENG- ROBINSON ' S EQUATION OF STATE 

C************************************************************** ****** 
SUBROUTINE ENTHL ( TC , PC , OMEGA , PT , T , Y , ENTH , SGI , TBPP , N , AMW , LI 

1 DIMENSION TC(25) ,PC(25) ,0MEGA(25) , Y(25) ,SG1(25) ,TBPP(25) , 

1HILN( 26 ) , PHIL1( 26 ) , PHI (26) , PHI1( 26 ) , AMW ( 25) , AK( 25 ) , HID( 25 ) 
1,CF(25),CP(25),TBPR(25) 

CALL PHILN(TC , PC , OMEGA, PT , T , Y, HILN , PHI ,N, 2 ,L1 ) 

CALL PHILN ( TC , PC , OMEGA , PT , (T*l . 0001 ) , Y , PHIL1 , PHI 1 , N , 2 , L 1 ) 

HEX=0 . 

DO 10 1=1, N 

HEX=HEX+( ( PHIL1( I )-HILN ( I ) )*Y( I )/ ( . 0001*T ) ) 

10 CONTINUE 
R=1.987 

HEX=-R*(T**2)*HEX 
TR=(T-273. )*9./5.+492. 

TF=(T-273. )*9./5.+32. 

HIDL=0 . 

HID (I )=215 N -87.*SG1(I )+( .415- . 104*SG1(I ) )*TF+( .000310- 
1 . 000078*SG1( I ) )*TF**2 

HIDL=HIDL+Y ( I )*AMW (I)*HID(I)*252./453.5 
20 CONTINUE 

HID(N)=CPM*(T-273. ) 

HIDL=Y(N )*HID(N )+HIDL 

ENTH=HEX+HIDL 

RETURN 

END 

? S!TSKS^S5S*S^^SSS^ 

SUBROUTINE NEWRAP(VFRAC ,XF ,BR,N,XL^Y,PT ,T,TC^PC^ 

DIMENSION XF( 25 ) , BK(25) ,XL(25) , Y(25) >TC(Zo ) ,ru<. * 

1 ,BK1(25), HILN 1(26), HILN 2(26) , PHI (26) 

53 VFRAC= . 1 
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DVFRAC= .05 
FLAGP=1. 

FLAGM=1 . 

LOOP=0 

10 L00P=L00P+1 

IF(LOOP .GT . 100) STOP 
SUMX=0 . 

DO 15 J=1 , N 

XL ( J ) =XF ( J ) / ( 1 . + VF RAC* (BK(J)-l. )) 

15 SUMX=SUMX+XL ( J ) 

IF(ABS(SUMX-1. ).LT. .000005) GO TO 50 
IF(SUMX-1. >20,20,30 

20 IF(FLAGP >21,21,22 

21 DVFRAC=DVFRAC* . 5 

22 VF RAC = VF RAC+D VF RAC 
FLAGM=-1 . 

GO TO 10 

30 IF(FLAGM)31, 31,32 

31 DVFRAC=DVFRAC* . 5 

32 VF R AC = VF R AC - D VF R AC 
FLAGP=-1. 

GO TO 10 

50 DO 51 J=1 , N 

Y( J ) =XL ( J )*BK( J ) 

51 SUM2=SUM2+Y( J ) 

RETURN 

END 


SUBROUTINE PHILN (same as in Appendix C) 
CsK****************^****************^^^^***^*************^***:********* 

1j|^ ^ \^ / >j|^ \|^ v|> ^ ^ v^/ V^y ^ |> v^* v^y 

SUBROUTINE CUBEQ (same as in Appendix A) 

y*| ^l> ^ ^L 1 \^y ^ >X# ^ ^ O y \L/ vl y vl> il > v I > t.L i ly yly *^L/ »- i y ^1/ t ty i- |y ^ *- 1 y vL 4.1 y <^ J L* dL> cL/ %JLr 

\_ _j ^ ^ # T' 'T’ * i * ^ ^ ^ ^ ^ ^ ^ ^ ^ 


^1 ^ ^ t ^ > t^y v^y ^ ^ \ ^ ^ ^ \^ ^ ^ ^ V^ > ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ \^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^j> ^ ^ ^ ^ ^ ^ ^ ^ ^ 

C THIS SUBROUTINE ESTIMATES THE VAPOUR PRESSURE AS A FUNCTION 

C OF TEMPERATURE USING LEE-KESLER'S MODIFICATION OF PITZER 

C EQUATION 

n JL' vjL/ »ly vjU tLy % 1> vly ^ <Jy ily \1+ ^ vb Jb ^ \^/ tj^y Ob Ob OL» Ob Ob %^/ ^ ^ ^ Ob vb ^ Ob ^ ^ t^y \ly ^ t^y t^/ ^ ^ Oy Ob ^ ^ Ob Ob ^ ^ ^ Ob Qb ^ ^ vL» U/ \j|£ \jLf \b ^Lr vb \b \b Ob O# 

l. J Jo ^ ^ ^ J|s ^pk ^ ^ <^p> ^ ^ ^ ^ ^ /p /p ^ 'T' ^ ^P ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ 

SUBROUTINE VAPRES(T , TC , OMEGA , VPR, N , PT , BK , PC ) 

DIMENSION TR(25),TC(25) ,0MEGA( 25) , VPR (25 ) , BK(25) ,PC(25) 

DO 10 1=1, N 
TR(I )=T/TC( I ) 

F0=5 . 92714-6 . 09648/TR( I )-l . 28862*AL0G(TR(I ) )+ . 169347*TR(I )**6 
Fl=15 . 2518-15 . 6825/TR( I )-13 . 4721*AL0G(TR(I ) )+ . 43577*TR( I )**6 
VPR(I)=EXP(F0+OMEGA(I)*F1) 

BK( I )=VPR( I )*PC( I )/PT 
10 CONTINUE 
RETURN 
END 

C>»c>|c*)K**^********************^^**^*^***^*^*^*** :<< ** ) * c),c * 5 * t * 2,c * 3K * 3,,:5 * c:t:>t:: * :3,<: * c ** , * : 
C THIS SUBROUTINE CALCULATES THE AVERAGE MOLECULAR WEIGHT OF THE 

C GAS OR LIQUID MIXTURE 



239 


P* ^ ^ ^ ^ ^ vL^ ^ ^ ^ ^ ^ \L* ^ ^ dL» iXr ^ ^ \J^ ^ \X«* \L* dL» ^ %X* \L» iJL- ^ ^ *il/ \L* ^ \J^ ^ vL» ^ ^ iL* vL> %JL« ^ vL 1 sjb* >1/ yL- >JL* *JLy *1/ il> <J> ^ db> vL- ^ \X» vLr ^L> vL> iX- U> dU 

^ ^ ■'?'■ *^r 'T' ^ ^ *t' nr nr * * ^ ^ ^ ^ nr ^ ^ ^ ^ ^ ^r ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ <^p ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ np ^ ^ ^ ^p ^ 

SUBROUTINE MOLAV ( AMOL , AVM , XL , N ) 

DIMENSION AMOL( 25 ) , XL( 25 ) 

AVM=0 . 

DO 10 1 = 1 , N 
AVM=AVM+XL(I >*AMOL(I ) 

10 CONTINUE 
RETURN 
END 

f ^ >|^ IJU vb \^t ^ iJLr ^ ^ vLf \Xr ^ ^ Uy dU dL > Ob' sj^ ^ ^ ^ \f> \1^ ^ ^ ^ \X/ ^ ^ u_/ yl> yL» ^ vb ^ ^ vb d/ dd ^ vb vL/ ^ ^ Jb vl/ «JL.» v>> Ob *. b Ub <Jb db <b 

\/ ■'r ^ ^r 1 ^ v ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ nr ^ ^ ^ ^ ^ ^ ^ <^p> ^ ^ ^ ^ ^ ^ ^ ^ ^ /p yp ^ ^ ^ ^ yp ^ /p /p <p «3p ^ ^ «np» 

SUBROUTINE MFRAC (same as in Appendix C) 

/"^ \b Sb ^ \b ^ ^ ^ ^ ^ ^ ^ ^ dL> U> ^ ^ vb ^ %1/ ^ Uy sb db dy >b ^ \b ^ db >b >b «X^ sb >b db >b >J^ dy \b Ob >b vb «b d/ <b >b \b vL/ d* >b >b db ^b >b >b ^ ib dy d* dy ^ ^ vb db \b db 
\^y ^ ^ ^ ^ ^ ^ nr ^ ^ ^ *^ 1 * ^p ^ ^ 'T' nr * ^ ^ ^ ^ ^p ^ <^y ^p» ^ ^ ^ ^ ^ ^ «p »p ^ *^» ^ ^ ^ ^ ^ ^ /p ^ ^ vp 4p ^ ^ ^ /p, ^ ^ ^ yp ^ 

^ ^ ^ >^y ^ ^ ^ ^ ^ ^r ^ ^ ^ ^ ^ ^ ^ >^> ^ ^ ^ ^ ^ ^ ^ ^ ^ ^ s|/ v^ / \^r \|y \^/ ^ \^/ ^ ^ ^ ^ v^/ vj* ^ ^ ^ ^1 v ^/ <^r %^ » ^ ^j j ^» ^ ^ ^ ^ \^> ^ 

SUBROUTINE MIXHY (same as in Appendix C) 

SUBROUTINE INTRCT (same as in Appendix C) 

^ ^ ^ ^ ^ \^ / ^ v^/ N^/ y^y s^y ^y y^ y ^y y^y y ^y ^y y^ ^y ^y y^y ^y y^ y^ y y^y ^ y^y y^y y^y y^y ^y y^> \^y y^y ^y ^|y y^y y^y v^v ^/ y^ y y^y y^ y^y ^ y^ y y^y -^y y^ y ^ ^ y^ y y^ y ^ y^y y^ » <^y y^y y^ y^| y ^y ^ 

^*1 y^y y|y y^y y^y y^ y y^ y y^y y^y y^y y ^y ^ y^y y^ / y^y y^y y^y v^/ y^y v^ y^y v^ / < ^y y^ y ^ \^ y ^ y|y t^jy y^y ^y \^/ y^y ^y y^y ^y ^y ^/ ^y y ^y y ^ y^y ^y V^/ y^ y \ ^y S^/ y^y y ^y y^y y^y ^y ^ «^y ^|y ^|y y ^y ^ V^ y ^ >^ y ^ ^y 

C THIS FUNCTION SUBPROGRAM ESTIMATES THE RATE CONSTANT FOR THE 

C DESULFURISATION FUNCTION AS A FUNCTION OF TEMPERATURE 

y^y y^y y^y y^y }|^ ^y ^ ^y i^y ^y ^ \^> v^j ^y ^y y^y ^y ^y ^y v^y v^y y^y ^y ^y v^ v v^y v^y ^y ^y ^ v^> y^y ^y ^y ^y ^y ^y \^y ^y \^y ^y \^y ^y <^y ^ ^y ^y ^S^y i^C 

FUNCTION RATCON(T) 

RATC0N=9 . 8E+09*EXP( -15500 . /T ) 

C RATCON=6.5E+09*EXP( -15500. /T ) 

RETURN 

END 


C*****************^************************************************* 
C THIS FUNCTION ESTIMATES THE RATE CONSTANT FOR THE CRACKING 

C REACTION . 

C******************************************************************** 

FUNCTION RATCR(T) 

RATCR=4 . E+05*EXP ( - 134 16 . /T ) 

RETURN 

END 

C******************************************************************** 
FUNCTION CP (same as in Appendix C) 
C******************************************************************** 



